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Abstract
Heterogeneously-catalysed hydrogenations represent key reactions
for many industrial processes. In particular, selective hydrogenations
of alkynes lie at the heart of pharmaceutical and fine chemicals
industry for production of vitamins.
These reactions are usually carried out in batch processes in the
presence of supported palladium-based catalysts modified with the
addition of lead. The presence of this toxic element strongly limits the
sustainability of these processes. Furthermore, the need of energy
savings led, in the past decade, to a growing interest in new technologies for Process Intensification. For the aforementioned reasons, new
reactor solutions need to be further investigated in order to reduce the
energy consumption and to establish safe and environment-friendly
process solutions.
This thesis contributes to the application and characterization
of structured reactors for three-phase solvent-free continuous hydrogenation of alkynes. The proposed reactors consist of metal porous
structures, with regular geometries, coated with a zinc oxide/alumina
layer and impregnated with palladium nanoparticles.
The performance of this structured catalyst, in terms of reaction
selectivity and activity, is found to be higher than that of Lindlar
catalyst. This consideration, associated with the stringent environmental regulations regarding the industrial use of lead, makes this
material a valuable alternative to the commercial catalysts.
Mathematical models are initially developed using a stirred slurry
reactor with the aim of predicting the experimental behaviour of the
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investigated reacting systems in the typical operating ranges of
industrial processes.
The knowledge acquired during these preliminary studies is transferred to the porous structured reactor operated firstly with recirculation of the process liquid and then in fully continuous mode.
The kinetic and adsorption parameters governing the process are
estimated in the kinetic regime by means of a numerical optimization
procedure. The extension of the model to the mass transfer limited
regime allows the estimation of an overall mass transfer coefficient
under reacting conditions.
The mathematical model is successfully validated, to confirm its
reliability, using the results of additional experimental runs not
included in the pool used during the optimization procedure. In this
case the model is used to predict the experimental results without any
further adjustment of the estimated parameters.
This work enriches the understanding of three-phase selective
hydrogenation of alkynes in designed structured reactors and proposes a mathematical model able to predict the performance of the
experimental setup.
The model is developed in a step-by-step process and can be used
to simulate the intrinsic kinetics and the mass transfer phenomena of
this class of reactions in designed structured reactors. These novel
reactor concepts are applied for the first time in continuous operation
showing potential for Process Intensification.
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Riassunto
Le reazioni di idrogenazione catalitica degli alchini in fase eterogenea rivestono notevole importanza nell’industria chimica e farmaceutica soprattutto per la produzione di vitamine.
Queste reazioni sono tradizionalmente condotte attraverso processi
discontinui in presenza di catalizzatori al palladio avvelenati con
piombo. La tossicità di quest’ultimo elemento limita notevolmente la
sostenibilità ambientale di tali processi. L’esigenza di risparmio
energetico ha portato negli ultimi anni ad un crescente interesse verso
innovazioni tecnologiche per l’intensificazione di processo. Nuove
soluzioni reattoristiche potrebbero contribuire in futuro a ridurre i
consumi energetici attenuando gli impatti ambientali di tali processi.
Il presente lavoro di tesi contribuisce all’applicazione e alla caratterizzazione di reattori strutturati per l’idrogenazione trifase di
alchini in modalità continua e in assenza di solvente.
Il reattore proposto consiste in una strutture metallica porosa con
geometria regolare rivestita di uno strato di ossido di zinco ed allumina. Nanoparticelle di palladio sono depositate sulla superficie
esterna del catalizzatore. Il suddetto catalizzatore strutturato, privo
di piombo, offre prestazioni migliori del classico “catalizzatore di
Lindlar” in termini di selettività ed attività e risulta, per questo
motivo, una valida alternativa ai catalizzatori commerciali.
L’utilizzo di un reattore discontinuo agitato ha consentito lo sviluppo di modelli matematici capaci di predire il comportamento
sperimentale dei sistemi reattivi in oggetto al variare delle condizioni
operative negli intervalli tipici dei processi industriali.
Le informazioni acquisite durante questi studi preliminari sono
state successivamente estese all’utilizzo di reattori strutturati operati
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inizialmente con riciclo del fluido di processo e, successivamente, in
modalità continua.
I parametri cinetici tipici delle reazioni di idrogenazione in oggetto
sono stati stimati attraverso un’opportuna procedura di ottimizzazione numerica utilizzando i risultati sperimentali ottenuti in regime
cinetico. L’estensione del modello matematico al regime diffusivo ha
consentito la stima di un coefficiente globale di trasporto di materia.
Per confermarne l’affidabilità, il modello matematico è stato opportunamente validato utilizzando i risultati di ulteriori prove sperimentali non impiegati nella precedente fase di ottimizzazione.
Durante questa fase di validazione il modello matematico è stato
utilizzato per predire i risultati sperimentali senza alcuna modifica dei
parametri cinetici precedentemente stimati.
Il presente lavoro contribuisce alla comprensione dei processi selettivi di idrogenazione trifase degli alchini proponendo un modello
matematico utilizzabile per prevedere i risultati dell’apparato sperimentale. Il modello proposto appare in grado di simulare sia le cinetiche intrinseche di questa classe di reazioni, sia i fenomeni di
trasporto in reattori strutturati.
Il reattore strutturato in oggetto è stato applicato per la prima
volta per condurre reazioni di idrogenazione in modalità continua
mostrando il suo potenziale per l’intensificazione di processo.
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1 Introduction
1.1 Hydrogenation in vitamin production
Selective hydrogenation of alkynes belongs to the most widely
studied industrial catalytic processes. The interest for these reactions
is justified by their large application in chemical manufactures.
Nowadays, more than 10 % of all chemical steps in the synthesis of
pharmaceuticals and fine chemicals are catalytic hydrogenations
[1][2].
In petrochemical industry, hydrogenations are useful methods to
upgrade the quality of the streams from steam reforming and catalytic cracking for production of low-price and large-volume bulk
chemicals [3]. Unlike these products, fine chemicals are functionalized
high-purity substances produced in small quantities and sold for their
high quality rather than for their performance [4].
An important application of selective hydrogenations in pharmaceutical industry is in the production of vitamins [5][6]. Vitamins are
necessary for human and animal organisms to perform a large variety
of life-giving functions. Nevertheless, they are synthetized only in
insufficient amounts in the body [7].
Most vitamins are typically considered fine chemicals with production volumes of about 103 – 104 tons per year [8]. Some vitamins
can even be considered belonging to the class of bulk chemicals.
With production quantities exceeding 3·104 tons per year
worldwide, α-tocopherol represents the component with the highest
vitamin E activity. Of this quantity, the predominant amount is used
for animal feeding and about a quarter goes to human applications
[9]. One of the possible schemes of the synthesis of α-tocopherol,
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widely applied in industry, is depicted in Figure 1.1, involving multiple semi-hydrogenations.
The production of isophytol, usually representing the side chain
building block of α-tocopherol involves a series of C2 and C3 chain
extension steps starting from 2-methyl-3-butyn-2-ol. This is in turn
synthetized from acetone, acetylene and hydrogen [5][6]. The C2 chain
extensions can be carried out by ethynylation followed by
semi-hydrogenation, or by adding the vinyl-Grignard reagent [5]. The
C3 extension is preferably obtained by Carroll [10] or Saucy-Marbet
[11] reactions. The final product (α-tocopherol) is consequently
produced by condensation reaction of trimethylhydroquinone
(TMHQ) and isophytol.
The semi-hydrogenations of 2-methyl-3-butyn-2-ol and dehydroisophytol are two of the main steps in this reaction network. Both
hydrogenations are “selective”. Aim of these processes is to prevent
the further conversion of the semi-hydrogenated product to the
corresponding alkane by maximizing the selectivity to the alkene. A
general scheme of a selective alkyne hydrogenation is shown in Figure
1.2.

Figure 1.1: Simplified reaction network of the synthesis of α-tocopherol.
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Figure 1.2: General scheme of alkyne hydrogenations.

The intrinsic reaction rate of an alkene hydrogenation is usually
faster than the respective one of the corresponding alkyne [12].
Therefore, the high selectivity to the olefinic product can be mainly
explained by the thermodynamic of alkyne hydrogenations. A
“thermodynamic selectivity” can be defined as the ability of the
catalyst to preferentially adsorb the alkyne even in presence of the
alkene. If a catalyst exhibits a high thermodynamic selectivity, the
adsorption of the alkene on the active surface is hindered. Additionally, the produced alkene, adsorbed on the surface, is replaced by the
alkyne during the course of the reaction.

1.2 Catalysts
The absolute majority of hydrogenation processes are conducted
using heterogeneous catalysts [13]. Heterogeneous catalysts for hydrogenations are typically supported, namely based on two solid
phases: an inert phase, generally in the form of fine particles and an
active phase constituted by noble metals or alloys. The active metal is
generally deposited on the support in the form of nanoparticles
(diameter in the range 1 – 10 nm)[2]. In case of porous materials used
as support, the metal penetrates the micropores increasing the specific surface area of the catalyst. The most important properties
required for a heterogeneous catalyst for alkyne hydrogenations are
high activity and selectivity, high filtration rate and recycle capability. Activity and selectivity are directly dependent on the choice of the
metal. This can strongly influence adsorption/desorption strength of

4

1 Introduction

reactants and products as well as the intrinsic rate of the chemical
transformation [2].
One of the most commonly used catalysts for this class of reactions is the Lindlar catalyst, a 5 wt % Pd/CaCO3 powder, modified
by the addition of lead to improve alkene selectivity [14][15].
However, the use of the toxic lead as modifier has encouraged the
search for more environmental friendly materials in accordance to the
principles of Green Chemistry [16].
Lindlar catalyst can be directly used for hydrogenation or further
modified by nitrogen-based organic compounds (process modifiers)
for selectivity enhancement. The higher selectivity is in this case due
to a reduced rate of alkene hydrogenation, while semi-hydrogenation
of the triple bond is largely unaffected [17]. However, the incorporation of these compounds requires further process steps, such as
separation, resulting in additional costs.
Alternative approaches to enhance the hydrogenation selectivity
are mostly directed on catalyst modification. It is reported, for
example, that the catalyst support can interact with the active phase
affecting the catalyst performance [18].
ZnO, in particular, is considered a good alternative to CaCO3 because zinc is known to act as a promoter in the Pd-based catalysts.
The electron donating effect of zinc results in a higher electron
density of palladium. The selectivity of the process is enhanced, as a
consequence, due to the reduced alkene adsorption.

1.3 Process intensification
The price pressure on vitamins and intermediate products for fine
chemical production has significantly increased in recent years.
Therefore, pharmaceutical and fine chemical companies have directed
their R&D towards the necessity of improving energy and material
efficiency, avoiding the use of toxic reagents, improving catalysts
performances and achieving sustainable processes [19]. These goals
can be summarized under the term “Process Intensification”, defined
as the strategy for making reductions in the size of a chemical plant

1.3 Process intensification

5

reaching a certain production objective [20]. These size reductions can
be intended as shrinking the size of individual equipment or reducing
the number of unit operations required in a process.
The original definition of Process Intensification was extended by
Stankiewics and Moulijn and referred to any engineering development
leading to a substantially smaller, cleaner and more energy efficient
technology [21].
One of the major topics in the field of Process Intensification is
the switch from batch to continuous processes. This has a great
relevance in the vitamin industry, where conventional manufacturing
is generally accomplished using batch processing [22][23]. Discontinuous operations afford an intrinsic flexibility: batch reactors can be
operated over relatively short periods of time, repeatedly, making
them convenient for manufacturing a wide variety of products.
However, despite these advantages, they are highly inefficient
leading to long cycle times, energy waste and significant catalyst
handling issues [24]. For the specific case of hydrogenations, developing safe batch processes is also challenging since these reactions are
generally highly exothermic. A commonly recognized problem is the
inability of batch reactors to efficiently remove the heat produced
during the reaction. This can result, in the worst case, in reactions
running out of control leading to elevated temperatures [25].
Continuous processing, on the other hand, offers several advantages such as:
•
•
•
•

elimination of dead times and intermediate storages
straightforward scale-up
high throughput
intrinsic safety due to the small reacting volumes

This contribution focuses on the use of designed structured reactors for alkyne hydrogenation. These devices, combining static mixing
elements and catalyst carrier functions, consist on metal porous
structures coated with a catalytic layer [26][27][28].
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Catalytic conversion and catalyst separation are conventionally
carried out in separate pieces of equipment. The structured reactors
combine these functions in single units offering an elegant form of
Process Intensification [29][30].
In contrast to conventional packed-bed reactors, structured reactors are characterized by large void fractions allowing chemical
processes to be conducted with high flowrates and low pressure drops
[30]. Random packed-bed reactors, on the other hand, can cause
maldistribution of reactants and products due to channeling effects,
which in turns leads to non-uniform flow and concentration profiles
and, in case of exothermic reactions, to the formation of hot spots
[27][28]. The unavoidable heat accumulation due to the poor heat
transfer properties can dramatically affect the selectivity of the
process.
A similar analysis holds for slurry reactors. The mixing intensity in
a mechanically stirred-tank reactor is highly non-uniform and only a
relatively small annulus around the tip of the stirrer can often be
considered as an effective reaction space [29].

1.4 Objectives and outline
The work presented in this thesis focuses on the characterization of
kinetics and mass transfer phenomena of selective hydrogenation of
alkynes in structured reactors. Core of the work is the application of
a designed structured reactor in the hydrogenation of
2-methyl-3-butyn-2-ol in flow in prospect of Process Intensification.
This thesis is structured as follows:
Chapter 2 and 3 focus on the hydrogenations of
2-methyl-3-butyn-2-ol and of dehydroisophytol, two of the main
hydrogenation steps for the industrial production of vitamin E. These
hydrogenations, chosen as model reactions, are studied in a slurry
stirred reactor over a commercial Lindlar catalyst.
The main goal of these chapters is the development of general kinetic models able to predict the kinetic behaviour of these reacting
systems in the typical operating ranges of industrial reactors. Despite
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their extensive use in the fine chemical industry, a detailed kinetic
characterization of these processes over a wide range of operating
conditions has not been proposed in literature.
Chapter 4 presents the chemical characterization of a lead-free
non-traditional catalyst based on Pd deposited on a metal support
coated with a layer of ZnO/Al2O3. The performance of this catalyst in
terms of selectivity is compared with Lindlar catalyst under the same
operating conditions.
The metal support makes this catalyst suitable for its direct application in a structured reactor in prospect of Process Intensification.
Chapter 5 presents a novel concept of structured reactor consisting
in a metal porous structure with regular geometry internally coated
with the previously introduced Pd/ZnO/Al2O3 catalyst. The reactor
is chemically characterized and tested in the hydrogenation of
2-methyl-3-butyn-2-ol with recirculation of the process liquid and
continuous supply of hydrogen (semi-batch operation).
The observed hydrogenation rate is found strongly dependent on
the hydrogen flowrate. The mathematical model, previously developed in Chapter 2, is applied to the kinetic regime in order to estimate the kinetic and adsorption parameters governing the process.
The extension of the model to the mass transfer limited regime allows
the estimation of an overall mass transfer coefficient Kov under reacting conditions.
The structured reactor operated in semi-batch mode can be considered a promising device to combine catalyst separation and chemical conversion in a single piece of equipment.
Chapter 6 presents the operation of the structured reactor in a
continuous plant for the hydrogenation of 2-methyl-3-butyn-2-ol. The
reaction appears to be mass transfer limited with estimated Kov lower
than 1.2 s-1. A predictive correlation is proposed in order to estimate
Kov for varying operating temperatures, pressures, gas and liquid
flowrates.
Overall, a detailed mathematical model is developed and validated
in order to simulate both intrinsic kinetics and mass transfer phenomena of the continuous hydrogenation of 2-methyl-3-butyn-2-ol in
designed structured reactors. These devices are found to be a viable
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alternative to transform batch processes with considerable industrial
relevance into sustainable and more efficient continuous processes.
Final aim of the thesis is to propose a practical tool that can be
used to design a pilot plant for the continuous hydrogenation of
2-methyl-3-butyn-2-ol in flow over a lead-free catalyst. The mathematical model allows to predict conversion, selectivity and reaction
rate of the reacting system and, therefore, it can be used to optimize
the operating conditions of the process.
Each chapter of this thesis is written based on one or more separate publications and can be read independently.
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2 Kinetic modelling of the
hydrogenation of
2-methyl-3-butyn-2-ol
2.1 Introduction
The selective semi-hydrogenation of 2-methyl-3-butyn-2-ol (MBY)
is a key reaction in fine chemicals production [19]. It is a classic
example of a catalytic three-phase process following a consecutive
reaction network. The selectivity of this reaction system concerns the
possibility of hydrogenating MBY to 2-methyl-3-buten-2-ol (MBE)
while preventing a further hydrogenation to 2-methyl-2-butanol
(MBA).
The partially hydrogenated product MBE has a great importance
in the industrial synthesis of vitamins A and E and is also a key
intermediate in the manufacture of aroma compounds [31]. The
reaction network assumed for the hydrogenation of MBY is depicted
in Figure 2.1.
Due to its industrial relevance, the hydrogenation of MBY has been
investigated over the past years by several researchers [32][33][34].
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Figure 2.1: Reaction network of MBY hydrogenation.

Bruehwiler et al. [33] studied the kinetic of hydrogenation of MBY
over a modified 5 wt % Pd/CaCO3 catalyst at 333 K and 2.8 bar,
proposing rate equations based on the Langmuir-Hinshelwood type
rate mechanism with competitive adsorption of the reactants/products on the catalyst surface. The aforementioned model
assumes a first order of reaction with respect to hydrogen and is
simplified by the use of estimated apparent kinetic parameters,
lumping together kinetic and adsorption constants, and hydrogen
concentrations.
The same mechanism was used by Crespo-Quesada et al. [32] to
describe the hydrogenation of MBY over a Pd/ZnO structured catalyst. In that work, an estimate of the activation energy is proposed,
for the main hydrogenation (MBY to MBE), according to a simplification of the reaction rate expression in a power law rate.
A different mechanism was developed by Rebrov et al. [34] to describe the kinetic of MBY hydrogenation over Pd-based catalysts at
333 K and 5.0 bar. The proposed reaction rate equations suggest that
hydrogen reacts with the liquid phase directly from the gas phase,
without adsorption on the catalyst surface, resulting in a typical
Eley-Rideal approach.
Despite its extensive use, a detailed characterization of the kinetic
parameters governing the hydrogenation process of MBY has not
been proposed in literature. Thus, all the preceding results are related
to specific temperatures and pressures and have not been proven to
predict the evolution of the system over a wide range of operating
conditions.

2.2 Experimental
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In this chapter a general kinetic model is developed and validated
in order to simulate the system behaviour under varying temperatures
(313 – 353 K), pressures (3.0 – 10.0 bar) and catalyst loadings (0.075
– 0.175 wt %). The experimental runs were designed in order to
investigate the typical operating ranges of industrial reactors.
A kinetic model based on the non-competitive adsorption between
hydrogen and organics has been successfully applied for the first time
to the hydrogenation of MBY. The final purpose was to provide
reliable kinetic expressions and a detailed set of adsorption and
kinetic parameters (activation energies, enthalpies of adsorption and
pre-exponential factors) for each of the reactions involved in the
process. The proposed model, reliably validated, is able to predict the
kinetic behaviour of the system knowing its temperature, its pressure
and the loaded amount of catalyst.

2.2 Experimental
2.2.1 Materials
MBY (> 98 %) was supplied by DSM Nutritional Products. MBE
(≥ 98 %) and MBA (≥ 99 %) for analytical purposes were purchased
from Sigma-Aldrich. The physical properties of MBY are listed in
Table 2.1.
Hydrogen (99.995 %) and nitrogen (99.995 %), for inertization
purposes, were supplied by Pangas.
The hydrogenation experiments were conducted using a commercial Lindlar catalyst (5 wt % Pd/CaCO3 modified with Pb) purchased
from Sigma-Aldrich. All the reagents and the catalyst were used as
received. A fresh sample of catalyst was used for each hydrogenation
experiment. Some of the physical characteristics of the catalyst are
listed in Table 2.2. An SEM microphotograph of a catalyst particle is
shown in Figure 2.2. The external surface of CaCO3 support appears
to be decorated by large metal clusters (size up to ~1 µm) containing
Pd and Pb according to EDX analysis. The metal loadings of Pd and
Pb are listed in Table 2.2.
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Table 2.1: Physical properties of MBY.
T
[K]
313
333
343
353

Density, ρL
[kg m-3]
843
821
809
798

Viscosity, 103µL
[Pa s]
1.79
1.04
0.82
0.66

Vapor pressure, p0
[bar]
0.05
0.16
0.25
0.39

Table 2.2: Lindlar catalyst characteristics.
Property

Cumulative particles
size distribution
[µm]

d50
[µm]
BET surface area
[m2 g-1]
Density, ρS
[kg m-3]
Pd loading
[wt %]
Pb loading
[wt %]

Value
< 60 for 100%
< 43 for 83 %
< 36 for 72 %
< 22 for 50 %
< 9 for 30 %
< 4 for 18 %
< 1 for 6 %
22
1.2
2710 [35]
5.0
1.2

2.2 Experimental
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10 µm

(a)

1 µm

(b)

Figure 2.2: (a) SEM microphotograph of a Lindlar catalyst particle.
Detector: SE2, voltage 2 kV. (b) Magnified image of the selected area (red
box) in (a) Detector: in-lens, voltage: 12 kV.
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2.2.2 Setup and procedure
All the experiments were performed charging 200 g of the initial
mixture in a 400 mL batch autoclave (Premex Reactor AG, Lengnau,
Switzerland) made of titanium with an inner diameter of 65 mm and
a height of 118 mm. The reactor was equipped with a system of four
equidistant baffles with a width of 12 mm and a thickness of 2.5 mm.
A 4-blade gas-entrainment stirrer of diameter dI = 38 mm and width
wI = 12 mm allowed the gas in the head space to be dispersed into the
liquid.
The rotational speed of the impeller was controlled by means of an
electronic frequency controller. The reactor was equipped with an
electrical heating jacket. Isothermal conditions during experiments
were ensured by a water cooling control system. The temperature of
the liquid phase was measured with a thermocouple immersed in the
reaction mixture, controlled, and maintained constant within ± 0.2 K
during the experiments using a water cooling control system.
Before heating, the headspace of the reactor was flushed three
times with nitrogen to ensure an inert atmosphere and remove any
dissolved oxygen. In the typical experiment for the kinetic study, the
reactor was heated to the operating temperature under atmospheric
nitrogen pressure and low stirring (3 Hz). The system was then
flushed with pure hydrogen and pressurized to the required level.
During the reaction the pressure was maintained constant by supplying hydrogen from an external cylinder (all the pressure values mentioned in this work are given as absolute). The reactor was equipped
with digital pressure transducer with a precision of ± 0.1 bar.
The reaction time was initialized to zero as soon as the liquid
phase with suspended catalyst came in contact with hydrogen and the
stirrer was switched on at its maximum rate (20 Hz).
Hydrogenation experiments were carried out in a temperature
range of 333 – 353 K and in a pressure range of 3.0 – 10.0 bar.

2.2.3 Analysis
Liquid samples were withdrawn at defined intervals of time
through a valve connected to the reactor and analysed using a Bruker

2.3 Results and discussion
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GC-450 gas-chromatograph with a flame ionization detector (FID).
The GC was equipped with a VF-Wax ms separation column (25 m ×
0.25 mm, coating thickness 0.25 µm). Injector and flame ionization
detector temperatures were 523 K and 493 K respectively. The oven
temperature was increased at 20 K min-1 from 353 to 473 K.
For each analysis a sample of approximately 1.5 mL of liquid was
subtracted so that the total uptake for each experiment never exceeded 10 % of the initial liquid volume. No significant differences
were observed between test experiments conducted by sampling 10
and 5 % of the initial liquid quantity. Hence, the liquid-to-catalyst
ratio was considered to remain constant during the sampling.
The densities of the reacting solutions during the experimental
runs were assumed constant and equal to that of MBY. The average
molecular weight of the dimers formed during the hydrogenation of
MBY was assumed to be 160 g mol-1 [32]. The concentration of dimers
was indirectly estimated from the C-moles loss during the process.
Hydrogenation tests under two different sets of experimental conditions were repeated three times to ensure their reproducibility.
The results, in terms of concentration of the species, were found to
be reproducible within 7 %.

2.3 Results and discussion
2.3.1 Mass transport resistances
Mass transfer is a critical process affecting the apparent reaction
rate of a three-phase hydrogenation. Figure 2.3 shows a schematic of
the concentration profile of hydrogen in a multiphase catalytic reactor. Hydrogen diffuses from the gas phase through the liquid phase in
order to reach the catalyst active sites and react. In a general case the
hydrogen mass transfer process can be described by the following
steps:
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(i)

Transfer of hydrogen from the gas phase bulk to the
gas-side film.
Transfer of hydrogen from the gas-side film to the
gas-liquid interface.
Transfer of hydrogen from the gas-liquid interface to the
liquid-side film.
Diffusion of hydrogen through the liquid bulk to the liquid
film surrounding the surface of the catalyst.
Diffusion of hydrogen through the liquid film to the surface of the catalyst.
Diffusion of hydrogen inside the pores of the catalyst to
the active sites.

(ii)
(iii)
(iv)
(v)
(vi)

Steps (i) and (ii) can be neglected assuming that the gas phase is
constituted by pure hydrogen. Step (vi) is obviously relevant only in
case of porous catalysts. The products of reaction are assumed to
diffuse back from the surface of the catalyst to the liquid phase. At
high conversions, the liquid-solid mass transfer of the liquid reactant
may also influence the observed reaction rate.
Gas

Liquid

Solid

pH
*
H

C

pH= CH* H
CL

kS
L-S interface

G-L interface

kG kL

CS

Distance
Figure 2.3: Sketch showing the hydrogen concentration profile for mass
transfer in a gas-liquid system with reaction on the surface of a catalyst.
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2.3.2 Gas-Liquid mass transport
The volumetric gas-liquid (G-L) mass transfer coefficients kLa for
hydrogen in MBY were estimated in the absence of the catalyst, by
the gas absorption method [36][37].
The operating procedure consists of the following steps:
(i)
(ii)
(iii)

The liquid is degassed at low stirring at known hydrogen
pressure pH0 and the desired temperature T is reached.
The reactor is pressurized with the gas which is to be absorbed to the desired pressure pH1 without stirring.
Agitation is started (20 Hz) and the pressure decay is followed as function of time until the equilibrium pressure pH2
is reached.

The differential mass balance for hydrogen in the liquid phase
gives:
=

∙

∙

∗

−

(2.1)

Where nL indicates the moles of hydrogen dissolved in the liquid
phase.
The effect of pressure on the solubility can be described by Henry’s
law as:
∗

=

(2.2)

Henry’s constant H was assumed to be independent of the pressure
of the system [38]. Hydrogen partial pressure pH was obtained as
difference between the absolute pressure of the system and the vapour
pressure of MBY reported in Table 2.1.
A differential form of the ideal gas law is:
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=−

(2.3)

The integration of Eq. (2.1) between t = 0 (pH = pH1) and t (pH =

pH(t)) gives the following equation:
−
−

−
−

=

∙

(2.4)

More details about the derivation of this equation can be found in
the above-mentioned references [36][37].
The left hand side of Eq. (2.4) (β(t)) can be plotted versus t to
calculate kLa as slope of the line depicted in the exemplary Figure 2.4.
Some of the experiments were conducted under inert atmosphere
(N2) in the presence and absence of the catalyst since, as reported in
literature, kLa can be affected by the presence of solid particles
[36][39].
The values for kLa were assumed not to change with the concentration of MBY during the reaction due to the similar physical
properties between the species involved in the system.
Table 2.3 shows the obtained results; it is concluded that low
concentrations of catalyst do not affect kLa. On the other hand,
increasing the temperature considerably increases kLa values. At high
temperature the liquid viscosity and surface tension decrease, leading
to a decrease of the average bubble size and accordingly, to an increase of the specific G-L contact area a. Furthermore, the increase of
diffusivity at high temperatures implies a direct increase of the G-L
mass transfer coefficient kL.
It is usually accepted in literature that the pressure effect on kLa is
small or negligible [40][41]. For this reason kLa was considered in this
work independent of pressure in the investigated range between 3.0
and 10.0 bar.

2.3 Results and discussion
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Figure 2.4: (a) Exemplary pressure profile during the batch hydrogen
absorption in MBY. (b) Left hand side of Eq. (2.4) versus time referring to the rectangular box in (a).
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Table 2.3: G-L mass transfer coefficients for hydrogen and nitrogen in
MBY in the presence and absence of the catalyst.
Gas
H2
H2
H2
H2
N2
N2
N2
N2

T [K]
313
333
343
353
353
353
353
353

Catalyst loading [wt %]
0
0
0
0
0
0.075
0.125
0.175

kLa [s-1]
0.36
0.43
0.47
0.51
0.32
0.30
0.33
0.34

±
±
±
±
±
±
±
±

0.01
0.02
0.02
0.01
0.02
0.02
0.01
0.02

2.3.3 Liquid-Solid mass transport
To estimate the limitations set by external liquid-solid (L-S) mass
transfer, the Sherwood-Frössling correlation [33][42] was used:
ℎ = 2 + 0.4 %

with:

% =

ℎ =

., ∙

0
/

*,

∙

∙
-

)
/

/'

∙

∙2
2
(=
1 ∙-

,,
)

'
,,

(

/)

∙1

)

(2.5)

(2.6)
(2.7)
(2.8)

The subscript i is referred to the catalyst particle diameter dp,i,
according to the cumulative distribution function of particle sizes
presented in Table 2.2. The power number Np was assumed to be 5.5
for a 4-blade stirrer with wI/dI ≈ 0.3 [43]. All the properties of the
liquid phase were considered equal to those of pure MBY.
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The molecular diffusivity of hydrogen in the liquid phase DH was
estimated from the Wilke-Chang correlation for unassociated solvents, usually accurate to within 10 – 15 % [44].
- = 7.4 ∙ 106

0

78
2 ∙ .9

(2.9)

with the hydrogen molar volume VH equal to 14.3 cm3 mol-1[44].
Based on the particle size distribution of the catalyst powder, the
L-S mass transfer coefficients were calculated as follows:
* *

<

= :;

*,

*,

(2.10)

where qi is the volumetric fraction of catalyst particles with diameter
dp,i.
Assuming that the catalyst particles can be approximated as
spherical, the specific L-S interface area was estimated as:
*,

=

6 >* 1
,, > 1*

(2.11)

At high conversion, the observed reaction rate may also be influenced by L-S mass transfer of MBY. The L-S mass transfer coefficient
for MBY in the liquid phase was estimated considering a diffusivity of
1.47·10-9 m2 s-1 at the reference temperature Tref = 333 K [33]. The
Stokes-Einstein equation allowed to estimate the diffusivity of MBY
at other temperatures:
-?

2

= -? @

ABC D

2 @

ABC D

ABC

(2.12)

At the most severe reaction temperature of 353 K a L-S mass
transfer coefficient of 2.10 s-1 was calculated for MBY in the liquid
mixture.
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The calcium carbonate catalyst support is non-porous [45] and no
large aggregates of particles were detected by laser diffraction (maximum diameter 60 µm). For this reason, the catalyst effectiveness
factor was considered to be equal to one and the internal L-S mass
transfer neglected. The results in Table 2.3 and Table 2.4 show that
the calculated L-S mass transfer coefficients kSaS are substantially
higher than the correspondent G-L kLa. Therefore, the L-S mass
transfer resistance was neglected during this phase.

Table 2.4: Overview of the hydrogenation experiments on pure MBY
used for the calculation of the kinetic parameters with the corresponding estimated L-S mass transfer coefficients
Run
1
2
3
4
5
6
7
8
9
10
11
12
13
14

T [K]
333
353
333
333
333
313
333
333
353
353
313
353
333
353

p [bar]
9.0
9.0
9.0
9.0
7.0
9.0
10.0
4.0
10.0
3.0
7.0
9.0
6.0
9.0

Catalyst loading [wt %]
0.125
0.125
0.175
0.075
0.125
0.125
0.125
0.125
0.125
0.125
0.125
0.175
0.125
0.075

kSaS [s-1]
2.67
4.33
3.74
1.60
2.67
1.48
2.67
2.67
4.33
4.33
1.48
6.33
2.67
2.71
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2.3.4 Hydrogen solubility
The solubility of hydrogen in MBY was experimentally estimated
between 313 and 353 K using the physical absorption method introduced in Section 2.3.2.
The temperature dependence of Henry’s constant is shown in
Figure 2.5. The linear trend suggests to model the effect of temperature on H by an Arrhenius type equation following the approach
proposed by Fillion and Morsi [46]. Thus, hydrogen solubility in MBY
was theoretically expressed as:
∗

=

∙ %E F−

∆H

I

(2.13)

Estimated values for the pre-exponential factor and the apparent
activation energy of adsorption are H0 = 33.8 bar L mol-1 and ∆E =
-6.81 kJ mol-1. These results were obtained with linear regression of
the experimental data depicted in Figure 2.5 (r2 = 99.3 %).
At 333 K, Henry’s constant is estimated to be 396 bar L mol-1. This
value is close to those reported in literature at the same temperature
for similar systems: 357 bar L mol-1 for hydrogen in alkynes [47] or 440
bar L mol-1 for hydrogen in MBY [33].
Values ranging between 6.0·10-3 and 2.8·10-2 mol L-1 were obtained
for the hydrogen solubility in MBY over the ranges of investigated
temperatures and pressures.
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Figure 2.5: Effect of temperature on Henry’s constant of hydrogen in
MBY.

2.3.5 Kinetic model
The great importance of selective hydrogenation of alkynes has
addressed considerable efforts in developing mathematical models
able to predict and simulate the experimental results. Kinetic studies
are extremely important in the field of catalytic processes representing a bridge between theory and practice of catalysis [48].
Aim of a kinetic model is providing a mathematical description of
the hydrogenation process describing the behaviour of the system
under different operating conditions.
Kiperman highlights the difference between kinetic model and reaction mechanism [49]. The first is a quantitative description of the
rate of a process. The latter is the qualitative characterization of the
intrinsic characteristics of a reaction on a certain catalyst. Both
concepts are strongly related. Even if a mathematical model is always
built according to a specific reaction mechanism it is also true that

2.3 Results and discussion
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the results of a kinetic modelling can be decisive to elucidate the right
mechanism governing a process.
Mathematical models of catalytic reactions represent the basis for
designing industrial reactors and improving existing technologies.
Finding a mechanism able to represent what occurs in reality allows
to safely extrapolate the results obtainable under different operating
conditions.
In several cases elementary power laws can be used to fit catalytic
conversion data. More complex kinetic mechanisms can be postulated
by decomposing the hydrogenation process into different elementary
steps. In this case the reaction rates of alkyne hydrogenations are
usually expressed as:
J=

K % K( %J> JKLK M NOJ(%
POJ KO %J>

(2.14)

In general the reaction is supposed to take place on the active sites
of the surface of the catalyst. This contribution focuses on the most
used kinetic mechanism to describe the selective hydrogenation of
triple-bond: the Langmuir-Hinshelwood mechanism. This can be
characterized by competitive or non-competitive adsorption of hydrogen and alkyne and by dissociative or associative adsorption of
hydrogen.
The approach followed in this thesis is to propose a sequence of
elementary steps consistent with the stoichiometry of the reaction. A
rate expression is derived using the steady-state approximation
together with other assumptions (e.g. rate-determining step) and
compared to the experimental data. The sequence of elementary steps
is considered plausible if the functional dependence is described with
satisfactory approximation by the proposed rate expression.
The reaction network proposed for the hydrogenation of MBY is
summarized below:
8QR +

AS

→ 8QH

(2.15)
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8QH +

28QR + 2

AU

→ 8QV

AW

→ -K>%JP

(2.16)
(2.17)

Reaction r3 involves the formation of dimeric C10 products, as result of the reaction between two molecules of MBY adsorbed on the
catalyst surface and hydrogen.
According to various authors, the formation of the alkane takes
place not only in a consecutive way, but also in parallel by direct
hydrogenation of MBY to MBA [32][33][34]. However, in our experiments, only negligible amounts of MBA were detected before the
complete hydrogenation of MBY, resulting in a relatively high selectivity of the process to MBE. Therefore, in order to simplify the
network, it was decided to lay the consumption of MBY only at its
partial hydrogenation to MBE and at its dimerization. The same
approach was followed by Nikoshvili et al. [50].
Figure 2.6 shows the effect of hydrogen partial pressure on the initial hydrogenation rate of MBY in a range of 313 – 353 K. These
values were obtained from experiments carried out with pure MBY
and the same catalyst loading at different operating conditions. The
initial rate of MBY hydrogenation appears to vary linearly with
hydrogen partial pressure for the three investigated temperatures.
This analysis indicates that the rate of reaction is first-order with
respect to hydrogen in the investigated range of conditions.
One of the relevant catalytic mechanisms for the hydrogenation of
MBY over Pd was posed by Crespo-Quesada et al. [32], assuming
competitive adsorption of the reactants on one type of active site.
However, we adopted in this work the simplest Langmuir-Hinshelwood model for a catalysed reaction between large and
small molecules, namely non-competitive adsorption of hydrogen and
organics. This hypothesis, usually accepted in literature for both
hydrogenation of alkynes [51] and alkenes [52], is justified considering
that the studied solvent-free system was highly concentrated in
unsaturated organic species while the pressure range was limited from
3.0 to 10.0 bar. For these reasons, a high catalyst surface coverage is
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expected for MBY while the corresponding one for hydrogen, is lower
and not supposed to dramatically change over the pressure range.
Dissociative adsorption of hydrogen was assumed to occur on sites
represented by (*), different from those involved in the adsorption of
organic species, represented by (×).

MBY initial reaction rate [mol L-1 s-1]

8

x 10

7
6

-4

353 K
333 K
313 K

5
4
3
2
1
0
0

2

4
6
Hydrogen pressure [bar]

8

10

Figure 2.6: Effect of hydrogen pressure on the initial rate of MBY
hydrogenation. Catalyst loading: 0.125 wt %.

The elementary steps proposed to describe the complete hydrogenation mechanism of MBY are listed below. A similar mechanism
was assumed by Alves et al. [53] for the liquid-phase hydrogenation of
1-butyne over a Pd-based catalyst.
YZ

8QR + × ↔ 8QR ×
Y\

+2∗]
^ 2 ∗
Y_

8QR + 8QR × ]
^ 8QR
YS̀

8QR × + ∗ ↔

a

×+∗

(2.18)
×

(2.19)
(2.20)
(2.21)
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a

bS̀

× + ∗ → 8QH × + ∗
Yc

8QH + × ↔ 8QH ×

8QH × +

YÙ

∗ ↔ da × + ∗

bÙ

da × + ∗ → 8QV × + ∗
Ye

8QV +× ↔ 8QV ×

8QR

YẀ

× + ∗ ↔ fag × + ∗
YẀ`

fag × + ∗ ]
^ fagg × + ∗
YẀ``

fagg × + ∗ ]^ faggg × + ∗
bẀ

faggg × + ∗ → - × + ∗
Yh

-+×]
^-×

(2.22)
(2.23)

(2.24)
(2.25)
(2.26)

(2.27)
(2.28)
(2.29)
(2.30)
(2.31)

Steps (2.18), (2.19), (2.23), (2.26) and (2.31) describe the absorption/desorption of MBY, hydrogen and of the reaction products on
the catalyst surface. All the adsorption and desorption steps were
assumed to be fast enough to reach quasi-equilibria. The complex
(MBY)2 is originated from step (2.20) when two molecules of MBY
adsorb on one active site. The addition of 4 hydrogen atoms to this
complex (steps (2.27)-(2.30)) leads to the formation of a dimer.
It is accepted that the formation of MBE involves two consecutive
elementary steps by dissociative adsorption of hydrogen [32]. A first
hydrogen atom is added to the adsorbed molecule of MBY in the step
(2.21). The semi-hydrogenated radical Rx reacts with an additional
hydrogen atom in the step (2.22) to produce an adsorbed molecule of
MBE.
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The same H-addition steps are assumed to describe the over hydrogenation of MBE to MBA and the production of dimers.
The observed dependency of MBY hydrogenation rate on hydrogen pressure (Figure 2.6) suggests to consider the first hydrogen
addition quasi-equilibrated and the second non-reversible. The same
approach was followed for the production of dimers considering
reversible the first three hydrogen atom additions. Similar hypothesis
have been assumed in literature for the hydrogenation of dehydroisophytol [54], MBY [33], n-butene [52], 1-butyne [53], 1-hexyne
[55]. During the hydrogenation of carbon-carbon multiple bonds, the
last hydrogen addition is usually considered non-reversible because
the resulting molecule desorbs from the surface of the catalyst [56].
Under this assumption, the rate equation for the hydrogenation of
MBY to MBE can be expressed as:
J =

g

ijk l

(2.32)

The fractional surface coverages for the active sites (×) and (*)
(respectively ϑi and λi) can be obtained from the combination of the
two mass balances:
i? + im + in + io + i?U + i = 1
l +l = 1

(2.33)
(2.34)

with the expressions of the equilibrium constants of the reversible
reaction steps. The symbols ϑ0 and λ0 indicate the fractional surface
coverages of vacant sites. Low coverages for the intermediate species
Rx have been assumed in the mass balance for the catalyst active
sites.
Combining Eq. (2.33) and (2.34) with the expressions of the equilibrium constants, it results:
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ijk =

1 + p?

l =

? @1 +

7p

1 + 7p
p g p? ? 7p

pq

?D

+ pm

(2.35)
m

+ pn

n

+ po

o

(2.36)

The following expression of the reaction rate of MBY hydrogenation is finally deduced:
J =

1 + p?

? @1

+ pq

p?

?D

?

+ pm

m

+ pn

n

+ po

o

∙

p

1 + 7p

(2.37)

where k1 = k’1K’1 is the apparent kinetic constant of the hydrogenation of MBY to MBE.
The concentration of dimers detected during all the experiments
was substantially low compared to the concentrations of the other
species involved in the system. Furthermore, the adsorption constant
of MBA is small, due to the weak adsorption of the single bond on the
catalyst surface. For this reasons, the terms KDCD and KACA were
neglected in Eq. (2.37). The weak hydrogen adsorption on the Pd
surface [55] and the low hydrogen concentrations allow to neglect the
hydrogen inhibition contribution too. The hydrogen inhibition term
would become important only in case of high pressures leading to
higher values of hydrogen solubility, according to Eq. (2.13).
Under these assumptions, Eq. (2.37) can be simplified to:
J =

1 + p?

p?

?p

? @1 +
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?D

+ pm
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For the reaction rates of the hydrogenation of MBE to MBA and
of MBY to dimers, the following equations were similarly obtained:
J =
J) =

)
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(2.40)
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According to the reaction network, we derived the following set of
ordinary differential equations to express the mass balances of the
species involved in the process:
?

=

=

m

∗

=

rs

n

−

o

−J − 2J)

(2.41)

J

(2.43)
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(2.42)

(2.44)
(2.45)

The kinetic constants ki were assumed to obey an Arrhenius
temperature dependence:
=

∙ %E

−

H

(2.46)

The adsorption equilibrium constants Ki were expressed as function of temperature according to the Van’t Hoff equation:
p = p ∙ %E

−

∆

(2.47)

2.3.6 Results
The proposed mathematical model (Eq. (2.13), (2.38) to (2.47)) was
solved according to proper initial conditions. The experimental results
of the 14 runs listed in Table 2.4 were simultaneously used in a single
optimization procedure in order to estimate the equilibrium and the
kinetic constants (pre-exponential factors, activation energies and
enthalpies of adsorption) governing the process.
The objective function φ(Θ) to be minimized, was expressed as:
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and obtained as sum of the squares of the errors between the experimental (Cexp) and the calculated (Ccal) concentration data. In Eq.
(2.48) m is the number of experimental points recorded during each
run, n the number of detected species and q the number of the experiments involved in the optimization. The vector Θ contains the 14
parameters to be estimated. The weighting factors wj,k are defined as:
wx,b =

|

1
:
>
}

Ba,
,x,b

(2.49)

The analysis was conducted using 528 data points to estimate 14
parameters.
In Figure 2.7 – Figure 2.10 [57] the experimental (points) and the
calculated (lines) concentrations are shown for four exemplary runs
carried out over different combinations of pressure (7.0 – 10.0 bar),
temperature (313 – 353 K) and catalyst loading (0.175 and 0.125 wt
%).
The prediction accuracy of the model was evaluated in terms of
overall standard deviation calculated as:
F
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The proposed model appears to have a good capability to simulate
the behaviour of the system. The total percentage standard deviation
for the experiments in Figure 2.7 – Figure 2.10 range between 13.7 %
and 15.7 %). Similar results in terms of standard deviation were
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obtained for the data collected under the other studied operating
conditions (data not shown).
Figure 2.11, Figure 2.12 and Figure 2.13 [57] focus on the influence
of pressure, catalyst loading and temperature on MBY hydrogenation
rate. The obtained results show that the proposed model is able to
accurately describe the experimental trends observed when varying
the operating conditions in the investigated ranges.
It is interesting to note that the depicted results exhibit a slightly
acceleration of MBY hydrogenation rate during the reaction. This
observation confirms the negative order of hydrogenation with respect
to MBY obtained including step (2.20) in the kinetic mechanism. The
negative order of reaction with respect to MBY suggests that the
active sites of the catalyst remain occupied with MBY even at very
low concentrations. For this reason, the adsorption of MBE and the
consequent over-hydrogenation to MBA are inhibited.
The estimated parameters, result of the optimization procedure,
are shown in Table 2.5 with their 95 % confidence intervals. The
uncertainties associated with the estimates, remarkably low, show
that the parameters were calculated with a satisfactory precision.
Table 2.6 reports the most representative kinetic and adsorption
constants in the investigated interval of temperatures.
At 333 K, the adsorption equilibrium constant of MBY is found to
be 0.80 ± 0.08 L mol-1. This finding is in line with the value of 1.03 L
mol-1 reported by Bruehwiler et al. [33].
In all the range of investigated temperatures KY appears to be significantly higher compared to the adsorption equilibrium constant of
MBE KE (KY/KE ranging between 70 and 100) as reported in literature for Pd-based catalysts [58]. Meanwhile the apparent kinetic
constants of MBE hydrogenation k2 is higher than the correspondent
of MBY hydrogenation k1 (k2/k1 ranging between 1.1 and 1.9).
These results agree with the thermodynamic of alkyne hydrogenations. As long as the alkyne is still present in the reacting system, it
occupies the catalyst active sites displacing the alkene. The high
selectivity to the olefinic product is due to the stronger adsorption of
alkyne compared to alkene and not to the higher kinetic constant [12].
The value obtained for the activation energy of MBY hydrogenation
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E1 agrees satisfactory with the one reported by Crespo-Quesada et al.
[32] of 25.2 kJ mol-1 for Pd/ZnO structured catalyst. Furthermore, the
ratio E2/E1 is about 1.4 as proposed in literature for 1-hexyne hydrogenation over Pd-based catalyst [59]. The enthalpy of adsorption
of MBY and MBE range from -20 to -30 kJ mol-1, in fair agreement
with the data available in literature [32][52][59].
Table 2.5: Kinetic parameter estimates with 95 % confidence intervals.

k01 [mol(molPd s)-1]
k02 [mol(molPd s)-1]
k03 [mol(molPd s)-1]
K0Y [L mol-1]
K0E [L mol-1]
K0H [L mol-1]
K0φ [L mol-1]

(1.13 ± 0.1)·108
(8.80 ± 0.3)·109
(2.87 ± 0.2)·108
(3.87 ± 0.4)·10-5
(6.44 ± 0.3)·10-6
(1.83 ± 0.1)·10-2
(3.80 ± 0.2)·10-2

E1 [kJ mol-1]
E2 [kJ mol-1]
E3 [kJ mol-1]
-∆HY [kJ mol-1]
-∆HE [kJ mol-1]
-∆HH[kJ mol-1]
-∆Hφ [kJ mol-1]

29.2 ± 1.4
40.2 ± 2.0
29.4 ± 1.5
27.5 ± 1.4
20.2 ± 1.0
4.7 ± 0.2
7.3 ± 0.4

Table 2.6: Exemplary kinetic and adsorption constants at various
temperatures.

k1 [mol(molPd s) ]
k2 [mol(molPd s)-1]
KY [L mol-1]
KE [L mol-1]
-1

313 K
1.50·103
1.71·103
1.51
1.52·10-2

333 K
2.95·103
4.32·103
8.01·10-1
9.53·10-3

353 K
5.37·103
9.84·103
4.56·10-1
6.30·10-3
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Figure 2.7: Experimental points and calculated kinetic curves. Conditions: 0.175 wt % of catalyst, 333 K, 9.0 bar, pure MBY as initial solution.
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Figure 2.8: Experimental points and calculated kinetic curves. Conditions: 0.125 wt % of catalyst, 353 K, 9.0 bar, pure MBY as initial solution.
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Figure 2.9: Experimental points and calculated kinetic curves. Conditions: 0.125 wt % of catalyst, 333 K, 10.0 bar, pure MBY as initial
solution.
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Figure 2.11: Influence of pressure on MBY hydrogenation rate: experimental points and calculated kinetic curves. Conditions: 0.125 wt % of
catalyst, 333 K, pure MBY as initial solution.
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Figure 2.13: Influence of temperature on MBY hydrogenation: experimental points and calculated kinetic curves. Conditions: 0.125 wt % of
catalyst, 9.0 bar, pure MBY as initial solution.

In order to validate the model and the estimated parameters, the
simulation work was extended to additional experiments not included
in the group used for the parametric optimization. It is worthy to note
that during this validation procedure, the estimated parameters were
only used to predict the experimental results without any additional
adjustment. A comparison between experimental and calculated
concentrations is shown in Figure 2.14 and Figure 2.15. Figure 2.14
shows the results obtained during an additional run conducted under
a new combination of operating conditions chosen within the investigated ranges (343 K, 7.0 bar and a catalyst loading of 0.150 wt %).
The total percentage standard deviation results to be 14.7 %.
In Figure 2.15 the results obtained with an initial solution of MBY
and MBA (approximately 80 wt % of MBY) are depicted. Similar
results were also obtained for an initial solution of MBY and MBE at
the same concentration. The good agreement between the experimental and the calculated concentrations (total percentage standard
deviation 9.3 %) shows that the model can successfully simulate the
behavior of the system even at lower initial concentrations of MBY.
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Figure 2.14: Comparison between experimental points and calculated
kinetic curves. Conditions: 0.150 wt %, 343 K, 7.0 bar, pure MBY as
initial solution.
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Figure 2.15: Comparison between experimental points and calculated
kinetic curves. Conditions: 0.125 wt %, 353 K, 7.0 bar, initial solution:
MBY 80 wt %, MBA 20 wt %.
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2.3.7 Conclusions
A general kinetic model was developed to predict the hydrogenation of MBY over a commercial Pd-based catalyst.
Volumetric G-L mass transfer coefficients kLa were estimated in
the absence of the catalyst, for different temperatures by gas absorption experiments. The L-S mass transfer coefficients kSaS were theoretically calculated with the Sherwood-Frössling correlation and
found to be significantly higher than the correspondent kLa. For this
reason the L-S mass transfer resistance was neglected. Hydrogen
solubility in MBY was expressed as function of temperature and
hydrogen pressure.
The intrinsic kinetics of the reactions involved in the network were
based on a Langmuir-Hinshelwood mechanism with non-competitive
adsorption of hydrogen and organics on the catalyst surface. The data
of 14 runs conducted on pure MBY under different experimental
conditions (temperatures 313 – 353 K, pressures 3.0 – 10.0 bar,
catalyst loadings 0.075 – 0.175 wt %) were used to estimate the
kinetic and the adsorption parameters governing the process. A good
capability of the model to describe the behavior of the reacting
system was observed for the full range of experimental conditions.
The model was validated using the best estimates of the parameters, without any further adjustment, to simulate the concentration
profiles of the species during additional experiments. The validation
procedure was also extended to experimental runs conducted at lower
initial concentrations of MBY.
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hydrogenation of dehydroisophytol
3.1 Introduction
A prominent step in the industrial production of α-tocopherol is
the selective hydrogenation of dehydroisophytol (3,7,11,15
-tetramethyl-1-hexadecyn-3-ol, DIP), as depicted in Figure 1.1. The
target product of this reaction is isophytol (IP), a C20 olefinic alcohol
that can be further hydrogenated to dihydroisophytol (HIP)[50][60].
This catalytic process is usually considered to follow a parallel-consecutive pathway as shown in Figure 3.1 [54][61].
The undesired reactions r2 and r3 affect the selectivity of the process to IP. In industry the hydrogenation of DIP is carried out in
absence of solvent using palladium supported on calcium carbonate
doped with a lead acetate solution (Lindlar catalyst). Typical operating ranges are 288 – 368 K and 1.2 – 8.0 bar [62].
Only a limited number of papers have been devoted in the past to
the hydrogenation of DIP. Some of these contributions [63][64] investigate the effect of the operating parameters on the kinetics of the
process over Pd-based catalysts without focusing on the mathematical modelling of the experimental results.
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In a more recent paper Yarulin et al. [54] dealt with the kinetics of
the hydrogenation of DIP in ethanol over unsupported Pd nanoparticles. The aforementioned study proposes a Langmuir-Hinshelwood
mechanism with competitive adsorption of hydrogen and organics on
the catalyst surface to model the experimental results collected over a
limited range of operating conditions. Despite its wide industrial use,
a detailed kinetic characterization of the solvent-free hydrogenation of
DIP has not been proposed in literature.
This chapter is devoted to developing and validating a general
kinetic model and a set of kinetic parameters able to simulate the
behaviour of the reacting system in the typical operating ranges of
industrial reactors. Different kinetic mechanisms are proposed and
tested to predict the concentration profiles result of a large number of
experimental runs. The kinetic study is extended to the analysis of
the process selectivity to IP under varying temperatures and pressures and after the addition of quinoline in different concentrations.

Figure 3.1: Reaction network of the hydrogenation of DIP.

3.2 Experimental
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3.2 Experimental
3.2.1 Materials
DIP (> 98 %) was supplied by DSM Nutritional Products. IP (95
%) for analytical purposes was purchased from abcr GmbH. Quinoline
(98 %) was purchased from Sigma-Aldrich.
The physical properties of DIP are listed in Table 3.1.
Hydrogen (99.995 %) and nitrogen (99.995 %), for inertization
purposes, were supplied by Pangas.
The hydrogenation experiments were conducted using the commercial Lindlar catalyst characterized in the previous chapter. A fresh
sample of catalyst was used for each hydrogenation experiment.

Table 3.1: Physical properties of DIP.
T
[K]
313
323
333
343
353

Density, ρL
[kg m-3]
840
831
821
812
803

Viscosity, 102µL
[Pa s]
3.31
1.79
1.08
0.71
0.49
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3.2.2 Setup, procedure and analysis
The experimental setup used during this study has been extensively described in Section 2.2.2. During each experiment 7 to 10
samples of liquid solution were withdrawn at defined intervals of time
from a sampling valve. The total liquid uptake never exceeded 10 % of
the initial liquid mass (200 g). This volume reduction was taken into
account during the analysis of the experimental data.
After dilution in ethyl acetate the samples of mixtures
DIP/IP/HIP were analyzed using a Bruker GC-450 gas chromatograph with flame ionization detector (FID). The gas chromatograph
was equipped with a VF-Wax ms separation column (25 m × 0.25
mm, coating thickness = 0.25 µm). The oven temperature was increased from 353 to 393 K at 20 K min-1 and then to 508 K at 15 K
min-1. The injector and flame ionization detector temperatures were
respectively 523 and 493 K.
The kinetic experiments starting from pure DIP were carried out
in the temperature range 313 – 353 K and the pressure range 5.0 – 9.0
bar. Repetition of the experimental runs under the same operating
conditions delivered results reproducible within 4 %.

3.3 Results and discussion
3.3.1 Hydrogen solubility
The solubility of hydrogen in DIP was experimentally estimated
using the gas absorption method described in the previous chapter.
The total pressure in the reactor was assumed equal to the hydrogen
pressure due to the low volatility of DIP and IP (vapor pressure = ~
7.0·10-5 at 373 K).
The parameters H0 = 2.5 bar L mol-1 and ∆E = –14.5 kJ mol-1 were
estimated for Eq. (2.13) by linear regression of the experimental data
depicted in Figure 3.2.
Hydrogen solubility was found to increase with temperature as
previously reported for MBY.

3.3 Results and discussion
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Figure 3.2: Effect of pressure and temperature on the hydrogen solubility in DIP.

3.3.2 Mass transport resistances
For the purpose of kinetic study of the hydrogenation of DIP, it is
necessary to characterize quantitatively the G-L and L-S mass
transport resistances.
The gas absorption method [36][37] allowed the experimental estimation of the G-L mass transfer coefficient in the absence of the
catalyst.
The theoretical calculation of the L-S mass transfer coefficient kSaS
was extensively described in the previous chapter. The catalyst
particles were approximated as spherical, according to the particle
size distribution by weight basis (see Table 2.2).
Due to the lack of literature data, the diffusivity of hydrogen in
DIP was assumed equal to the one of hydrogen in a C18 vegetable oil
with viscosity similar to DIP. This diffusivity was found to span
between 4.0·10-9 and 1.0·10-8 m2 s-1 in the range of temperature 313 –
353 K [46]. Additionally, the analysis of the L-S mass transfer resistances for DIP in the mixture IP/DIP was conducted for the most
severe reaction conditions (353 K and 9.0 bar) at 95 % of conversion.
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The Carberry numbers, defined as the ration between the observed
reaction rate and the maximum transport rate were calculated, as
follows, for hydrogen and DIP:

*
o/r

*

=

=

=

J

*

J

∙

*

∙

Jo/r
* o/r * ∙

∗

(3.1)
∗

o/r

(3.2)
(3.3)

This study was conducted using the initial reaction rate for hydrogen mass transfer and the DIP reaction rate at 95 % of conversion
for DIP mass transfer.
The mass transfer resistances were neglected at Carberry numbers
smaller than 0.1, following the criteria originally proposed by Ramachandran and Chaudari [65][66].
As observed during the study of the hydrogenation of MBY, the
L-S mass transfer coefficients kSaS were significantly higher than the
corresponding kLa values resulting in Carberry numbers lower than
0.012.
The Carberry numbers for G-L mass transfer are plotted in Figure
3.3 at varying temperatures and pressures. The reported values, lower
than 0.1 in the ranges of operating conditions, indicate negligible
external mass-transfer resistances. This claim was additionally supported by measuring the catalyst activity at varying stirring rates. No
effect on the initial reaction rate was observed above 16 Hz, which was
regarded as an evidence of the kinetic regime.
High temperatures were obviously found to enhance the mass
transfer effects due to the high observed reaction rates (Figure 3.3).
The absence of microporosity, confirmed by BET analysis, justifies
the lack of internal liquid-solid diffusion limitations.
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Figure 3.3: Effect of temperature and pressure on the G-L Carberry
number CaGL.

3.3.3 Isophytol hydrogenation
In order to simplify the estimation of the kinetic parameters a first
analysis was conducted on the subsystem consisting in the hydrogenation of IP to HIP. A simple power law kinetic expression was
found to simulate satisfactory the experimental results:
J =

∗

/r

(3.4)

The temperature dependence of the kinetic coefficient obeys an
Arrhenius-type equation as:
∗

=

∗

The two rate equations:

∙ %E

−

H

(3.5)
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were numerically integrated with the initial conditions:
x

=0 =

x

(3.8)

Three examples of calculated (continuous lines) and experimental
(symbols) concentration profiles are shown in Figure 3.4. These
experiments were conducted using, as initial solution, a mixture of IP
and HIP resulting from previous hydrogenation experiments with
DIP. IP (95 %) commercially available showed a lower reactivity that
could be ascribed to the not identified impurities.
The optimization procedure described in Section 2.3.6 was applied
in order to assess the values of the kinetic parameter k*02 = (1.1 ±
0.1)·108 L2(mol molPd s)-1 and E2 = 47.2 ± 2.3 kJ mol-1.

3.3.4 Dehydroisophytol hydrogenation
The hydrogenation network depicted in Figure 3.1 was used to
build the mathematical model describing the process. According to
the previous study on the hydrogenation of MBY, the consumption of
the alkynol during the process can be also attributed to the production of oligomers. However, the direct GC analysis conducted during
the present study did not reveal the presence of heavy molecules.
Figure 3.5 shows the results of the carbon mole balances for the 15
experiments conducted during the kinetic study. The increasing trend
of C-moles loss in the range of investigated temperatures indicates
that additional species are formed during the hydrogenation process.
These species are undoubtedly originated from DIP because the
signals tend to stabilize as soon as the alkyne in the reacting system is
fully consumed. As result, the loss of C-moles may be attributed to

3.3 Results and discussion
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the oligomerization of DIP. However, due to the low quantity of
oligomers indirectly estimated using the mole balances (C-loss < 1.0
%), it was decided to simplify the reaction network to the scheme
reported in Figure 3.1, excluding this additional reaction. The same
simplification was followed in literature during previous studies
dealing with the hydrogenation of DIP [54][61][67].
Kinetic data are in general insufficient to validate the mechanism
of a catalytic reaction. Nevertheless, a plausible reaction mechanism
has to be proposed in order to derive the kinetic expressions representing the experimental trends. Three different models were applied
to describe the hydrogenation of DIP to IP:
•
•
•

Model 1: Power-law
Model 2: Langmuir-Hinshelwood kinetics with

non-competitive adsorption of hydrogen and organics
Model 3: Langmuir-Hinshelwood kinetics with competitive
adsorption of hydrogen and organics

The mechanistic models 2 and 3 proposed for the hydrogenation of
DIP to IP are depicted in Table 3.2. Similar elementary steps (not
reported) were assumed for the other two reactions involved in the
network. The symbols (×) and (*) represent the active sites on the
catalyst surface. Different active sites for hydrogen and organics in
Model 2 describe the absence of competition between these molecules
to adsorb on the surface of the catalyst.
Table 3.2: Kinetic mechanisms proposed for the hydrogenation of
DIP to IP.
Yh‰Š
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Figure 3.4: Predicted (continuous lines) and experimental (symbols)
concentration profiles for the hydrogenation of IP at 7.0 bar, 353 K
(a), 343 K (b), 333 K (c), catalyst loading = 0.1 wt %. (○) IP, (□)
HIP.
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Figure 3.5: Carbon loss during the DIP hydrogenation experiments at
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Table 3.3: Kinetic expressions of the reaction rates proposed for the
hydrogenation of DIP.
Model
1
2
3
Model
1
2
3

-ˆd → ˆd
J =
o/r
po/r o/r p

J =

1 + po/r

J =

J) =

J) =

)

+ p/r /r @1 + 7p
po/r o/r p

o/r

@1 + po/r o/r + p/r
-ˆd → ˆd
J) = ) o/r
po/r o/r p

)

1 + po/r

/r

+ 7p

o/r + p/r /r @1 + 7p
po/r o/r p

@1 + po/r

o/r

+ p/r

/r

+ 7p

D

D

D

D

The adsorption and desorption elementary steps were assumed to
be in equilibrium as previously discussed for the hydrogenation of
MBY. Furthermore, the last hydrogen additions (Eq. (3.15) and
(3.16)) were considered the rate determining steps.
Table 3.3 shows the analytical expressions finally deduced for the
rates of reaction. The adsorption of HIP on the catalyst surface is
neglected due to the weak adsorption of the single bond on the surface
of Pd-based catalysts [33][59].
The mole balances for DIP and the hydrogenated species can be
expressed by the following set of ordinary differential equations.
o/r

/r

=−

/r

=

=

rs

rs

rs

J + J)

J −J

J + J)

(3.19)
(3.20)
(3.21)

This system was numerically integrated with the initial conditions:
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x

x

(3.22)

The temperature dependency of the kinetic constants was modeled
with the same approach previously used for k2. The van’t Hoff equation describes the temperature dependency of the adsorption coefficients:
p = p ∙ %E Œ−

∆

zs

•

(3.23)

The experimental and theoretical selectivities to IP can be calculated as:
/r

=

−
o/r −
/r

/r

o/r

(3.24)

Conversion of DIP is expressed by:
Žo/r =

o/r

−

o/r

o/r

(3.25)

15 experimental runs were conducted combining pressure and
temperature levels (operating conditions listed in Table 3.4). The
catalyst loading was 0.1 wt % for all the experiments.
The results of these runs were used in the single optimization
procedure described in Section 2.3.6. The kinetic parameters previously estimated for reaction 2 were used without any further adjustment during this second optimization. Both mechanistic models
have the same number of parameters to be estimated (10) while the
power-law kinetics only use 4 parameters.
Table 3.5 shows the values of the objective function φ(Θ) (defined
in the previous chapter) calculated at the end of the optimization
procedures conducted using the three investigated kinetic models.
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Compared to the empirical power-law, the mechanistic kinetic
models (2 and 3) result in a better fit of the experimental data. A
slightly better result in terms of objective function has been observed
for Model 2. It is worth noting that the hypothesis of non-competitive
adsorption between hydrogen and organics is widely accepted in
literature for similar hydrogenation of alkynes [52][68].
Figure 3.6, Figure 3.7 and Figure 3.8 show the results of the optimization procedure (using Model 2) as visual comparison between
calculated (continuous curves) and experimental concentrations
(symbols) of DIP, IP and HIP [69]. The goodness of the fitting can be
evaluated with the overall standard deviations σ listed in Table 3.4.
Acceptable results (σ < 15 %) were obtained for all the runs involved
in the optimization indicating the suitability of the proposed model to
describe the investigated hydrogenation process. An advantage of the
proposed model is that it allows the study of the hydrogenation of
DIP without including the full kinetic complexity of IP hydrogenation.
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Table 3.4: Operating conditions of the experimental runs used during
the optimization procedure and overall percentage standard deviations.
Run
1
2
3
4
5
6
7
8

T [K]
353
343
333
323
313
353
343
333

p [bar]
9.0
9.0
9.0
9.0
9.0
7.0
7.0
7.0

σ [%]
11.9
4.2
9.7
11.3
9.6
9.1
9.6
7.4

Run
9
10
11
12
13
14
15

T [K]
323
313
353
343
333
323
313

p [bar]
7.0
7.0
5.0
5.0
5.0
5.0
5.0

σ [%]
7.4
5.7
8.9
7.7
7.8
14.8
14.1

Table 3.5: Values of the objective function φ(Θ) calculated at the end
of the optimization procedure.
Model
1
2
3

φ value [mol L-1]
16.8
5.1
5.6
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Figure 3.6: Predicted (continuous lines) and experimental (symbols)
concentration profiles for the hydrogenation of DIP at 9.0 bar. The
operating conditions of the runs are listed in Table 3.4. (●) DIP, (○)
IP, (□) HIP.
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concentration profiles for the hydrogenation of DIP at 7.0 bar. The
operating conditions of the runs are listed in Table 3.4. (●) DIP, (○)
IP, (□) HIP.
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Figure 3.8: Predicted (continuous lines) and experimental (symbols)
concentration profiles for the hydrogenation of DIP at 5.0 bar. The
operating conditions of the runs are listed in Table 3.4. (●) DIP, (○)
IP, (□) HIP.
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In some cases the prediction of the maximum on IP profile is not
excellent (runs #4, #14, #15). However, the predicted times of
maximum IP concentration fall in general in the range experimentally
estimated as demonstrated by Figure 3.9.
In Table 3.6 the best-estimated values of the unknown kinetic and
adsorption parameters for Model 2 are reported along with their 95 %
confidence intervals.
The ratio k1/k2 is higher than 1 as reported by Yarulin et al. for
the same reacting system resulting in a favorable alkene formation
[54].
The ratio of the adsorption equilibrium constants KDIP/KIP ranges
between 12 and 31 in the field of investigated temperatures. In general
this ratio is reported to be higher for alkyne/alkene systems with
shorter hydrocarbon tail [12][32][58]. However, this finding is consistent with the relatively low selectivity to alkene of this hydrogenation compared with similar processes involving smaller alkynes [54].
Figure 3.10 shows the selectivity profiles during the hydrogenation
of DIP at 7.0 bar in the temperature range 323 – 353 K.
The continuous lines represent the theoretical selectivities calculated using the proposed mathematical model and the best-estimated
values for the kinetic and adsorption parameters. The selectivity
appears to decrease with temperature in the range of investigated
conditions. This finding is consistent with the results recently shown
for the hydrogenation of propyne over Pd-based catalysts [70].

Table 3.6: Estimated kinetic and adsorption parameters for Model 2
with 95 % confidence intervals.

k01 [mol(molPd s)-1]
k03 [mol(molPd s)-1]
K0DIP [L mol-1]
K0IP [L mol-1]
K0H [L mol-1]]

(2.3 ± 0.1)·108
(2.2 ± 0.6)·107
(2.4 ± 0.1)·10-5
(2.1 ± 0.3)·10-3
(3.6 ± 0.2)·10-2

E1 [kJ mol-1]
E3 [kJ mol-1]
-∆HDIP [kJ mol-1]
-∆HIP [kJ mol-1]
-∆HH [kJ mol-1]

37.2 ± 1.9
17.2 ± 1.4
68.9 ± 3.4
48.3 ± 2.4
5.1 ± 0.2
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Figure 3.9: Time of maximum IP concentration at varying temperatures for the experimental runs conducted at 5.0 bar (a), 7.0 bar (b),
9.0 bar (c). The dotted lines delimit the experimental ranges of the
maximum IP concentrations.
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Figure 3.10: Effect of temperature on the selectivity to IP. Predicted
(continuous lines) and experimental (symbols) selectivity profiles at 7.0
bar.
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Figure 3.11: Effect of pressure on the selectivity to IP. Predicted (continuous lines) and experimental (symbols) selectivity profiles at 343 K.
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The direct hydrogenation of the triple to the single bond is often
neglected during alkyne hydrogenations [50]. The validity of this
assumption may be confirmed by the large uncertainty relative to the
estimated pre-exponential factor k03. However, a detailed analysis of
the process selectivity takes benefit of including the direct hydrogenation r3 in the reaction network. The case r3 = 0 results into a
higher initial selectivity (SIP = 1 at XDIP = 0) and, as consequence, in
a worse fitting of the profiles depicted in Figure 3.10.
The selectivity drop with temperature is accentuated by the ratio
between the activation energies E2/E1 > 1. Similar values for this
ratio are reported in literature for other alkyne hydrogenations [59].
Figure 3.11 shows the experimental and calculated selectivity
profiles for varying pressures. No significant effect of the pressure is
observed due to the narrow investigated interval (5.0 – 9.0 bar). This
finding can be also considered a confirmation of the same order of
reaction with respect to hydrogen for both hydrogenations of DIP and
IP in the investigated range of conditions. According to the proposed
mathematical model this order of reaction is approximately 1 being
KHCH << 1. A different reaction order of the hydrogenations in series
would result in a more pronounced influence of the pressure on the
process selectivity.
In Figure 3.10 and Figure 3.11 the mathematical model exhibits
good predictions of the experimental selectivity especially at conversions relevant for industrial processes (XDIP > 0.9). A slightly overestimation of the slope of the selectivity profiles is depicted at low
conversions. A better agreement with the experimental results could
be obtained including the production of oligomers from DIP in the
reaction network.

3.3.5 Model validation
Additional experiments were conducted at varying catalyst loadings and varying initial concentrations of DIP, IP and HIP. The
experimental results of these runs were simulated using the proposed
mathematical model without any adjustment of the estimated parameters. Two examples, result of this validation procedure, are
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shown in Figure 3.12 and Figure 3.13 with the estimated overall
standard deviations.
3
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Figure 3.12: Comparison between calculated (continuous lines) and
experimental (symbols) concentration profiles. Conditions: 333 K, 7.0
bar, catalyst loading = 0.125 wt %. (●) DIP, (○) IP, (□) HIP. σ = 7.2 %.
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Figure 3.13: Comparison between calculated (continuous lines) and
experimental (symbols) concentration profiles. Conditions: 343 K, 7.0
bar, catalyst loading = 0.1 wt %, initial concentration: 68 wt % DIP, 26
% IP, 6 wt % HIP. (●) DIP, (○) IP, (□) HIP. σ = 7.4 %.

3.3.6 Effect of quinoline
In order to improve the selectivity of the process to IP, quinoline
was added to the reaction mixture with different concentrations
ranging between 0.5 and 5.0 wt %. The effect of quinoline on the
alkyne hydrogenation is usually ascribed to its preferential adsorption
on the catalyst active sites [71]. Nitrogen bases are also thought to
donate electrons to Pd modifying the adsorption strength of alkynes
and alkenes [72][73].
In this work, no significant change in the reaction rate of DIP was
observed after addition of quinoline. On the other hand, it contributed to a drastic decrease of the over-hydrogenation rate to HIP. For
this reason, an attempt to simulate the experimental results, was
conducted simply replacing Eq. (3.4) of the mathematical model with
the following:
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∗

Œ
1+•
/r

•

•

(3.26)

where γ is a parameter describing the inhibition of IP hydrogenation
caused by the addition of quinoline.
The optimization procedure, previously described, was applied to
simulate the results of 4 experimental runs conducted in presence of
quinoline by estimating the only additional parameter γ. The 12
kinetic and adsorption parameters previously reported were used
without any further adjustment. Figure 3.14 and Figure 3.15 show the
effect of quinoline respectively on the concentration profile of HIP and
on the selectivity to IP at 343 K and 7.0 bar.
The lower reaction rate of HIP formation corresponds to a higher
selectivity to IP. The effect of quinoline is also evident at very low
concentration (0.5 wt %). The calculated profiles depicted in Figure
3.14 correspond to an estimated parameter γ = (7.1 ± 0.7)·10 L mol-1
at 343 K. It is evident that the proposed mathematical model with
the addition of the only parameter γ is able to predict the effect of
different concentrations of quinoline in the reaction mixture both in
terms of concentration and selectivity profiles.
It is worth noting that the effect of the modifier incorporated in
this manner in the model does not fully explain the mechanism of
selectivity enhancing. Different electronic properties of the catalyst
surface should be the consequence of the electron donation of quinoline to Pd. This would result into different adsorption constants for all
reactants and products. Further investigations in this direction are
currently in progress.
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Figure 3.14: Predicted (continuous lines) and experimental (symbols)
profiles for concentration of HIP during the hydrogenation of DIP
with and without addition of quinoline. Conditions: 7.0 bar, 343 K
and catalyst loading = 0.1 wt %.
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Figure 3.15: Predicted (continuous lines) and experimental (symbols)
profiles for selectivity to IP during the hydrogenation of DIP with and
without addition of quinoline. Conditions: 7.0 bar, 343 K and catalyst
loading = 0.1 wt %.
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Conclusions

In this chapter the hydrogenation of dehydroisophytol has been
studied in absence of solvent. A mathematical model is proposed
based on the results of experimental runs collected in a range of
operating conditions relevant for industrial applications. The intrinsic
rate of reactions are based on a Langmuir-Hinshelwood kinetic
mechanism with non-competitive adsorption of hydrogen and organics
on the catalyst surface. The mathematical model exhibits a satisfactory capability to describe the behavior of the system with overall
standard deviations lower than 15 %.
The model is proved to reliably predict the selectivity of the process to isophytol under varying temperatures and pressures. No
significant effect of the pressure on the process selectivity are observed. On the other hand increasing the operating temperature has a
negative effect on the selectivity. This effect is enhanced by the ratio
of the activation energies E2/E1 >1. The validation of the proposed
model has been conducted using the best estimated parameters to
predict the concentration profiles of experimental runs at varying
catalyst loadings and initial concentrations. The model was finally
extended to predict the selectivity enhancing effect of the addition of
a modifier (quinoline) to the reacting system.
The knowledge of the parameters governing kinetics and selectivity
of the process is of crucial importance for designing new reactors
concepts that could, in the future, intensify and improve the synthesis
of isophytol.
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4 A Pd/ZnO catalyst for selective hydrogenation of
alkynes
4.1 Introduction
As previously discussed, the hydrogenation of MBY is carried out
in industry for production of vitamins and fine chemicals. High
selectivities to MBE are required due to the difficulties in separation
of the mixture MBE/MBA [19]. A typical approach to enhance the
selectivity (see Section 3.3.6) during alkyne hydrogenations is the
addition of nitrogen-based modifiers (e.g. quinoline, pyridine, ammonia) [73]. These electron donor compounds inhibit alkene surface
interactions due to their preferential adsorption on the surface of the
catalyst [74]. However, this incorporation requires further process
steps, such as separation, resulting in additional costs.
Alternative approaches have mostly been directed on catalyst
modifications. Bimetallic catalysts, for example, are known to improve olefin selectivity during alkyne hydrogenations [54].
Zinc, in particular, is known to act as a promoter in the palladium-based catalysts because of its ability to form an intermetallic
Pd-Zn phase affecting the adsorption strength of alkynes and alkenes
[73][75].
The performance of Pd-based catalysts during alkyne hydrogenations is also strongly influenced by the nature of the support. ZnO in
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particular is often considered a good alternative to CaCO3 with
respect to reaction selectivity [73]. High selectivities towards the
alkene have been reported for monometallic Pd-based catalysts over
ZnO [32][73][76]. The electron donating effect of Zn results in a higher
electron density of Pd. The selectivity of the process is enhanced due
to a decreased alkene adsorption [77]. This makes these catalysts a
valuable alternative to the lead-containing Lindlar catalyst, well
suited for industrial applications.
Goal of this chapter is characterizing the performances of a
Pd/ZnO/Al2O3 catalyst patented by DSM Nutritional Products for
the hydrogenation of MBY [78]. This catalyst is coated on a metal
support and is, for this reason, suitable for application in a structured
reactors.
The performance of the Pd/ZnO catalyst in terms of MBE selectivity are compared with the ones achievable with a commercial
Lindlar catalyst under the same operating conditions and the same
palladium loading.
The catalytic response of the Pd/ZnO system on the reaction selectivity for alkynols with different hydrocarbon tail length (DIP) is
also addressed.

4.2 Experimental
4.2.1 Catalyst preparation
The catalyst used during this study was prepared at DSM Nutritional Products following the procedure described below.
EOS MaragingSteel MS1 metal powder (20.0 g) was heated in an
oven under air at 723 K for 3 h. The resulting metal powder was
initially coated with an Al2O3/ZnO base layer. Separately a solution
of Pd nanoparticles was prepared and deposited on the metal powder
containing the Al2O3/ZnO layer.
A solution of Al(NO3)3·9H2O (200 g) in water (700 mL) was
heated to 368 K and ZnO powder (43.4 g) was added slowly. The
mixture was stirred until completely dissolved. After cooling to room
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temperature, the solution was filtered. The oxidized metal powder
(20.0 g) was added to 50 mL of the Al/Zn solution and the mixture
was stirred at room temperature for 15 min, filtered through a 0.45
µm membrane filter and dried under vacuum at 313 K for a minimum
of 2 h. This process was repeated two additional times.
Sodium molybdate dihydrate (162 mg) and anhydrous palladium(II)chloride (108 mg) were added in 30 mL of deionized water. The
solution was evaporated slowly under stirring until a solid residue
was formed. Afterwards, 30 mL of deionized water were added to the
solid residue. This evaporation-dissolving cycle was repeated two
times in order to completely dissolve the palladium salt. Finally, 50
mL of hot water were added to the solid residue. The deep brown
solution was cooled down to room temperature, filtered and water was
added to adjust the volume to 60 mL. Hydrogen gas was slowly
bubbled through the solution at room temperature for 1 h. The
obtained solution of Pd(0) was added to a suspension of the metal
powder-Al2O3/ZnO in water (60 mL). The mixture was stirred for 30
min and then filtered. The powder was finally dried under vacuum at
313 K overnight. The catalyst was thermally activated in a tube
furnace at 573 K for 4 h (temperature ramp 10 K min-1) under H2-Ar
flow (1:9; total flow rate: 450 mL min-1). The performances of the
catalyst were tested in the setup previously described in Section 2.2.2
following the same experimental procedure.

4.2.2 Catalyst characterization
The microstructure of the catalyst was observed by FIB/SEM
(Zeiss NVision 40) equipped with EDX apparatus. Samples were
opened at the region of interest through milling with gallium-ions at
30 kV/6 nA perpendicular to the sample surface. The cross section
was polished at 30 kV/1.5 nA and imaged by detection of secondary
electrons (SE) using an in-lens detector. EDX measurements were
performed at 9 kV.
The morphology of the supported Pd-nanoparticles was studied by
HAADF-STEM conducted on an aberration-corrected dedicated
STEM microscope HD-2700CS (Hitachi). The microscope was oper-
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ated at an acceleration potential of 200 kV. Temperature programmed
oxidation/reduction (TPO/TPR) were performed in a Micrometrics
AutoChem 2920 II instrument using 5 vol % of O2/H2 in Ar. The data
were collected at a ramp of 8 K min-1.

4.3 Results
4.3.1 Catalyst characterization
Some of the physical characteristics of the Pd/ZnO catalyst are
listed in Table 4.1.
Table 4.1: Pd/ZnO catalyst characteristics.
Property

Cumulative particles
size distribution
[µm]

d50
[µm]
BET surface area
[m2 g-1]
Density, ρS
[kg m-3]
Pd loading
[wt %]

Value
< 73 for 100%
< 43 for 73 %
< 36 for 58 %
< 21 for 20 %
< 10 for 3 %
< 4 for 1.5 %
< 2 for 1 %
32
1.5
~ 8000
0.22
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Figure 4.1: Cumulative pore volume distribution of Pd/ZnO catalyst
supported on a metal powder with average diameter d50 = 32 µm.

Analysis of the catalyst surface using BET techniques gives a surface of ~1.5 m2 g-1, in addition to the cumulative pore size distribution
depicted in Figure 4.1.
The analysis revealed a total specific pore volume of ~2.0·10-3 cm3
-1
g , a volume of mesopores (2 – 50 nm) of ~1.3·10-3 cm3 g-1 and a
negligible volume of micropores (< 2 nm). The extremely low pore
volume is beneficial in order to avoid internal diffusion limitations
during kinetic studies.
Figure 4.2 (a) shows the TPR profiles obtained before (black) and
after (red) the temperature oxidation study depicted in Figure 4.2
(b).
Higher intensity were observed after the oxidation of the sample.
The principal peaks at around 730 K were attributed to the reduction
of ZnO. It is reported that ZnO species start to be reduced at 875 K.
However, this peak can be shifted to lower temperatures when Pd is
supported on the surface of ZnO/Al2O3 [79]. The weak peak at around
330 K (red profile) after the oxidation of the sample can be ascribed
to the reduction of PdO to metallic Pd.
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Figure 4.2: (a) TPR profiles of Pd/ZnO catalyst before (black) and
after (red) temperature oxidation study. (b) TPO profile of Pd/ZnO
catalyst.
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The TPO profile shows three peaks at around 640, 760 and 850 K
to which it is difficult to ascribe definite oxidation stages. The first
peak at around 650 K could be ascribed to Pd oxidation. However,
the recorded low signals, resulting from the low Pd loading of the
catalyst, do not make the analysis suitable for quantitative investigations.
Figure 4.3 (a) and (b) show an SEM microphotograph of a catalyst
particle with diameter of about 50 and its cross section obtained by
FIB. A magnified detail of the coating layer is depicted in (c). The
metal particle appears to be fully coated with an homogenous base
layer. The coating layer (about 700 nm thick) remains intact after Pd
deposition and thermal activation. EDX analysis reveals that Pd is
dispersed only on the external surface of the catalyst while Al and Zn
are the main components of the base layer [80]. The surface of the
catalyst appears to be decorated by large metal clusters (sizes 100 –
200 nm) containing Pd according to EDX measurements [80].
HAADF-STEM images provided in Figure 4.4 reveal that the
supported Pd-nanoparticles exhibit different diameters up to ca 10
nm. Nevertheless they are often agglomerated in certain regions.
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(b)
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Figure 4.3: (a) SEM microphotograph of a catalyst particle with
diameter of about 50 µm. Detector: SE2, voltage: 2 kV. (b) Cross
section of the catalyst particle. Detector: In-Lens, voltage: 2 kV (c)
Magnified image of the selected area (red box) in (b).
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5 nm

5 nm

Figure 4.4: (Top) HAADF-STEM images of the catalyst surface with
Pd nanoparticles dispersed on Al2O3/ZnO. (Bottom) Section of EDX
spectrum recorded at the inspection field marked with the red box.
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4.3.2 Mass transport resistances
In order to characterize quantitatively the G-L and L-S mass
transport resistances, the criteria proposed in literature [65],[66] were
used.
The theoretical calculation of G-L and L-S mass transfer coefficients kLa and kSaS has been extensively described in Chapter 2. The
catalyst particles were approximated as spherical, according to the
particle size distribution by weight basis (see Table 4.1).
Carberry numbers (defined in the previous chapter) calculated for
all the experimental runs indicated the absence of any external
mass-transfer resistance [80].
The absence of microporosity, confirmed by BET analysis, justifies
the lack of internal L-S diffusion limitations.
The initial reaction rate was found to vary linearly with the catalyst loading in the investigated range of temperature as depicted in
Figure 4.5. This trend was considered an additional verification that
the reaction is under kinetic control.

MBY initial reaction rate [mol L-1 s-1]

8

x 10

7
6

-4

353 K
333 K
313 K

5
4
3
2
1
0
0

0.1

0.2
0.3
0.4
0.5
Catalyst loading [wt %]

0.6

0.7

Figure 4.5: Effect of catalyst loading on the initial rate of MBY hydrogenation. Conditions: 7.0 bar.
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4.3.3 Hydrogenation of MBY
During this study, 14 runs on MBY hydrogenation were carried
out in a variety of experimental conditions. For each experiment,
approximately 10 concentration data points at different reaction
times were recorded. Some examples of experimental concentration
profiles are shown in Figure 4.6 and Figure 4.7.
The proposed results show that, over the Pd/ZnO catalyst, MBE
is hydrogenated with reaction rate significantly lower than MBY.
Over the Lindlar catalyst, on the other hand, comparable hydrogenation rates were previously obatined for MBY and MBE (see
Chapter 2). This tendency results into a higher selectivity of the
process conducted over the Pd/ZnO catalyst.
Figure 4.8 shows the effect of pressure on the concentration of
MBY, MBE and MBA at 353 K. Beyond increasing the hydrogenation rate of MBY, the pressure also promotes the overhydrogenation
to MBA, resulting in a lower selectivity of the process.
In Figure 4.9 and Figure 4.10 the selectivity profile to MBE over
the Pd/ZnO is compared with the one obtained with the Lindlar
catalyst under the same experimental conditions and the same palladium loading. In both cases the Pd/ZnO exhibits a higher selectivity in the whole range of conversions.
More details about this selectivity increase will be provided in the
next chapter.
The reaction carried out at 333 K and 7.0 bar using the commercial Lindlar catalyst showed a lower initial activity of 0.9 mol molPd-1
s-1 compared with the 3.0 mol molPd-1 s-1 of the Pd/ZnO catalyst.
Similar trends were obtained during previous studies on the hydrogenation of MBY over Lindlar and Pd/ZnO catalysts [32][73]. The
higher activity may be ascribed to the presence of the Pd-Zn alloy in
the active phase of the catalyst suppressing the overhydrogenation of
MBE to MBA.
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Figure 4.6: Experimental concentration profiles during the hydrogenation of MBY over a Pd/ZnO catalyst in a slurry reactor. Conditions: 333 K, 7.0 bar, 0.75 wt % of catalyst.
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Figure 4.7: Experimental concentration profiles during the hydrogenation of MBY over a Pd/ZnO catalyst in a slurry reactor. Conditions: 353 K, 7.0 bar, 0.50 wt % of catalyst.
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Figure 4.8: Effect of pressure on MBY hydrogenation. MBY (a),
MBE (b) and MBA (c) experimental concentrations. Conditions: 353
K, 0.50 wt % of catalyst.
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Figure 4.9: Selectivity to MBE vs MBY conversion during the hydrogenation of MBY over Pd/ZnO and Lindlar catalyst. Conditions:
333 K, 7.0 bar, 1.1·10-3 wt % of Pd.
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Figure 4.10: Selectivity to MBE vs MBY conversion during the hydrogenation of MBY over Pd/ZnO and Lindlar catalyst. Conditions:
353 K, 9.0 bar, 1.1·10-3 wt % of Pd.
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4.3.4 Hydrogenation of DIP
Figure 4.11 shows the representative concentration profiles during
the hydrogenation of DIP over the Pd/ZnO catalyst. This figure can
be directly compared to Figure 4.7 previously reported for the hydrogenation of MBY. It is evident that the catalyst does not inhibit
significantly the overhydrogenation to HIP resulting in a very high
concentration of this compound before the complete depletion of DIP.
The effect of pressure on the concentrations of DIP, IP and HIP is
depicted at 353 K in Figure 4.12. The low maximum concentrations of
IP are an additional indication of the poor inhibition effect of the
catalyst on the overhydrogenation process.
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Figure 4.11: Experimental concentration profiles during the hydrogenation of DIP over a Pd/ZnO catalyst in a slurry reactor. Conditions: 353 K, 7.0 bar, 0.50 wt % of catalyst.
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Figure 4.12: Effect of pressure on DIP hydrogenation. DIP (a), IP (b)
and HIP (c) experimental concentrations. Conditions: 353 K, 0.50 wt
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The selectivity to MBE and IP over the Pd/ZnO catalyst are directly compared in Figure 4.13 under the same set of operating
conditions. These results confirm that the selectivity of the hydrogenation process is strongly dependent on the hydrocarbon chain
length.
It is worth noting that, according to literature, the alkyl chain of
the alkynol molecule can also physically adsorb on the catalyst active
sites through Van der Waals forces. The impact of this weak adsorption is proportional to the hydrocarbon chain length [81]. As consequence, the adsorption constant ratio alkynol/alkenol decreases for
molecules with longer hydrocarbon chain, resulting in a lower selectivity to the corresponding alkenol. This is in good agreement with
the values of KY/KE and KDIP/KIP experimentally estimated during
the previous investigations over the Lindlar catalyst.
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Figure 4.13: Selectivity to MBE and IP vs conversion of MBY and
DIP over Pd/ZnO catalyst. Conditions: 353 K, 7.0 bar, 0.50 wt % of
catalyst.
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4.3.5 Catalyst reuse
The stability of the catalyst was evaluated performing MBY hydrogenation experiments over 6 consecutive reaction cycles. Between
each run the catalyst was filtered, washed with isopropanol and dried.
MBY initial reaction rate and selectivity to MBE for 6 consecutive
runs conducted at 353 K and 7.0 bar are presented in Figure 4.14.
Both initial reaction rate and selectivity result constant over about
35 h of reaction. The high stability of the catalyst can be attributed
to the strong interaction between Pd nanoparticles and ZnO leading
to the formation of Pd-Zn alloy [61][32].
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Figure 4.14: Selectivity to MBE at 97 % of conversion and MBY initial reaction rate for reactions over Pd/ZnO catalyst during consecutive runs. Conditions: 353 K, 7.0 bar, 0.50 wt % of catalyst.

4.3.6 Conclusions
A Pd-based catalyst was developed, characterized and tested in
the hydrogenations of MBY under solvent free conditions. In contrast
to the industrially used Lindlar catalyst, the new catalyst shows high
activity and selectivity. The metal support was coated with a layer of
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ZnO/Al2O3 and loaded with Pd. The characterization of the catalyst
was conducted by FIB/SEM, STEM, EDX, TPO, TPR and BET.
External mass transfer limitations were studied in order to ensure
the kinetic regime of the experimental runs. The high selectivity of
the process to MBE was ascribed to the use of Zn acting as a promoter for selective hydrogenations. Both selectivity and initial reaction rate were found to be constant after catalyst reuse over about 35
h of reaction. For this reason, the Pd/ZnO catalyst seems to be
suitable for continuous hydrogenation as well as a valuable alternative
for the industrial hydrogenation of MBY with respect to commercial
catalysts.
The catalyst exhibits higher selectivity during the hydrogenation
of MBY as compared to the hydrogenation of DIP under the same
reaction conditions. This difference in selectivity was ascribed to the
physical adsorption of the molecules on the catalyst surface through
Van der Waals forces, depending on the hydrocarbon chain length.
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5.1 Introduction
Industrially, alkyne hydrogenations for vitamin production are
traditionally carried out in batch-wise operated slurry reactors under
mild operating conditions [19]. Fine catalyst particles are used to
avoid mass transfer limitations and to attain high product yield
[59][82]. However, the handling of the catalyst and its separation after
the reaction can strongly limit the efficiency of the process
[83][84][85].
Packed-bed reactors are preferred for product and catalyst separation. In this case, low fluid velocities and large catalyst particles are
necessary in order to limit excessive pressure drops, resulting in
strongly mass transfer limited regimes [84]. Furthermore, randomly
packed beds can give rise to non-uniform flow and reactant distributions due to channelling effects leading to wide ranges of residence
times and poor performances [85][26]. An additional source of inefficiency of these reactors is related to their poor heat transfer capabilities leading to localized hot spots formation [27][28]. Hot zones can
form due to non-uniform catalyst packing or to limited heat transfer
among the packing elements [86]. Excellent heat transfer properties
are decisive for exothermic reactions like alkynes and more in particular MBY hydrogenation (reaction enthalpy of –170 kJ·mol-1 [33]).
The unavoidable formation of hot spots and the heat accumulation
due to the poor radial transfer area of catalyst packings can dramat-
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ically affect the selectivity of the process to MBE due to the series-parallel reaction network depicted in Figure 2.1.
To overcome these problems, considerable efforts have been made
in the application of structured reactors for continuous catalytic
hydrogenations [87][88][89]. Structured reactors are characterized by
large void fractions (> 80 %) allowing chemical reactions to be
conducted with high flowrates and low pressure drops, in contrast to
conventional packed-bed reactors [90][30].
Recently, Semagina et al. proposed a microstructured support for
the deposition of Pd nanoparticles consisting in laser sintered metal
fibers [73]. The size of the fibers (diameter between 10 and 20 µm)
ensures high porosity and excellent fluid-solid mass transfer. However,
the random packing results in the typical drawbacks previously listed
for the packed bed reactors. Furthermore, a microstructured packing
limits the scale up of the process which is a fundamental step in the
realization and optimization of industrial plants.
Another approach recently applied to continuous alkyne hydrogenations is the falling film microreactor [91]. In this system a liquid
film is generated by pulling down the liquid phase on the reactor
surface via gravitational forces. The low liquid film thickness results
in a rapid heat transfer. On the other hand the diffusive phenomena
between gas and liquid phase and the small gas-liquid contact area
strongly limit the mass transfer properties of this system.
Catalytic membranes are also an alternative to the aforementioned
technologies allowing distributed addition of reactants and simultaneous removal of products [92]. The lifetime and the regeneration
capability of these systems still need further investigation.
Different strategies for macrosystems have been reported to support the catalyst nanoparticles in monolithic reactors [93]. In general
this involves the deposition on the monolithic structure of a precursor
base layer in order to improve the adhesion of the catalyst active
phase. The use of a metallic structure offers some advantages to
prevent the formation of hot-spots. A common type of macrostructured catalyst are based on metal foams with interconnected cells.
Ashby et al. describe their different production methods with copper
and aluminium proposed as conventional materials [94]. The pore size
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of these structures, directly affecting the hydraulic diameter of the
reactor, is in general in the range 5 to 100 ppi.
Recently, Hutter et al. developed a stream-wise periodic structure
consisting in the negative pattern of tetrahedral overlapping spheres
[95]. The regularly shaped geometry is extremely favourable in prospect of scaling up a laboratory facility to an industrial-size reactor.
Scaling-up the reactor would involve a merely multiplication of the
geometric elements of the structure. An industrial reactor could be
considered in principle as a large number of identical cells operated in
series and/or parallel. Furthermore, the designed geometry facilitates
computational modelling approaches allowing a deeper understanding
of the fluid dynamics [95]. Figure 5.1 shows an exemplary laser
sintered metal support with inner diameter of 14 mm.

Figure 5.1: Laser sintered metal structure with inner diameter of 14
mm. The outer wall was partly removed for visualization purposes.

The proposed designed structured reactor was extensively compared with literature data of packed beds showing lower pressure
drops and similar dispersion coefficients [96]. A comparison of the
structure with commercially available metal foams inserted into an
empty tube showed a strongly enhanced (30 % higher) heat transfer
rate [97]. This improvement was ascribed to the fixed connection of
the structure to the wall of the tube.

92

5 Alkyne hydrogenation in a structured reactor

Elias et al. [98] tested the use of designed structured reactors for
the hydrogenation of MBY applying a plug flow model to describe the
concentration profiles of MBY and MBE at 333 K and 6.0 bar. That
study suffers from some limitations such as the low explored initial
concentration of alkyne and the limited ranges of operating conditions. Mass transfer effects were reported to strongly limit the reaction efficiency preventing a direct study of the intrinsic kinetics of the
process. Furthermore, the low rates of conversion did not allow
studying extensively the effect of the operating conditions on the
behaviour of the reacting system.
In Chapter 2 a general mathematical model was proposed to describe the hydrogenation of MBY in a stirred slurry reactor, in the
typical operating ranges of industrial reactors. In the present chapter
the aforementioned model is applied to predict the kinetic behaviour
of the hydrogenation of MBY in flow over a structured reactor coated
with Pd on a ZnO/Al2O3 base layer.
A detailed set of kinetic and adsorption parameters has been estimated using experiments collected in the kinetic regime at different
temperatures. The extension of the model to a mass transfer limited
regime allowed the determination of the overall mass transfer coefficient under reacting conditions.

5.2 Experimental
5.2.1 Structured reactor
The structured reactor (inner diameter = 14 mm, length = 200
mm) was manufactured by selective laser sintering. The packing
represents the negative pattern of tetrahedrally arranged overlapping
spheres with diameter of 2.9 mm resulting in a porosity of 87 %. The
interior geometry of the support structure was previously described in
detail [95]. The full geometrical structure and the unit cell are depicted in Figure 5.2.
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It is worth noting that the laser sintering technique used to produce this structure allows to design three-dimensional metal supports
of nearly any shape.
The reactor was subjected to a thermal pre-treatment at 723 K for
3 h and coated at DSM Nutritional Products with an Al2O3/ZnO base
layer following an experimental procedure similar to the one previously presented for the powdered catalyst and reported below.
A precursor solution was obtained adding Al(NO3)3·9H2O (200 g)
in water (700 mL) and heating to 368 K. ZnO (43.4 g) was slowly
added under stirring until complete dissolution. The solution was
then cooled to ambient temperature and filtered through a 0.45 µm
membrane filter. The deposition of Al2O3/ZnO was performed by
rinsing the inside of the reactor with 50 mL of the precursor solution.
The reactor was then dried at 333 K and 125 mbar for 2 h and
calcinated at 723 K for 1 h. This procedure was repeated 8 times.
Sodium molybdate dehydrate (79.5 mg) and anhydrous palladium(II)chloride (54.2 mg) were added to 30 mL of Millipore water.
The solution was slowly evaporated under stirring until a solid residue
was formed. Additional 30 mL of Millipore water were added to the
solid residue. The evaporation-dissolving cycle was repeated two
times in order to completely dissolve the palladium salt. 50 mL of hot
water were added to the solid residue. The deep brown solution was
cooled to room temperature and filtrated through a paper filter. The
final volume was adjusted to 60 mL. The Pd(0) suspension was
obtained by bubbling hydrogen through the precursor solution for 1 h
at room temperature. One end of the reactor was sealed with a rubber
stopper and it was mounted in vertical position. The reactor was filled
with 21 mL of the Pd(0) suspension and the liquid was slowly evaporated at 363 K and 125 mbar. The same procedure was repeated
sealing the opposite end of the reactor. This process was repeated
three times. The structure was finally subjected to a thermal activation at 573 K for 4 h (temperature ramp: 10 K min-1) under H2/Ar
flow (1:9; total flowrate: 450 mL min-1). Palladium, Al2O3 and ZnO
loadings were calculated by weighting the structure during the preparation procedure. The main features of the structured reactor are
listed in Table 5.1.
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After testing, the structured reactor was sectioned in small pieces
(length = 10 mm) and observed by SEM (Zeiss NVision 40) equipped
with EDX apparatus for characterization purposes. The SEM was
operated at an acceleration voltage of 12 kV applying an in-lens
secondary electron (SE). Pulse CO chemisorption was performed at
323 K with a 5 vol. % CO/He flow on a section of the inner part of the
structured reactor (diameter = 5 mm, length = 10 mm). Before the
measurement the sample was reduced at 723 K under flowing 5 vol. %
H2/Ar. The palladium dispersion was calculated considering an
adsorption stoichiometry of Pd/CO = 2 [45].

Figure 5.2: Left: Auxiliary view of the porous structure. Right: unit
cell of the porous structure. Adapted from [99].
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Table 5.1: Structured reactor characteristics.
Parameter
Length
Inner diameter
Cell diameter
Structure volume
Porosity
Specific surface area
Pores size
Hydraulic diameter
Pd loading

Units
m
m
m
m3
m-1
m
m
kgPd m-3

Value
0.2
1.4·10-2
2.9·10-3
4.0·10-6
0.87
1122
9.2·10-4
3.1·10-3
8.5

wt %
wt %
wt %

1.2
44.3
54.5

Coating layer composition
Pd
ZnO
Al2O3

5.2.2 Experimental setup
The experiments were conducted in a semi-batch reaction system
which main components are sketched in Figure 5.3.
Batch experiments were conducted with respect to the liquid
phase, continuously circulated through the loop. Pure hydrogen was
continuously fed to the system. The hydrogen and the liquid mixture
passed through the structured reactor in cocurrent upflow. All experiments were conducted charging the plant with 650 g of pure
MBY. A membrane pump (Hydracell, Verder) was used to recirculate
the liquid mixture from the separator to the reactor. The liquid
recirculation rate and the hydrogen flowrate were regulated by mass
flow controllers (Coriflow and EL, Bronkhorst respectively). A high
liquid flowrate of 70 kg h-1 was selected in order to minimize the
external L-S concentration gradient in the structured reactor. A static
mixer (diameter = 7 mm, length = 200 m), consisting in a porous
structure similar to the reactor, was installed before the reactor in
order to improve the G-L mass transfer.
The two phase flow was observed through a view cell installed at
the reactor inlet.
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The liquid mixture was heated to the desired reaction temperature
by means of a block of brass equipped with two heating cartridges
(400 or 250 W depending on the operating temperature). The temperature was controlled at the outlet of the heater with a PID temperature controller and measured at the reactor inlet and outlet. The
structured reactor was thermally insulated to minimize heat losses.
A back pressure regulator, located downstream of the structured
reactor, (Flowserve) controlled the pressure at the reactor inlet. An
additional pressure sensor was located at the reactor outlet to gain
information about the pressure drop in the structure.
The off-gas was separated from the liquid and cooled down with
cooling water to condense eventual organic vapours recollected in the
G-L separator. Although the off-gas could be fed back into the reactor, for ease of operation this was not done.
Before starting an experiment, the liquid was recirculated through
the system in order to stabilize the temperature and the pressure to
the required levels. As soon as the hydrogen was supplied to the
reactor, the reaction time was initialized to zero.
Temperature and pressure of the reactor were considered constant
along the reactor axis due to the small measured differences between
reactor inlet and outlet (< 1 K and < 0.3 bar). At 70 kg h-1 the
estimated conversion of MBY per pass was lower than 0.5 %. Therefore it is reasonable to assume that the bulk liquid phase concentrations were uniform throughout the whole loop depicted in Figure 5.3.
After each experiment the setup was emptied and flushed by nitrogen.
Liquid samples were withdrawn at defined intervals of time
through a manual valve and analysed by gas-chromatography following the procedure described in Chapter 2.
The total liquid removed during each run for analysis never exceeded 8 % of the initial liquid volume. Hence, the liquid-to-catalyst
ratio was considered constant during the experiments.

5.2 Experimental

Figure 5.3: Simplified scheme of the experimental setup for
semi-batch operation mode. (1) recirculation pump, (2) electrical
heater, (3) hydrogen tank, (4) static mixer, (5) view cell, (6) structured reactor, (7) gas-liquid separator, (8) off-gas cooler.
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5.3 Results
5.3.1 Reactor characterization
The homogeneity and the quality of the active coating of the
structure, were verified by SEM analysis. SEM microphotographs of
the structured catalyst cross section and of a fracture of the coating
layer are shown in Figure 5.4. The metal support appears to be coated
with an homogenous base layer with an estimated thickness between 4
and 7 µm (measured in different parts of the structure). The layer
remains intact after high temperature treatment and hydrogenation
testing.
The element mapping of the structured reactor obtained by EDX
is presented in Figure 5.5 and Figure 5.6 showing coloured pixels
corresponding to zinc (yellow), aluminium (pink), palladium (dark
blue) and iron (blue). Tabulated semi-quantitative EDX data are
reported in Figure 5.7 for different sampling areas of the structured
reactor.
An intense signal of palladium is observed on the external surface
of the catalyst. Aluminum and zinc signals clearly overlap on the
cross section of the coating layer. Traces of zinc and aluminum are
also detected on the external surface of the core support showing
substantial adherence of the base layer. This strong adherence can be
attributed to the formation of mixed oxides between ZnO and the
metal support [73].
Iron appears to be one of the main components of the metal support together with nickel, molybdenum and cobalt.
The presence of palladium particles is almost completely restricted
to the external surface of the reactor.
CO chemisorption indicated a low palladium dispersion (2.4 %).
The BET analysis previously proposed on a Pd/ZnO powdered
catalyst, synthetized with a similar procedure, showed a complete
absence of microporosity (see Section 4.2.2) . This suggested to
neglect any internal L-S diffusion limitation during the analysis of
reaction data.
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Figure 5.4: SEM microphotograph of the structured catalyst. Detector: In-lens, voltage: 12 kV. (a) Detail of the porous structure cross
section. (b)(c) Magnified images of fractures of the coating layer.
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(a)

(b)

(c)

(d)

Figure 5.5: Element mapping of zinc (yellow), aluminum (pink),
palladium (dark blue) and iron (blue) of the image in Figure 5.4 (b).
The scale bar is 3 µm.
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Figure 5.6: Element mapping of zinc (yellow), aluminum (pink),
palladium (dark blue) and iron (blue) of the image in Figure 5.4 (c).
The scale bar is 3 µm.
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Figure 5.7: EDX analysis of different sampling areas of Figure 5.4 (b)
and (c) marked with red boxes.

102

5 Alkyne hydrogenation in a structured reactor

5.3.2 Analysis of initial rate data
The hydrogenation rate of MBY is constant during the reaction at
low conversions [57]. Thus, an initial reaction rate can be calculated
according to the MBY concentration decrease at conversions lower
than 30 %.
Figure 5.8 presents the initial rate of MBY hydrogenation at various hydrogen flowrates in the investigated range of temperatures.
The initial reaction rate significantly increases with hydrogen flowrate
in the range 0.1 – 0.5 NL min-1 indicating a non-negligible mass
transfer effect.
The almost constant trend at higher flowrates (0.6 – 0.8 NL min-1)
suggests that the reaction is under kinetic control. Thus, Figure 5.8
can be divided into two regions depending on the hydrogen flowrate.
The experimental results obtained during the runs at high flowrates
were simultaneously used in a single optimization procedure to
estimate the kinetic and adsorption parameters governing the process.
In a second stage these best-estimated parameters allowed the modelling of the experimental results acquired in the mass transfer limited
regime. As result of this procedure, the overall mass transfer coefficient of hydrogen from the G-L interface to the surface of the catalyst
was estimated.
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Figure 5.8: Effect of hydrogen flowrate on the initial rate of MBY
hydrogenation. Pressure: 4.0 bar, Liquid flowrate: 70 kg h-1.

5.3.3 Kinetic model
The kinetic mechanism developed for the hydrogenation of MBY
over the Lindlar catalyst and reported in Chapter 2 was proposed to
simulate the experimental results obtained using the structured
reactor.
The main hypothesis of the mechanism are listed below:
(i) All adsorption/desorption steps are assumed to be fast
enough to remain equilibrated.
(ii) The last hydrogen additions for production of MBE,
MBA and dimers are considered to be the rate determining steps.
(iii) Low coverages for the intermediate species Rx, Px and Qx
are assumed in the mass balances for the catalyst active
sites.
(iv) The terms KACA, KDCD, KHCH are neglected in the denominator of the final kinetic expressions.
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The experimental data showed a less evident negative order of
MBY hydrogenation compared to the one obtained over the Lindlar
catalyst. For this reason, the model presented in Section 2.3.5 was
additionally simplified by neglecting the term KφCY. Thus, the following hydrogenation rates were considered:
p? ? p
1 + p? ? + pm
pm m p
J =
1 + p? ? + pm
p? ? p
J) = )
1 + p? ? + pm
J =

m

(5.1)

m

(5.3)

m

(5.2)

where ki are the apparent kinetic constants for the three hydrogenations involved in the process.
The loop in Figure 5.3 behaves like a stirred batch reactor with
respect to the liquid phase operating at constant temperature and
pressure. This hypothesis is justified by low conversion per pass and
small temperature and pressure differences between reactor inlet and
outlet. Under this assumption the mole balances in the liquid phase
on the five species involved in the system can be expressed in the
kinetic regime by the following set of differential and algebraic equations:
?

=

m

=

rs

n

o

−J − 2J)

(5.4)

J

(5.6)

rs

=

=

=

J −J

rs

rs
∗

J)

(5.5)

(5.7)
(5.8)

Eq. (5.8) results from the hypothesis of absence of external mass
transfer resistances. Thus, the hydrogen concentration in the liquid
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phase can be considered equal to its equilibrium value at the operating temperature and pressure calculated using Eq (2.13).
The kinetic and adsorption constants ki and Ki were assumed to
obey an Arrhenius-type temperature dependency, according to Eq.
(2.46) and (2.47).
The proposed mathematical model was numerically integrated to
minimize the objective function φ(Θ) following the procedure described in Section 2.3.6. The values of the kinetic parameters listed in
Table 2.5 for the Lindlar catalyst were used as initial attempts during
the optimization procedure.
Some examples of calculated (continuous lines) and experimental
(symbols) concentration profiles are shown in Figure 5.9 at hydrogen
flowrate of 0.7 NL min-1[100].
The obtained results show a good agreement between calculated
and experimental kinetic profiles. However, it is worth mentioning
that the proposed model results intrinsically limited by its empirical
nature. Thus, its validity is restricted to the operating conditions for
which it has been developed.
The model satisfactorily predicts the concentration profiles also
on a quantitative basis as confirmed by the overall percentage
standard deviations reported in Table 5.2.
The estimated values for the unknown parameters are reported in
Table 5.3 along with their 95 % confidence intervals.
The activation energies of MBY and MBE hydrogenation (E1, E2)
agree with the values of 25.2 ± 1.6 kJ mol-1 [32] and 32.6 ± 2.4 kJ
mol-1 [101] respectively reported in literature. It is worth noting that
the ratio E2/E1 > 1 makes the kinetic constant of the undesired
hydrogenation r2 more sensitive than the one of r1 to the temperature
increase. According to the thermodynamics of alkyne and alkene
hydrogenation, the high selectivity to the olefinic product is due to
the stronger adsorption of the alkyne compared to the alkene and not
to its higher kinetic constant. This is confirmed by the ratio k2/k1
ranging between 1.6 and 2.8 depending on the investigated temperatures. The enthalpies of adsorption -∆HY and -∆HE are lower than 30
kJ mol-1 in good agreement with the values reported in literature for
similar alkynes and alkenes[32][51].
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Figure 5.9: Experimental points and calculated kinetic curves of
MBY, MBE, MBA (left axis) and dimers (right axis). Temperature:
353 K (a), 343 K (b), 333 K (c), 323 K (d), 313 K (e), pressure: 4.0
bar, liquid flowrate: 70 kg h-1, hydrogen flowrate: 0.7 NL min-1.
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Table 5.2: Overall percentage standard deviations for the experimental runs depicted in Figure 5.9.
Run
a
b
c
d
e

σ [%]
14.8
13.9
14.8
5.8
7.9

Table 5.3: Kinetic parameter estimates with 95 % confidence intervals.

k01 [mol(molPd s)-1]
k02 [mol(molPd s)-1]
k03 [L(molPd s)-1]
K0Y [L mol-1]
K0E [L mol-1]
K0H [L mol-1]

(9.1 ± 0.4)·106
(1.4 ± 0.1)·109
(4.8 ± 0.7)·1010
(9.0 ± 1.1)·10-5
(1.9 ± 0.2)·10-5
(1.6 ± 0.1)·10-2

E1 [kJ mol-1]
E2 [kJ mol-1]
E3 [kJ mol-1]
-∆HY [kJ mol-1]
-∆HE [kJ mol-1]
-∆HH[kJ mol-1]

26.2 ± 1.3
37.9 ± 1.8
28.1 ± 1.4
26.9 ± 1.4
18.0 ± 1.0
5.1 ± 0.2
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The ratio KY/KE ranges between 98 and 145 for temperatures between 313 and 353 K as reported in literature for common alkyne/alkene systems [12]. This value is ~40 % higher than the
corresponding one previously reported for the Lindlar catalyst (see
Section 2.3.6).
In accordance with published data, the formation of a Pd-Zn alloy
can change the adsorption strength of alkynes and alkenes affecting
the selectivity of the hydrogenation [54][102]. The addition of Zn, in
particular, is considered to be beneficial for the selectivity of the
process towards the alkene [54]. It affects the electronic structure of
Pd resulting in a decrease of the heat of adsorption of alkynes and
alkenes [75][103]. As a result of the observed increase of the ratio
KY/KE, the selectivity of the process to MBE is significantly enhanced. This tendency was depicted in Chapter 4 where the selectivity of the process to MBE over the Pd/ZnO catalyst was compared
with the one obtained with the Lindlar catalyst under the same
experimental conditions. The selectivity drop with temperature at
various conversions is depicted in Figure 5.10 in the range of temperature 313 – 353 K.
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Figure 5.10: Effect of temperature on the selectivity to MBE. Pressure: 4.0 bar, liquid flowrate: 70 kg h-1, hydrogen flowrate: 0.7 NL
min-1.
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5.3.4 Mass transfer limited regime
The experimental runs under mass transfer controlled regime were
simulated using the previously estimated set of kinetic parameters
depicted in Table 5.3. The initial hydrogenation rates calculated
during these experiments are depicted in Figure 5.8 at hydrogen
flowrates varying between 0.1 and 0.5 NL min-1.
Eq. (5.8) of the mathematical model was replaced by:
= p‘’

∗

−

−

rs

J + J + 2J)

(5.9)

G-L and L-S mass transfer steps can be considered in series. Thus,
an overall mass transfer coefficient Kov was defined as:
1
1
1
=
+
p‘’
* *

(5.10)

This approach neglects the G-S mass transfer which is important
only for large gas segments [104].
The same numerical optimization procedure used for the kinetic
regime was implemented during this phase to estimate the only
unknown parameter Kov. The overall mass transfer coefficients were
estimated by fitting the mathematical model to the experimental
results obtained in the whole range of investigated temperatures. The
effect of the temperature on Kov was neglected during this study.
Figure 5.11 shows the simulated and experimental conversion
profiles of MBY for different hydrogen flowrates at four investigated
temperatures.
These figures confirm the reliability of the proposed model to
predict the experimental results obtained under mass transfer limitation at hydrogen concentration lower than its solubility.
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Figure 5.11: Effect of hydrogen flowrate on the conversion profiles of
MBY: experimental (symbols) and calculated (continuous lines)
conversions. Temperature: 353 K (a), 343 K (b), 333 K (c), 323 K (d).
Pressure: 4.0 bar, Liquid flowrate: 70 kg h-1.
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The mass transfer coefficients resulting from the optimization
procedure are depicted in Figure 5.12 together with their 95 %
confidence intervals for different hydrogen flowrates. The error bars
smaller than the symbols are not shown. Values lower than 0.25 s-1
were obtained in the mass transfer limited regime.
The increase of the mass transfer coefficient with hydrogen
flowrate is related to the structural properties of the porous reactor.
At high flowrates local turbulences are produced that improve the
G-L-S mass transfer.
Assuming a controlling mass transfer resistance located on the
liquid side [105], the overall mass transfer coefficient defined by Eq.
(5.10) can be approximated to kLa.
The following criteria, already introduced in Chapter 3 was used to
identify the kinetic regime:
=

J

∙

∗

< 0.1

(5.11)

The Carberry numbers calculated for the 25 experiments performed at low hydrogen flowrates (0.1 – 0.5 NL min-1) are depicted in
Figure 5.13.
The threshold line at CaGL = 0.1 represents the criteria described
by Eq. (5.11). Almost all the experimental results obtained in this
operating range appear to be limited by mass transfer phenomena.
However, limit values were obtained at 0.5 NL min-1 validating the
hypothesis of absence of any external mass-transfer resistance for all
the runs conducted at higher hydrogen flowrates (0.6 – 0.8 NL min-1).
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Figure 5.12: Effect of hydrogen flowrate on the overall mass transfer
coefficient. Pressure: 4.0 bar, Liquid flowrate: 70 kg h-1.
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Figure 5.13: Effect of hydrogen flowrate on Carberry number CaGL.
The threshold line at CaGL = 0.1 represents the criteria proposed in
[65]. Pressure: 4.0 bar, Liquid flowrate: 70 kg h-1.
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5.3.5 Model validation
In order to validate the estimated parameters, further experiments
were conducted at 343 K and 353 K, at additional operating pressure
levels (2.0 and 6.0 bar). The mathematical model proposed for the
kinetic regime and the set of estimated parameters were used without
any further adjustment to simulate these experimental results. The
comparison between experimental and calculated concentrations,
result of this simulation, is shown in Figure 5.14.
In both cases the model can successfully describe the kinetic behaviour of the system with percentage standard deviations in line
with the ones previously calculated during the optimization procedure. Figure 5.15 shows the influence of pressure on MBY hydrogenation rate. The continuous lines at 2.0 and 6.0 bar were obtained
during the validation procedure. An increase in operating pressure
leads to an increase in hydrogen solubility according to Eq. (2.13) and
consequently in a higher reaction rate.
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Figure 5.14: Comparison between experimental and simulated kinetic
curves. Temperature: 343 K (a), 353 K (b). Pressure: 6.0 bar, Liquid
flowrate: 70 kg h-1, Hydrogen flowrate: 0.7 NL min-1.
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Figure 5.15: Comparison between experimental and simulated kinetic
curves. Temperature: 343 K (a), 353 K (b). Pressure: 6.0 bar, Liquid
flowrate: 70 kg h-1, Hydrogen flowrate: 0.7 NL min-1.

5.3.6 Catalyst reuse
The deactivation of the catalyst was studied by periodically testing a benchmark set of reaction conditions (343 K, 4.0 bar, liquid
flowrate: 70 kg h-1, hydrogen flowrate: 0.6 NL min-1). A turnover
frequency (TOF) of 34.5 s-1 was calculated for the fresh structured
reactor as:
”• = 100

J ∙
rs

∙–

(5.12)

where δ is the palladium dispersion estimated by CO chemisorption.
After 270 h of operation, the TOF decreased of ~13 % compared to
the original value. Thus, a window of 200 h of operation was selected
before the thermal reactivation of the structured reactor with the
procedure described in Section 5.2.1. Within this interval the TOF
decrease was assumed to be lower than 10 % and for this reason
neglected in the evaluation of the experimental results.
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5.3.7 Conclusions
This chapter presents a study of the solvent-free hydrogenation of
MBY in flow over a structured reactor consisting in a laser sintered
metal support coated with a Pd/ZnO/Al2O3 based catalyst. The
liquid phase was circulated through the reactor and hydrogen was
continuously fed in cocurrent upflow.
The kinetics of the reaction were assumed to obey a Langmuir-Hinshelwood mechanism with non-competitive adsorption
between hydrogen and organics and dissociative adsorption of hydrogen. A series of experiments was performed at varying temperatures and hydrogen flowrates. The runs conducted at high hydrogen
flowrates (0.6 – 0.8 NL min-1) did not show a significant dependence
of the initial reaction rate on the hydrogen flowrate and were, for this
reason, assumed to occur in absence of any mass transfer limitation.
The results of these experiments were used in an optimization
procedure to estimate the kinetic and adsorption coefficients governing the process. These best-estimated values allowed the modelling of
the behavior of the system at lower hydrogen flowrates (0.1 – 0.5 NL
min-1). The overall coefficient Kov, describing the hydrogen mass
transfer from the gas phase to the surface of the catalyst, was calculated by extending the model to the mass transfer limited regime. The
reaction appears to be strongly dependent on the hydrogen flowrate
with estimated Kov ranging between 0.01 and 0.25 s-1 at hydrogen
flowrates between 0.1 and 0.5 NL min-1. The occurrence of mass
transfer limitations under these operating conditions was verified by
using an empirical criteria.
The complete mathematical model is able to reliably estimate the
concentrations profiles of the species involved in the system MBY,
MBE, MBA and dimers in a range of temperatures (313 – 353 K) and
hydrogen flowrates (0.1 – 0.8 NL min-1). The accuracy of the optimization procedure was confirmed by the values of the overall standard
deviations always lower than 15 %. The model was validated using the
best estimated kinetic and adsorption parameters to simulate the
concentration profiles of additional experiments not included in the
pool used for the optimization at a different operating pressure level.
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6.1 Introduction
As with many other branches of industry, the evolution of fine
chemical and pharmaceutical manufacture includes the conversion of
traditional batch processes into continuous operations.
The development of continuous manufacture receives since many
years increasing interests from R&D and industrial sectors. Cost and
quality considerations drive the transition from batch to continuous
processing including smaller equipment, better process control and
energy savings [107]. Batch processes are known to be less flexible,
involving a number of discontinuous steps with the intermediate
products being collected, stored and often transported to the other
facilities.
In addition to more efficient processes, continuous manufacturing
can also be considered safer, allowing access to hazardous chemistries
in a controlled manner [108][109]. In continuous mode rather than
batch processes, the chemical reactions generally can take advantage
of smaller reactor volumes resulting in less material in the system.
Exothermic reactions and particularly hydrogenations can be considered safer when continuously run because of the higher heat transfer
resulting from a larger specific surface area. This was reported to be
up to ~5 times higher for continuous stirred tank reactors and up to
~50 times higher for plug flow reactors compared to batch reactors
[110].
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Furthermore, reactions involving hazardous gas reagents like hydrogenations are safer because plug flow reactors can operate more
than 97 % liquid filled resulting in small amounts of gas in the reactor
compared to batch processes [110].
Industrially alkyne hydrogenations for vitamin production are
traditionally carried out in batch-wise operated slurry reactors under
mild operating conditions [19]. While fine catalyst particles are used
in order to avoid mass transfer limitations and to obtain high product
yield the smallest possible size of the particles is limited due to
catalyst handling [59][82]. Solid charging, filtration processes and
discharging can often create environmental and safety problems.
To overcome these drawbacks, considerable efforts are directed to
the application of structured reactors for continuous processing of
multiphase catalytic reactions.
In the previous chapter a designed structured reactor was proposed and characterized from chemical and kinetic point of view for
the semi-batch hydrogenation of MBY, chosen as model reaction.
Previous studies conducted on this designed structure reactor
concern a variety of fluid dynamic investigations such as bubble
droplet size measurements [112][113][114], large eddy simulations [95]
and particle image velocimetry [115] [116].
This chapter presents the continuous operation of the proposed
structured reactor in the hydrogenation of MBY. A plug flow model
was applied to describe the experimental results in terms of overall
mass transfer coefficient at various temperatures, pressures, liquid
and gas flowrates. The kinetic and adsorption parameters previously
estimated and presented in Chapter 5 were used to describe the
intrinsic kinetics of the process. The reactor activity and the conversion appear to be strongly dependent on the hydrogen flowrate
demonstrating the occurrence of mass transfer phenomena.
An empirical correlation was proposed to calculate the overall
mass transfer coefficient under reacting conditions at varying process
parameters. This model is able to accurately predict the dependency
of the mass transfer coefficient on the operating temperature, pressure, gas and liquid velocity.

6.2 Experimental
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6.2 Experimental
The hydrogenation experiments in fully continuous mode were
carried out in the hydrogenation plant described in Section 5.2.2
conveniently modified. The main components of this experimental
setup are sketched in Figure 6.1.
The reaction was conducted in the same structured reactor previously presented for the experiments in semi-batch mode.
Before the starting of the typical hydrogenation experiment the
liquid phase (10 wt % MBY, 90 wt % MBE) was recirculated through
the loop in Figure 6.1 (valve V2 closed) at high velocity (70 kg h-1)
and heated up in order to reach the desired reaction temperature.
After stabilization of pressure and temperature, the liquid mass
flowrate was regulated to the desired value (10 – 20 kg h-1) and pure
hydrogen was supplied from an external tank.
As soon as the hydrogen bubbles were visible in the view cell installed at the reactor inlet, the valve V1 was closed and the valve V2
was simultaneously opened. Before entering the reactor, the gas and
the liquid phases were pre-mixed using an additional uncoated structure (diameter = 14 mm, length = 200 m) similar to the one used as
metal support for the reactor. The size of the static mixer was increased compared to the semi-batch experimental analysis in order to
improve the external mass transfer due to the lower liquid flowrate.
The structured reactor was thermally insulated to reduce the heat
losses. After each experiment the setup was emptied and flushed with
nitrogen.
Liquid samples were regularly withdrawn after stabilization of the
operating conditions through a manual valve placed at the reactor
outlet. The samples were analysed using a gas-chromatograph following the procedure previously described in Section 2.2.3.
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Figure 6.1: Simplified scheme of the experimental setup for continuous operation mode. (1) recirculation pump, (2) electrical heater, (3)
hydrogen tank, (4) static mixer, (5) view cell, (6) structured reactor,
(7) gas-liquid separator, (8) off-gas cooler (9) waste container.
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6.3 Results
6.3.1 Reaction rate
The Péclet number is a measure of the relative importance of
convective to diffusive phenomena. A liquid Péclet number was
calculated according to [106] as:
d% =

— ∙˜
-za

(6.1)

where L is the length of the structured reactor and uL is the superficial liquid velocity defined as:
— =

4f
™∙ A ∙š

(6.2)

The volumetric liquid flowrate was calculated as:
f =

>
1

(6.3)

The axial dispersion Dax in the stremwise-periodic porous media
was established by Hutter et al. [96]:
.•
-za = 6.98 ∙ 1069 %,‘AB

(6.4)

where the pore Reynolds number is defined as:
%,‘AB =

1 ∙— ∙
2

,‘AB

(6.5)
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Figure 6.2: Péclet number at various liquid mass flowrates. Pressure:
7.0 bar, Hydrogen flowrate: 1.0 NL min-1.

The values of Péclet number higher than 50 over almost the entire
range of operating conditions allows the assumption of a plug flow
model to describe the results according to the criterion reported in
[106]. Under this assumption the MBY reaction rate can be expressed
as:
J =

f ∙

?

rs

∙ Ž?

(6.6)

The reaction rate was regularly calculated during the course of
each experiment by withdrawing and analyzing samples at intervals of
time between 2 and 5 min. Stable results were obtained in the whole
range of conditions (Figure 6.3). No loss in catalyst activity was
observed during this time. Each experiment was repeated three times
and an average value was obtained.
Figure 6.4 shows the trend in the observed reaction rate over the
investigated ranges of temperature (333 – 363 K) and pressure (3.0 –
7.0 bar). The linear variation of the reaction rate with the operating
pressure confirms that it can be well described by a first-order de-
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pendency with respect to hydrogen pressure, as previously demonstrated in Chapter 2.
Gas and liquid flowrates were adjusted in the ranges 10 kg h-1 <
> < 30 kg h-1 and 0.2 NL min-1 < QG < 1 NL min-1 in order to study
the influence of superficial gas and liquid velocities on MBY conversion.
The gas superficial velocity was defined as:
— =

4f
™∙ A ∙š

(6.7)

The results are depicted in Figure 6.5. Conversion decreases with
raised superficial liquid velocity due to the reduced residence time in
the structured reactor. Furthermore, a higher superficial gas velocity
results in a higher MBY conversion indicating a mass transfer limitation.
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Figure 6.3: Catalyst activity versus sample number at varying temperatures. Pressure: 7.0 bar, Liquid flowrate: 10 kg h-1, Hydrogen
flowrate: 1 NL min-1.
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Figure 6.4: Effect of pressure and temperature on MBY reaction rate.
Liquid flowrate: 10 kg h-1. Hydrogen flowrate: 1 NL min-1.
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Figure 6.5: Effect of gas and liquid superficial velocities on MBY
conversion. Temperature: 363 K, pressure: 7.0 bar.
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6.3.2 Overall external mass transfer coefficient
The calculated conversions were used to estimate an overall G-L-S
mass transfer coefficient Kov, assumed to be constant along the
reactor axis.
The reaction network was simplified to the first hydrogenation
step from MBY to MBE. According to Chapter 5, the kinetics of this
reaction are clearly dependent on the concentration of MBY and
MBE according to:
J =

p?

1 + p?

?

?p

+ pm

m

(6.8)

However the conversion obtained per pass was always lower than
15 % in the range of investigated conditions. Therefore, the kinetic
expression was simplified assuming the concentration of MBY and
MBE not to change during the reaction. Under this assumption the
Langmuir-Hinshelwood kinetic expression can be simplified in a first
order dependence with respect to the hydrogen concentration in the
structured reactor CH.
J =

∗

(6.9)

A similar approach was previously proposed in literature for the
hydrogenation of MBY [32][82].
The hydrogen mass transfer between the gas phase and the surface
of the catalyst can be expressed at the steady state as:
p‘’

∗

−

∙

j

=J

∙

rs

(6.10)

The system of Eqs. (6.6), (6.8)-(6.10) was solved in order to calculate
the unknown Kov and the corresponding hydrogen concentration at
the surface of the catalyst in a wide range of experimental conditions.
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6.3.3 Mass transfer modelling
A first attempt to model the mass transfer limitations was made
assuming the controlling resistance on the liquid side. In this case the
overall mass transfer coefficient can be approximated to kLa.
This hypothesis is generally accepted at high liquid superficial velocities, as in the case of the present work [87].
A possible G-S resistance was neglected assuming that, due to the
low hydrogen flowrates, the surface of the structured reactor was fully
wetted.
A Sherwood number correlation was previously proposed in literature to describe the G-L mass transfer in tubular reactors containing
foam packings [87][89]. This correlation expresses Sherwood number
as function of the Reynolds (liquid and gas) and Schmidt numbers
following the form:
ℎ

∙

∙

yB{{

= ž ∙ %Ÿ ∙ %y ∙ (

)

yB{{
A

s

(6.11)

with Sherwood number defined as:
ℎ

∙

=

∙
-

yB{{

(6.12)

In Eq. (6.11) a represents the G-L specific surface area which is
difficult to estimate. As consequence, the term kLa was kept undivided following the approach of Tourvieille et al. [89].
The Sherwood number for packed bed reactors is known to be influenced by particle and channel diameters [111]. The regular geometry of the structured reactor allows the definition of a cell diameter
dcell as the diameter of the spheres constituting the tetrahedral arrangement of the structure (see Table 5.1).
However, the experiments reported in this work were conducted
without varying the cell diameter of the structured reactor. For this
reason, the parameter d in Eq. (6.11) was fixed to the value of 1.14
reported by Tourvieille et al. [89].
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The Schmidt number was calculated with respect to the liquid
phase as:
(=

2
1 ∙-

(6.13)

where DH is the molecular diffusivity of hydrogen in the liquid phase
estimated from the Wilke-Chang equation (2.9).
The Reynolds numbers were expressed using the cell diameter as
characteristic length:
1 ∙— ∙
2
1 ∙— ∙
% =
2

% =

yB{{

yB{{

(6.14)
(6.15)

Around 70 experimental mass transfer coefficients estimated for
different temperatures, pressures, gas and liquid flowrates were used
in a single optimization procedure in order to estimate the three
empirical parameters reported in Eq. (6.11).
The objective function φ(Θ) to be minimized, was obtained as sum
of the squares of the errors between experimental and calculated
overall mass transfer coefficients and expressed as:
<

t u = : Fp‘’
}

Ba,

yz{ u I
− p‘’

(6.16)

where n is the number of estimated experimental mass transfer
coefficients and Θ a vector, containing the empirical parameters to be
estimated (α, b and c).
In Figure 6.6 and Figure 6.7 the experimental (points) and the
calculated (continuous lines) overall mass transfer coefficients are
shown over different combinations of pressures (3.0 – 7.0 bar), temperatures (333 – 363 K) and two liquid flowrates (10 and 20 kg h-1).
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Figure 6.6: Effect of pressure and temperature on the overall mass
transfer coefficient: experimental (points) and calculated (continuous
lines) Kov. Liquid flowrate: 10 kg h-1. Hydrogen flowrate: 1 NL min-1.
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Figure 6.7: Effect of pressure and temperature on the overall mass
transfer coefficient: experimental (points) and calculated (continuous
lines) Kov. Liquid flowrate: 20 kg h-1. Hydrogen flowrate: 1 NL min-1.
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The overall mass transfer coefficient decreases with increasing the
operating pressure of the reactor. The intrinsic volumetric coefficient
kL is usually considered to be independent of system pressure if the
flow conditions remain constant. However, the experiments at various
pressures were conducted using constant hydrogen mass flowrates.
Higher pressures result in lower volumetric flowrates and, as a consequence, in a lower interfacial surface area a.
The decrease of diffusivity with temperature implies a direct increase of kL. Additionally, the resulting lower viscosity and surface
tension lead to a decrease of the average bubble sizes.
Figure 6.8 shows the effect of gas superficial velocity (0.005 – 0.024
m s-1) and liquid superficial velocity (0.025 – 0.085 m s-1) on Kov. It is
evident that increasing the liquid velocity up to 0.06 m s-1 does not
significantly affect the mass transfer coefficient.
At higher liquid velocity the turbulence induced in the flow enhances the mass transfer properties. This results in a larger deviation
of the calculated values from the experimental ones.
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Figure 6.8: Effect of gas and liquid superficial velocities on the overall
mass transfer coefficient: experimental (points) and calculated (continuous lines) Kov. Temperature: 363 K, pressure: 7.0 bar.
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The proposed model appears to have a good capability to simulate
the behaviour of the system at low liquid velocities (0.025 – 0.060 m
s-1) where the liquid flowrate does not significantly influence the
overall mass transfer coefficient. At higher values this effect is not
negligible resulting in larger deviations from the calculated values.
For this reason the validity of the proposed correlation was limited
to the following range of liquid Reynolds number:
80 < % < 300

(6.17)

The experimental results obtained at uL > 0.06 m s-1 were excluded
from the optimization procedure.
The final correlation resulting from the optimization procedure
can be expressed as:
ℎ
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(6.18)

An exponent b close to zero was found for ReL in the ShGL expression as expected due to the considerations above.
It is worth noting that the proposed empirical model is a first attempt to model the mass transfer phenomena in the structured
reactor. The correlation can certainly be improved by characterizing
bubble sizes and distributions by means of a direct measurement
method.
In order to validate the mass transfer model, the estimated parameters were used without any further adjustment to simulate the
experimental results collected during additional experiments under a
different combination of operating temperatures and gas velocities. A
comparison between calculated and experimental mass transfer
coefficients, the results of this validation procedure, is depicted in
Figure 6.9. Figure 6.10 shows the parity plot for experimental and
calculated mass transfer coefficients for ReL < 300. The model was
considered satisfactory with maximum deviations from the experimental values of approximately 15 %.
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Figure 6.9: Comparison between experimental (points) and calculated
(continuous lines) overall mass transfer coefficients Kov. Pressure: 7.0
bar, liquid flowrate: 10 kg h-1.
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Figure 6.10: Parity plot of experimental and calculated values of the
overall mass transfer coefficient Kov. ReL < 300.
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6.3.4 Reactor design
The following model, combining the knowledge acquired on the
intrinsic kinetics of the system and on the hydrogen mass transfer
coefficient was finally used to simulate the concentration profiles in a
system of several porous structured reactors in series.
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The hydrogen mass transfer coefficients were calculated using
Sherwood number estimated by Eqs. (6.18). The proposed model
allows to simulate the concentrations of the reacting species along the
axis of the series of structured reactors under a defined set of operating conditions as depicted in the exemplary Figure 6.11 and Figure
6.12.
Figure 6.13 shows the calculated MBY concentration profiles at
various temperatures. Temperature affects both intrinsic kinetics and
overall mass transfer coefficient of the process resulting in higher
reaction rates.
The model is clearly based on the simplifying assumption of isobaric and isothermal conditions along the reactor axis. This is obviously not realistic for a reactor consisting of several porous structures
in series due to the pressure drop and to the heat losses along the axis.
Nevertheless, it can be considered a practical tool for a preliminary
design of a pilot plant for continuous hydrogenation of MBY in flow.
The model also allows prediction of conversion, reaction rate and
selectivity and can be used, therefore, to optimize the operating
conditions of the process depending on the desired output.
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Figure 6.11: Calculated concentration profiles along the axial length
of the structured reactor. Conditions: 363 K, 7.0 bar, liquid flowrate:
10 kg h-1, gas flowrate: 1.0 NL min-1, initial concentration of MBY: ca
10 wt %.
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Figure 6.12: Calculated concentration profiles along the axial length
of the structured reactor. Conditions: 363 K, 7.0 bar, liquid flowrate:
10 kg h-1, gas flowrate: 1.0 NL min-1, pure MBY as initial solution.
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Figure 6.13: Calculated concentration profiles of MBY along the axial
length of the structured reactor at various temperatures. Conditions:
7.0 bar, liquid flowrate: 10 kg h-1, gas flowrate: 1.0 NL min-1.

6.3.5 Conclusions
In this chapter, the designed structured reactor was tested in the
continuous solvent-free hydrogenation of MBY. A simple plug flow
model was assumed because of the liquid Péclet number was higher
than 50 in the range of investigated conditions.
MBY reaction rate was found to increase linearly with pressure.
The strong effect of the gas velocity on the conversion of MBY was
attributed to the mass transport phenomena limiting the experimental results.
The overall external mass transfer coefficients Kov were estimated
based on the knowledge of the intrinsic kinetics of the process acquired during previous investigations. The Kov values for hydrogen
were found to range between 0.2 and 1.2 s-1 under the reacting conditions. An empirical correlation was proposed to estimate these
coefficients with very good agreement (± 15 %) with experimental
data for liquid Reynolds number lower than 300. The mathematical
model can accurately describe the influence of the process parameters
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(temperature, pressure, gas and liquid flowrates) on the experimental
mass transfer coefficients.
Separate G-L and L-S mass transfer measurements as well as a
detailed hydrodynamic study would be useful to validate these results.
The developed mathematical model, combining kinetics and mass
transfer, can be used for a preliminary design of a structured reactor
for continuous hydrogenation of MBY.
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In this work the kinetic mechanisms and the mass transfer properties of alkyne hydrogenations with industrial relevance in vitamin
synthesis have been addressed.
These reactions are industrially carried out in the liquid phase in
batch processes in the presence of Lindlar catalyst, a Pd/CaCO3
powder modified by the addition of lead to improve alkene selectivity.
This thesis originates from the practical need to intensify these
processes in prospect of a transition from batch to continuous. Particular attention was dedicated to the use of a Pd-based lead-free
catalyst in combination with structured reactors.
In the following paragraphs the main findings are shortly summarized.

Kinetic modelling of MBY and DIP hydrogenations
In order to understand the intrinsic kinetics of the reacting systems, batch experiments were performed in a stirred reactor over a
commercial Lindlar catalyst. Kinetic studies were conducted on the
selective hydrogenations of MBY and DIP, which are key reactions in
the manufacture of α-tocopherol, one of the components with the
highest vitamin E activity.
Langmuir-Hinshelwood mechanisms based on non-competitive
adsorption between hydrogen and organic species and dissociative
adsorption of hydrogen were proposed to describe the kinetics of these
reacting processes.
Volumetric G-L mass transfer coefficients were estimated in a
range of temperature and in the absence of the catalyst by gas ab-
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sorption experiments. The L-S mass transfer coefficients were theoretically calculated by means of empirical correlations and found to be
significantly higher than the corresponding G-L coefficients. G-L mass
transfer resistances which presented non-negligible values were included in the model.
The main aim of this study was proposing a general mathematical
model and a detailed set of kinetic parameters able to accurately
predict the concentration profiles of the species involved in the hydrogenation processes at varying temperatures, pressures and catalyst
loadings.
The experiments were designed to investigate the typical mild
operating conditions of industrial reactors.
The mathematical models, successfully validated allow to predict
the influence of the operating conditions and of the addition of
quinoline, as reaction modifier, on the selectivity of the process. The
selectivity of dehydroisophytol hydrogenation to the corresponding
alkene was found to decrease with temperature. On the other hand,
no significant effect of the hydrogen pressure on the selectivity was
observed in the investigated operating range.

Pd/ZnO catalyst for selective hydrogenations of alkynes
A Pd/ZnO catalyst was developed and tested in the selective hydrogenation of MBY. The catalyst was prepared by coating a metal
powder with a ZnO/Al2O3 base layer impregnated, in a later stage,
with Pd nanoparticles. The microstructure of the catalyst was observed and chemically characterized by FIB/SEM equipped with
EDX apparatus.
The metal particles appear to be fully coated with a homogeneous
base layer about 700 nm thick. HAADF-STEM analysis reveals that
Pd is dispersed on the external surface of the catalyst in the form of
nanoparticles with diameters up to 10 nm and larger agglomerations
in certain regions.
The process exhibits higher initial activity and selectivity compared to the commercial Lindlar catalyst. The high selectivity of the
process to MBE was ascribed to the thermodynamics of the alkyne
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hydrogenation. Zn acts as a promoter in Pd-based catalysts resulting
in a lower adsorption strength of alkynes and alkenes and, as a
consequence, in a higher process selectivity.

Hydrogenation of MBY in a structured reactor with
Pd/ZnO catalyst
A porous tubular metal structure characterized by a regular geometry was coated with a layer of ZnO/Al2O3 and impregnated with
Pd nanoparticles. The reactor was operated in semi-batch mode with
recirculation of the process liquid and continuous supply of hydrogen
with co-current upward flow.
Several experimental runs were performed at varying temperatures
and hydrogen flowrates. The experiments conducted at high gas
flowrates showed constant initial reaction rate and were, for this
reason, assumed to occur in absence of any mass transfer limitation.
On the other hand, at low hydrogen flowrates, the experimental
reaction rate was found to be strongly dependent on gas velocity.
The Langmuir-Hinshelwood kinetic model, previously developed
for the hydrogenation over Lindlar catalyst, was adapted and used to
estimate the relevant kinetic and adsorption parameters governing the
process.
The extension of the model to the mass transfer limited regime, at
low hydrogen flowrates, allowed the estimation of an overall mass
transfer coefficient. The occurrence of transport limitations in this
operating window was confirmed by high values of Carberry number.
The mathematical model, successfully validated, is able to accurately predict the concentration profiles of the species involved in the
system at varying temperatures and pressures in both kinetic and
mass transfer limited regimes.

Continuous hydrogenation of MBY in a structured reactor
The previously characterized structured reactor was tested in the
continuous hydrogenation of MBY aiming at Process Intensification.
.
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Overall external mass transfer was found to strongly limit the
performance of the process. The kinetic and adsorption parameters,
previously estimated during the experimental campaign in semi-batch
mode, were used during this study without any further adjustment.
A simple plug flow reactor model, justified by high values of Péclet
number, was applied to estimate the overall mass transfer coefficient
under reacting conditions. The results were modelled proposing a
Sherwood number correlation which gives good agreement with
experimental data.
The mass transfer behaviour can reasonably reflect the performance of an industrial multi-tubular reactor with higher capacity.
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8 Outlook
In this work the kinetic mechanisms and the mass transfer properties of alkyne hydrogenations with industrial relevance in vitamin
synthesis have been addressed.
This section tries to give directions for future research on the topic
with respect to applications of new measurement techniques and
design of the reactor support.

8.1 Design of the porous structure
The laser sintering technique used to produce the designed structured reactor allows to design three-dimensional metal supports of
nearly any shape. The optimal geometry of a structured reactor for
exothermic three-phase reactions is related to the following requirements:
•
•
•
•

L-S specific surface area for catalyst loading
G-L specific surface area
Mixing properties
Heat transfer and thermal homogenization

Simple design procedures can improve some of these requirements.
A novel structured reactor geometry (triangular structure) was
recently designed with larger specific surface area and improved
dispersion properties [117][118]. The geometrical structure and the
unit cell of the reactor support are depicted in Figure 8.1.
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The triangular structure is characterized by triangular channels
following the concept of a monolith reactor. However, the channels are
radially translated resulting in break-up of the gas bubbles and
improved mixing properties.
The triangular channels were chosen to increase the specific surface area of the reactor while keeping low pressure drops.
The main features of this structured reactor are listed in
Table 8.1.
It is worth noting that the triangular structure exhibits a double
specific surface area compared to the previously investigated porous
structure. Therefore, this novel support could be theoretically loaded
with a bigger amount of active catalyst.

Figure 8.1: Left: Auxiliary view of the triangular structure. Right:
unit cell of the triangular structure. Adapted from [117].
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Table 8.1: Triangular structured reactor characteristics.
Parameter
Length
Inner diameter
Side length triangle
Structure volume
Porosity
Specific surface area
Hydraulic diameter

Units
m
m
m
m3
m-1
m

Value
0.2
1.4·10-2
2.4·10-3
7.0·10-6
0.77
2587
1.2·10-3

8.2 Preliminary experiments
The triangular structured reactor was subjected to thermal
pre-treatment, coating with an Al2O3/ZnO base layer, Pd deposition
and thermal activation following the same experimental procedure
presented in Section 5.2.1 (same catalyst loading). Figure 8.2 shows
the cross section of the metal support before and after the catalyst
deposition.
SEM analysis should be conducted on sections of the structure in
order to gain knowledge of the base layer thickness and the Pd
distribution.
The triangular structured reactor was tested in the continuous
hydrogenation of MBY using the experimental setup and procedure
previously described in Section 6.2.
Figure 8.3 and Figure 8.4 show a comparison of the MBY hydrogenation rate over the porous and the triangular structured reactors
at various temperatures and pressures. These preliminary results
obtained using this novel structured reactor show an increased reaction rate (30 – 40 %) compared to the porous structure. The improved
performance can be ascribed to the larger L-S surface area and to a
higher G-L mass transfer coefficient. However, a detailed study under
a wide range of operating conditions has to be conducted in order to
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characterize the mass transport properties of the structure. Further
investigations in this direction are currently in progress.

Figure 8.2: Left: Cross section of the metal support of the triangular
structured reactor. Right: Cross section of the Pd-Al2O3/ZnO coated
triangular structured reactor.
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Figure 8.3: Effect of temperature on the MBY hydrogenation rate
over porous and triangular structured reactor. Pressure: 7.0 bar, liquid
flowrate: 10 kg h-1, hydrogen flowrate: 1 NL min-1.
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Figure 8.4: Effect of pressure on the MBY hydrogenation rate over
porous and triangular structured reactor. Temperature: 363 K, liquid
flowrate: 10 kg h-1, hydrogen flowrate: 1 NL min-1.

8.3 Bubble size measurement
G-L mass transfer phenomena were found to strongly affect the
experimental results during the hydrogenation experiments.
The mathematical model describing the intrinsic kinetics of the
system was extended to the mass transfer limited regime using an
overall coefficient Kov. This mass transfer coefficient includes the
fundamental information on the G-L specific surface, affecting the
transport phenomena.
The mathematical model can certainly be improved by means of
direct characterization of bubble sizes and distributions.
The view-cell installed in the experimental setup at the reactor
inlet offers the possibility of predicting the impact of the operating
parameters (temperature, pressure, liquid and gas velocity) on the
bubble size. Bubble diameters are expected to decrease with increasing Re due to increasing shear forces in the structure.
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However, the break-up of the bubbles in the porous channel is
expected to increase the G-L specific contact surface resulting in
improved mass transport.
Recently, Altheimer et al. applied shadow imaging to a bubbly
G-L two-phase flow in a porous structure [113]. This technique is a
useful method to acquire information on gas hold-up and total interfacial area for two-phase flow in complex geometries. During that
study this method was applied to a porous structure made of a clear
epoxy resin. Optical access was provided by using an aqueous solution
of sodium iodide and zinc iodide as liquid phase in order to have the
same refractive index as the structure material. Nitrogen was injected
as gas phase for safety issues.
Taking into account the complexity of the proposed measurement
technique in combination with the system MBY/hydrogen, the G-L
two-phase flow could be investigated in numerical simulations. In this
way, details on bubble size, as well as velocity profiles, liquid velocity
fields and additionally, heat transfer, could be determined.
A functional trend to describe the change of the G-L specific surface along the reactor axis under different operating conditions could
be implemented in the mathematical model in order to improve the
model predictions.
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