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Zusammenfassung

Energie aus Biomasse ist eine CO2-neutrale, nachhaltige Energieform.
Durch Vergärung kann heute aus Biomasse Biogas gewonnen werden, das
neben CO2 und zahlreichen Verunreinigungen rund 60 % Methan enthält.
Die meisten Biomassesortimente enthalten nicht vergärbare Bestandteile;
bei holzartiger Biomasse ist dieser besonders hoch. Daher eignen sich kon-
ventionelle Vergärungsverfahren nicht zur Biogasproduktion aus holzarti-
ger Biomasse. Während Holz bereits durch konventionelle thermische
Verfahren energetisch genutzt wird (Vergasung mit nachgeschalteter
Methanierung), stellen insbesondere Hofdünger, Gülle, und Klärschlamm
ein nahezu ungenutztes Energiepotenzial dar (Schweizer Güllenutzung
derzeit: 0.4 %). Hier jedoch liefern aufgrund des hohen Wassergehalts
konventionelle Gasphasenverfahren einen zu tiefen Wirkungsgrad
(Feuchtigkeit wird verdampft, energetisch aufwändig). Als Alternative
bietet sich die hydrothermale Vergasung an: der Wassergehalt der Bio-
masse dient als Reaktionsmedium, welches unter hohem Druck um
30 MPa als überkritisches Fluid vorliegt und apolare Eigenschaften
besitzt; Teer-Vorläufersubstanzen, die bei der konventionellen Vergasung
zu Problemen führen, können so gelöst und vergast werden. Aufgrund der
fehlenden Verdampfungswärme sind hohe thermische Wirkungsgrade
möglich (65 — 70 %). Die in der Biomasse enthaltenen Nährsalze (Gülle:
ca. 20 gew % der Trockenmasse, TM) können aufgrund der stark reduz-
ierten Löslichkeit in überkritischem Wasser abgeschieden und für
Düngezwecke weiterverwendet werden. Mit der energetischen Nutzung
geht also eine stoffliche einher.

Ziel des Projekts am PSI war es, ein katalytisches Verfahren zu entwi-
ckeln, das die Vergasung nasser Biomasse zu synthetischem Naturgas
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(SNG) in einer kontinuierlichen Anlage im Labormassstab demonstriert
(Biomassedurchsatz 1 kg/h, liefert bei 40 gew % ca. 200 LSNG/h, was
einer thermischen Brennleistung von 1 kWth. entspricht). Die Anlage
sollte idealerweise Feststoffsuspensionen fördern können. Verschiedene
Katalysatoren wurden ausgewählt (z.T. selbst synthetisiert) und auf ihre
Stabilität im hydrothermalen Medium und auf ihre Salzverträglichkeit
(am Beispiel Sulfat) getestet und charakterisiert (mittels TG/FTIR,
TPO/TPR, TOC, BET, XRD, XPS, ICP, TEM, HAADF-STEM und
SEM-EDXS). Die Biomasse wurde auf ihre Bestandteile untersucht
(Soxhlet-Extraktion, ICP, HPIEC), um eine zuverlässige Abschätzung des
Energieinhalts zu erhalten, was den Grundstein für Wirtschaftlich-
keitsrechnungen bildet. Der untere Heizwert der aufkonzentrierten Schwei-
negülle wurde zu 16.3 MJ/kgTrockenmasse bestimmt.

Skelettartige Nickelkatalysatoren, aufgrund ihres attraktiven Preises in
der Industrie häufig eingesetzt, vermochten Holzsuspensionen (Konz. 10 —
30 gew %) in einem Batchreaktor hydrothermal vollständig zu synthe-
tischem Naturgas zu vergasen, mit einer Methanausbeute von 0.33

, was der thermodynamisch maximalen Ausbeute entsprach.
Güllesuspensionen wurden ebenfalls hydrothermal vergast. Die höchste
Ausbeute war jedoch nur 0.21 , was bei 80 % des thermodyna-
misch Möglichen lag. Grund dafür waren in der Gülle enthaltene Salze,
die vor den Versuchen nicht abgetrennt worden waren und den Katalysa-
tor deaktivierten. Dies verdeutlichte die Wichtigkeit einer integrierten
Salzausschleusung bei einer Demonstrationsanlage.

In einer kontinuierlich arbeitenden Laborapparatur, mit der nur Flüs-
sigkeiten gefördert werden können, wurden die vielversprechendsten
Katalysatorsysteme (Nickel, Ruthenium) auf ihre Langzeit-Aktivität und
-Stabilität in hydrothermalem Milieu geprüft. Als Biomasse diente ein
Gemisch aus fünf organischen Substanzen (Ameisen- und Essigsäure,
Ethanol, Phenol und Anisol), das hydrolysiertem Holz chemisch ähnlich
ist. Die Nickel-Skelettkatalysatoren erwiesen sich als aktiv aber nicht sta-
bil, und deaktivierten innert weniger Stunden. Eine Stabilisierung durch

gCH4
/gHolz

gCH4
/gTM
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Zudotieren weiterer Metalle (Ru, Mo, Cu) war nicht erfolgreich. Ru/TiO2
war zuwenig aktiv, aber Ru/C vergaste das Gemisch bei hohen Katalysa-
torbelastungen vollständig während über 200 h, wobei das Produktgas
Gleichgewichtszusammensetzung aufwies.

Dieser Katalysator wurde auf seine Sulfatverträglichkeit hin untersucht,
welche sich als schlecht herausstellte: die Zufuhr weniger ppm deaktivierte
den Katalysator innert weniger Stunden. Der Deaktivierungsmechanismus
wurde als chemische Vergiftung identifiziert; die im hydrothermalen
Umfeld vorliegende Spezies (Sulfat oder Sulfid) ist unklar. Die Beobacht-
ungen können mit beiden Thesen erklärt werden.

Ein Heizsystem für Quarzkapillaren erlaubte die optische Untersuchung
von hydrothermalen Vorgängen. Die geringen Mengen an verwendetem
Material (wenige hundert Milligramm) und häufige Kapillarexplosionen
führten jedoch dazu, dass das System nicht weiter genutzt wurde.

Die Förderung von Feststoffsuspensionen erwies sich im Labormassstab
als ein nicht zu lösendes Problem. Entsprechend können mit der neu auf-
gestellten Anlage nur Flüssigbiomassen gefördert werden. Als geeignet
erschien Palmöl-Pyrolysekondensat, ein in Indonesien problematischer
Abfallstrom mit hohem Organikagehalt (über 40 gew %). Erste Ver-
gasungsversuche mit Ethanol und Salzausschleusungsversuche mit Natri-
umsulfat in dieser Anlage waren erfolgreich.
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Abstract

Energy from biomass is a CO2 neutral, sustainable form of energy. Anaer-
obic digestion is an established technology for converting biomass to bio-
gas, which contains around 60 % methane, besides CO2 and various
contaminants. Most types of biomass contain material that cannot be
digested; in woody biomass, this portion is particularly high. Therefore,
conventional anaerobic digestion is not suited for the production of biogas
from woody biomass.

While wood is already being converted to energy by conventional thermal
methods (gasification with subsequent methanation), dung, manure, and
sewage sludge represent types of biomass whose energy potential remains
largely untapped (present energetic use of manure in Switzerland: 0.4 %).
Conventional gas phase processes suffer from a low efficiency due to the
high water content of the feed (enthalpy of vaporization). An alternative
technology is the hydrothermal gasification: the water contained within
the biomass serves as reaction medium, which at high pressures of around
30 MPa turns into a supercritical fluid that exhibits apolar properties.
Under these conditions, tar precursors, which cause significant problems
in conventional gasification, can be solubilized and gasified. The need to
dry the biomass prior to gasification is obsolete, and as a consequence
high thermal process efficiencies (65 — 70 %) are possible. Due to their
low solubility in supercritical water, the inorganics that are present in the
biomass (up to 20 wt % of the dry matter of manure) can be separated
and further used as fertilizer. The biomass is thus not only converted into
an energy carrier, but it allows valuable substances contained in the bio-
mass to be extracted and re-used. Furthermore, the process can be used
for aqueous waste stream destruction.
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The aim of this project at PSI was to develop a catalytic process that
demonstrates the gasification of wet biomass to synthetic natural gas
(SNG) in a continuously operating plant on a laboratory scale (through-
put 1 kg/hr, which yields about 200 LSNG/hr with a thermal heating
power of 1 kWth. for a feed concentration of 40 wt %). Ideally, the pilot
plant should be capable of conveying solid containing slurries.

Various catalysts were selected (some of them were synthesized in-house)
and tested for their stability under hydrothermal conditions and for their
tolerance towards inorganic salts (sulfate was chosen as model substance
for these tests). The catalysts were characterized by numerous techniques
(such as TG/FTIR, TPO/TPR, TOC, BET, XRD, XPS, ICP, TEM,
HAADF-STEM, and SEM-EDXS). The biomass was analyzed for its con-
stituents in order to get a reliable estimate of its energy content, which is
essential for the calculation of the process economics. The lower heating
value of concentrated swine manure was found to be 16.3 MJ/kgdry matter.
Skeletal nickel catalysts, which are widely used in the industry due to
their attractive price, gasified wood suspensions (conc. 10 — 30 wt %) in a
batch reactor completely to SNG. The methane yield was 0.33

, which corresponds to the maximum yield governed by
thermodynamics. Manure suspensions were also gasified in the hydrother-
mal environment. The highest methane yield achieved was only 0.21

, which is 80 % of the maximum yield by thermodyna-
mics. The reason for this were the salts present in the manure, which had
not been separated before the experiments and caused the deactivation of
the catalyst. Thus, the importance of an integrated salt separator in a
demonstration plant cannot be emphasized enough.

The most promising catalyst systems (nickel, ruthenium) were tested for
their activity and stability in the hydrothermal environment in a continu-
ously operating test rig, where due to the applied pump only liquids could
be fed. A mixture of five organic substances (formic and acetic acid, etha-
nol, phenol, and anisole) that approximates hydrolyzed wood served as
feed. The skeletal nickel catalysts turned out to be active but not stable,

gCH4
/gwood, dry

gCH4
/gdry matter
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as they deactivated within a few hours. The attempt to stabilize them by
co-doping of other metals (Ru, Mo, Cu) was not successful. Ru/TiO2 was
not active enough, but Ru/C completely gasified the mixture at high
space velocities over a period of more than 200 hours; the product gas
composition corresponded at all times to the the thermodynamic equilib-
rium composition. This catalyst was tested for its tolerance towards sul-
fate, which turned out to be low: the addition of a few ppm to the feed
led to a deactivation within hours. The deactivation mechanism was iden-
tified as chemical poisoning. The poisoning species which is present in-
situ in the hydrothermal environment (sulfate vs. sulfide) is not clear.
The experimental evidence can be explained by both hypotheses.

A heating system for quartz capillaries rendered the visual examination of
hydrothermal processes possible. Due to the required low amounts of feed
material (a few hundred milligrams) and frequent capillary explosions, the
usage of the system was discontinued.

The conveying of solid containing slurries on the laboratory scale turned
out to remained to be an unsolved problem. Thus, only liquid type bio-
mass can be fed with the process demonstration unit that was built. A
suitable feedstock was found with palm oil pyrolysis condensate, a prob-
lematic waste stream very common in Indonesia, that has a high organic
content (exceeding 40 wt %). Preliminary gasification experiments with
ethanol and salt separation experiments with sodium sulfate were success-
ful.
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Notation

Greek Symbols

symbol meaning units

αi slope of the linear regression of molar den-
sity vs. pressure of substance i, as used in 
(3.2) on page 53

mol/(m3 Pa)

βi intercept of the linear regression of molar 
density vs. pressure of substance i, as used in 
(3.2) on page 53

mol/m3

Δ2θ peak width of X-Ray diffractogam rad

ΔHvap. enthalpy of vaporization kJ/mol, kJ/kg

ΔrH° standard enthalpy of reaction kJ/mol

ε void fraction [—]

εr dielectric constant (relative dielectric per-
mittivity)

[—]

η dynamic viscosity Pa s

ηth. thermal process efficiency [—]

θ half-angle of incidence of X-Ray rad

λ wave-length nm

λi thermal conductivity of substance i W/(m K)

ρ density kg/m3

τ residence time min.

χ electrical conductivity μS/cm
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Roman Symbols

symbol meaning units

a thermal diffusivity m2/s

As specific surface area of active metal M,
As = wM·S

m2/gcat., dry

B crystallite size determined by XRD nm

CE carbon equivalents mgC/L

cp heat capacity at constant pressure kJ/mol, kJ/kg

D dispersion of metal M,

D = nM, surface/nM, tot.

[—]

di inner diameter m

DOC Dissolved Organic Carbon mg/L

DOCaq. Dissolved Organic Carbon in the residual 
aqueous phase, DOCaq. = mC,org./msolution

mg/kg

GE carbon gasification efficiency, 
GE = nC,gas/nC,feed

[—]

GE100 carbon gasification efficiency scaled to 100 % 
carbon balance closure, 
GE100 = GE/Cbalance

[—]

ha hectares (= 10’000 m2)

HHV Higher Heating Value MJ/kg

IC Inorganic Carbon mg/L

ICaq. Inorganic Carbon in the residual aqueous 
phase, ICaq. = mC,inorg./msolution

mg/kg

IL Incineration Loss %

IR Incineration Residue %

k adsorption frequency factor (by BET) [—]

Henry’s law constant mol/(Pa m3)KH
0



Notation xix
l crystallite size determined by oxygen chemi-
sorption

nm

L length of the preheater, as defined by (8.2) on 
page 235

m

LE carbon liquefaction efficiency,

LE = 

[—]

LHSV liquid hourly space velocity

LHSV = Vfeed/(Vreactor hr)
hr—1, short for

Lfeed/(Lreactor hr)

LHV Lower Heating Value MJ/kg

MRu molar mass of ruthenium (101.07 g/mol) g/mol

NA Avogadro’s number (= 6.022×1023/mol) 1/mol

pc critical pressure (22.1 MPa for water) MPa

ppm parts per million; if used for concentrations of 
inorganic salts, ppm is defined as 

mgsalt/kgmixture, e.g. /kgmixture.

(mgsalt/kgmixture)

R universal gas constant

(= 8.314 Pa m3/(K mol))
Pa m3/(K mol)

S active metal surface area m2/gactive metal

SBET BET surface area m2/gcat., dry

Sm occupation surface of one ads. molecule m2

t time s, min., hr

Tc critical temperature (374 °C for water) °C

TC Total Carbon Content mg/L

TCres. total carbon content in the residue by DC-190 
(boat module), TCres. = mC/mres.

mg/gres.

TOC Total Organic Carbon mg/L

v velocity m/s

symbol meaning units

nC H2O, nC, tars+( )/nC, feed

mgNa2SO4
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Abbreviations

Vm volume of a monolayer of adsorbed N2 m3

w weight fraction [—]

WHSVa weight hourly space velocity,
WHSV = mbiomass/(mcat.,dry hr)

hr—1, short for 
gbiomass/(gcat.,dry hr)

XC dissolved carbon conversion,

XC = 1—

[—]

methane yield

= /mbiomass

Ygas gas yield at normal atmospheric conditions 
(1 atm, 0 °C)
Ygas = Vgas/mbiomass

L/gbiomass

zi compressibility factor of gas i [—]

a. The WHSV is defined with respect to the flow rate of biomass, i.e. hydrocarbons, rather than
with respect to the total flow rate. The feed concentration is thus incorporated.

abbreviation meaning

5-HMF 5-hydroxymethylfurfural

BPR Backpressure Regulator

CSTR Continuous Stirred Tank Reactor

daf dry ash free

DM Dry Matter

EA Elemental Analysis

EDXS Energy Dispersive X-Ray Spectroscopy

EJ exajoule (1018 J)

symbol meaning units

nC H2O, /nC, feed( )

YCH4
YCH4

mCH4

gCH4
/gbiomass
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EPFL Ecole Polytechnique Fédérale de Lausanne

ETH Eidgenössische Technische Hochschule

EXAFS Extended X-Ray Absorption Fine Structure

FID Flame Ionization Detector

GC Gas Chromatography

HAADF High-Angular Annular Dark Field

HOPG Highly Oriented Pyrolytic Graphite

HPIEC High Pressure Ion Exchange Chromatography

HPLC High Pressure Liquid Chromatography

KF Karl Fischer

MIT Massachusetts Institute of Technology

MS Mass Spectrometry

PDU Process Demonstration Unit

PJ petajoule (1015 J)

PSA Pressure Swing Adsorption

PSI Paul Scherrer Institut

SCW Supercritical Water

SCWG Supercritical Water Gasification

SCWO Supercritical Water Oxidation

SEM Scanning Electron Microscopy

SLW Synthetic Liquefied Wood
(acetic acid, formic acid, ethanol, phenol, anisole)

SNG Synthetic Natural Gas

(S)TEM (Scanning) Transmission Electron Microscopy

TCD Thermal Conductivity Detector

TG—FTIR Thermogravimetry—Fourier Transform Infrared Spectroscopy

TM Trockenmasse

abbreviation meaning



xxii Notation
TOX Total Oxidation

TPO Temperature Programmed Oxidation

TPR Temperature Programmed Reduction

WGS(R) Water Gas Shift (Reaction)

XPS X-Ray Photoelectron Spectroscopy

XRD X-Ray Diffraction

abbreviation meaning
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Chapter 1: Introduction

1.1 Motivation — Positioning of the Hydrothermal 
Gasification

1.1.1 Biomass Potentials and Swiss Energy Consumption

Worldwide, biomass is the fourth largest energy resource after coal, oil,
and natural gas [1], providing about 14 % of the world’s energy needs [2].
The potential of biomass in the European Union (EU15) adds up to 6.75
EJ/yr (corresponding to 9 % of the EU energy consumption, 72 EJ/yr),
out of which roughly half stems from wood, and 11 % or 750 PJ/yr from
manure (remainder: straw and other crop residues) [3]. The amount of
residual biomass in the European Union only is reported to exceed 200
Mt/yr [4], which equals to some 3000 PJ/yr.
In Switzerland, the ecological annual energy potential of biomass is
around 122 PJ, out of which 45 PJ arise from wood (2003 used: 9 PJ).
Manure has a substantial potential of 23 PJ which is largely untapped, as
only 0.1 PJ or 0.4 % are used to produce energy today (mostly by anaero-
bic digestion). Also, industrial and household waste streams (27 PJ) could
be used more extensively for energy production (2003 used: 19 PJ) [5].
Clearly, agricultural waste has the largest incremental potential of all
types of biomass.
Opposed to these 122 PJ that could be used for the production of energy
from biomass, the annual site energy1 demand in Switzerland in 2003 was
875 PJ (200 PJ electricity, 400 PJ heating fuels, 275 PJ transportation
fuels) [5]. Thus, if all manure were processed to fuels (at 65 % net effi-

1. site energy corresponds to the secondary energy, where losses due to transportation to the final user
are deducted.
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ciency), more than 5 % of all fuels used for transportation in Switzerland
could be replaced. This figure seems small, but corresponds to savings of
460 million liters of gasoline2 per year. In addition, emissions from the
manure to the soil and the air can be avoided, waste biomass can be
destroyed, and valuable nutrients recovered at the same time (see
section 1.1.5).

1.1.2 Established Biomass Processing Technologies

Biomass is a generic term for a variety of different feedstocks. Hence, dif-
ferent technologies exhibit better or poorer performance when processing
these different types of biomass. They can be classified into two main
groups: thermal and biological conversion technologies [3].

Typical thermal conversion processes are:

• pyrolysis (where charcoal, bio-oil, or fuel gas are the target products)

• gasification (where fuel gas is the target product, which can be fur-
ther processed to liquid fuels by Fischer—Tropsch synthesis, or to syn-
thetic natural gas by methanation)

• combustion (where the generation of heat is the main product)

Typical biological conversion technologies are:

• fermentation (where ethanol and carbon dioxide are produced with
yeast)

• anaerobic, bacterial digestion (where biogas is the main product).

For the production of fuel gas as a secondary energy carrier, high temper-
ature gasification and anaerobic digestion are the main established tech-
nologies.

2. avgerage energy content of gasoline: 32 MJ/L [6].
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1.1.3 High Temperature Gasification

High temperature gasification is an option for dry feedstocks such as coal,
straw, or wood. At the temperatures used (800 — 1000 °C), synthesis gas
(H2 and CO) is the main product. A methanation unit can be added if
synthetic natural gas (SNG) is the target product rather than synthesis
gas [7], or a Fischer—Tropsch unit for the production of liquids (synthetic
diesel) [8]. For more information about SNG, refer to section 1.3. The effi-
ciency of biomass to SNG is good (around 54 — 58 % for absolutely dry
wood [9]), but the feedstock should be as dry as possible (max. 10 — 15
wt % water [10]). SNG production costs from dry wood by gasification
are 9 — 10 €/GJSNG

3 for a 100 MWth. plant [10], no calculations for
smaller plants could be found. However, for wet biomass, the efficiency
drops drastically due to the heat of evaporation (2.4 MJ/kg at atmo-
spheric conditions).

1.1.4 Anaerobic Digestion

For wet types of biomass, anaerobic digestion is a proven technology. A
drawback is the very long residence time (typically 10 to 30 days) of the
feedstock to yield a reasonable gas production. Thus, it is limited to
small-scale, decentralized applications. To process the manure on large
cattle farms, huge digesters would be necessary. A farm with 10’000 cattle
(typical farm size in Canada and the US [11]) produces 260 tons of
manure in just one day (average cattle mass 450 kg, producing manure at
58 kg/1000 kg cattle) [12]. Over a typical 20 days anaerobic digestion
cycle, this sums to more than 5000 m3, illustrating the required size of a
digester.
In addition, only 30 — 60 % of the solid input is typically converted to
biogas, while the rest transforms into a solid residue, which needs to be
disposed of. In order to obtain a gas that meets the requirements for

3. Mozzafarian et al. originally reported 8 — 9 €/GJSNG for a process efficiency of 65 % for wood to

SNG. Duret and co-workers presented a more realistic calculation and reported an efficiency of 54 —
58 % [9]. Thus, the costs reported by Mozzafarian et al. were corrected from 65 % to 58 %.
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injection into the gas grid, the biogas (around 55 — 75 vol % CH4, 25 — 45
vol % CO2, with traces of H2S, NH3, and other, often odorous substances)
needs to be cleaned and upgraded.

1.1.5 Hydrothermal Gasification

The hydrothermal gasification is a promising new route for most kinds of
wet biomass streams such as manure, sewage sludge, and wet forestry
residues. Unlike anaerobic digestion, it fully converts all organic feedstock
leaving no residue. Thus, not only can the feedstock be converted to gas,
but the waste problem is simultaneously solved as well.
The hydrothermal gasification concept developed at the Paul Scherrer
Institut (PSI) targets a more holistic usage of the wet biomass’ contents,
shown in Figure 1.1. The organic part is fully decomposed to synthetic
natural gas (used for heating purposes, generation of electricity, or as
fuel), the inorganic nutrients (N, P, K, Mg, Ca) are recovered in a rather
pure and concentrated brine (to be used as fertilizer) and possible toxic or
bioactive substances such as prions, hormones, or antibiotics are fully
destroyed. The water content is leaving the plant as an aqueous stream
virtually free of dissolved organics. It can be fed to the municipal waste
water treatment plant without any further purification step.

Figure 1.1: The concept proposes a holistic usage of the biomass, here in the
case of manure.

agriculture manure hydrothermal
plant

energy
(CH4)

fertilizer
(N,P,K)

clean
wateragriculture manure hydrothermal

plant

energy
(CH4)

fertilizer
(N,P,K)

clean
water
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Within the process, the nutrient salts can be fully recovered and used for
fertilization. In contrast, if manure is directly distributed onto the fields
as fertilizer, only about 1/3 of the total nitrogen contained is transferred
to the plants as a fertilizing agent, while more than 2/3 are lost to the air
or to the soil [13], as is depicted in Figure 1.2.

Figure 1.2: Distribution of the nitrogen containing compounds to air, plants,
and soil. Only 1/3 is delivered as nutrient to plants.

The technologies are compared in the following subsection, while a more
technical description of the process idea of the hydrothermal gasification
is described in section 1.2.

1.1.6 Comparison of the Technologies

Yoshida and co-workers have carried out a comparison of several biomass
processing technologies [14]. They conclude that from an energetic point
of view, supercritical water gasification (SCWG, or hydrothermal gasifica-
tion), is the technology of choice for all wet types of biomass. However,
this new technology is still at a stage of development.
The efficiencies of the three technologies (high temperature gasification,
anaerobic digestion and hydrothermal gasification) for the generation of
electricity and the generation of heat are depicted in Figure 1.3. The total
efficiency is defined as the energy content of the product divided by the
energy content of all inputs, including the feedstock and the electricity for
the biomass production. It can be clearly seen that for biomass with a
moisture content exceeding 40 wt %, supercritical water gasification is
superior to any of the other technologies.
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Figure 1.3: Comparison of the efficiency of thermal processing, supercritical
water gasification and anaerobic digestion for variable feed stock
moisture content. Left: total efficiency of heat utilization process.
Right: total efficiency of a combined cycle (thermal and supercritical
water gasification + steam turbine, anaerobic digestion + gas
combustion). Data from Yoshida et al. [14]

Thermal process efficiencies ηth. as high as 70 % for wood-to-methane can
be expected for a hydrothermal gasification plant (size: 20 MWth.), yield-
ing an SNG price of around 10 USD/GJSNG [15-17]. Matsumura calcu-
lated the thermal efficiency of producing natural gas from water
hyacinths and presented similiar figures (ηth. = 65 %). He also compared
it to biomethanation (anaerobic digestion, ηth. = 49 %4), for which huge
fermenters and long residence times (τ around 20 days) are required, leav-
ing solid residues that need to be disposed of [18].
A further comparison of the three technologies can be found in Table 1.1.
If the hydrothermal process can be developed to reach a commercial

4. Matsumura assumed that the product gas consisted of 100 vol % CH4. A concentration of 60 vol % is

more realistic. Then, gas cleaning is an extra step, additionally lowering the thermal efficiency to 25
— 30 %, which is in better agreement with data from other researchers, such as from Yoshida et al.
[14].
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stage, a significant contribution to the use of wet biomass for the produc-
tion of a secondary energy carrier can be made. However, a few challenges
need yet to be solved (outlined in section 1.6).

Table 1.1: Qualitative comparison of high temperature gasification, anaerobic
digestion, and hydrothermal gasification.

criterion gasification (plus 
methanation)

anaerobic digestion hydrothermal 
gasification

typical feeds wood, straw
(wwater < 15 wt %)

manure, household 
residues, sewage 

sludge

most wet types
(wwater > 60 wt %)

process effi-
ciency to SNG

54 — 58 %a

a. Based on absolutely dry wood [9].

25 — 35 %
(≤ 8 wt % DM) [14]

65 — 70 % [15-17]

typical residence 
times

< 1 min. 20 days [14] < 1 min.

establishment / 
readiness

goodb

b. PDU built in Güssing, AT; plant size ca. 2 MWSNG.

very good not yet, PDU 
(1 MWth.) expected 

for 2010.

SNG cost 9 — 10 €/GJSNG
c

c. Based on process efficiency 58 %, 2.3€/GJwood, and 100 MWth. plant size [10].

N/A 10 USD/GJSNG
d

d. Calculated 2002 based on 70 wt % efficiency, a wood price of 3.5 USD/GJ, and 20 MWth.
plant size, as outlined in [15-17]; corresponded to ~9.5 €/GJSNG.

pro high efficiency for 
dry biomass

established, commer-
cialized

full conversion, high 
efficiency, no residues

contra low efficiency for 
wet biomass

residues, residence 
time, plant size, effi-
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1.2 Process Idea of Hydrothermal Gasification

"Hydrothermal" refers to an aqueous system at elevated pressures and
temperatures, especially near the critical point of water (374 °C, 22.1
MPa) or above it. Near-critical and supercritical water provides an inter-
esting environment to carry out chemical reactions (see section 1.7). In
particular, hydrolytic and reforming reactions involving water both as
reactant and as solvent look promising for converting biomass into liquid
and gaseous fuels. The energy requirement for bringing water to super-
critical conditions is less than for evaporating and superheating water to
the same temperature at subcritical pressures.

Figure 1.4: Simplified process scheme of a hydrothermal gasification plant.

In contrast to the conventional gasification route with subsequent gas
cleaning (tar removal) and methanation, the hydrothermal process — hav-
ing emerged over the last two decades and having been initiated by the
pioneering work of Modell at MIT [19] — makes the necessity to dry the
feedstock (energetically intensive) prior to thermal conversion obsolete,
allowing for the high thermal process efficiencies described in
section 1.1.6. In the hydrothermal process, the wet biomass is milled,
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pumped and fed into a preheater, where it is hydrolyzed at temperatures
around 350 °C. The inorganic constituents are separated in a salt separa-
tor, the organic feed stream is superheated and then gasified in a cata-
lytic reactor. The endothermic gasification step and the exothermic
methanation step are carried out in one reactor, leading to a slightly exo-
thermic overall reaction. After the catalytic reactor, the fluid product
phase is cooled, separated into a liquid and a gaseous phase and
expanded. The process is depicted in Figure 1.4.

1.3 Synthetic Natural Gas (SNG) — a Viable Option

Biomass has a great potential as a renewable feedstock for producing
energy carriers such as fuels or electricity. For the former, synthetic natu-
ral gas (SNG, consisting mainly of methane) is an interesting option, as
natural gas is an established energy carrier and thus the infrastructure for
its use exists already today. For the latter, SNG can be used in gas
engines or gas turbines for power generation. Upon its rather clean com-
bustion, it releases few atmospheric pollutants and significantly less car-
bon dioxide per unit mass than fossil fuels. If generated from renewable
biomass, it is even carbon dioxide neutral. Used as a transportation fuel —
the technology is available today with compressed natural gas vehicles — a
significant contribution to the fossil CO2 reduction target can be achieved
(Kyoto protocol: compared to 1990, —10 % CO2 emmissions in 2010 from
fossil fuels in Switzerland [20]). The superior environmental performance
of SNG was published in a comprehensive comparison of different biofuel
options [21]. Yoshida and co-workers concluded that a supercritical water
gasification combined cycle would be the most efficient for high moisture
content biomass [14]. The use of SNG would also allow countries to
become less dependent on imported fossil fuels.
SNG from a hydrothermal gasification plant is produced at high pres-
sures, togehter with the side-product CO2. If the gas and the liquid pro-
duct phases are separated under pressure (typically around 30 MPa),



10 Chapter 1: Introduction
most of the carbon dioxide is dissolved in the liquid phase (according to
the solubility) and leaves the system with that stream. The gas phase is
enriched in methane, and the residual CO2 can be separated in a pressure
swing adsorption column (PSA). The CH4/CO2 separation under pressure
is an advantage over the state of the art, solvent intensive gas sweetening
processes (amine wash) used to separate the two gases in natural gas mix-
tures [22]. Additionally, the resulting SNG is available at pressures
around 15 MPa, and can be fed into the existing gas grid without the use
of compressors; it can even be expanded to ~7 MPa before injection into
the high pressure grid.
It has to be noted that methane losses can occur during the production
and storage of SNG, mainly during the purification by pressure swing
adsorption (around 3 %) [23]. The figure could be reduced to around
0.1 % by using low pressure membrane technology, which, however, is not
yet fully developed and expensive. The loss from pipelines is small,
0.016 % per 1000 km [23]. However, methane is a stronger greenhouse gas
than carbon dioxide, and the losses should be considered for the economic
and ecological evaluation of SNG. A life-cycle assessment carried out at
PSI concluded that SNG still has the best ecological performance among
several types of fuels if the consumption of fossil resources is strongly
weighted [24].

1.4 Aim of the project

The aim of the project was to demonstrate the technical feasibility of a
continuously operating hydrothermal gasification unit. This goal was sub-
divided into several objectives:

• Screening and synthesis of catalysts capable of gasifying biomass at
high feed concentrations and methanating the gaseous products
(chapter 6), and their analysis and characterization with adequate
methods (chapter 4).
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• Choice of the most promising method to separate the inorganics (on
stream) from the organics.

• Identification of the manure’s constituents for a reliable estimation of
its heating value (section 5.3). Most analyses described in the litera-
ture only referred to incineration residue that do not allow such an
estimation.

• Identification of reaction intermediates and choice of a liquid biomass
model mixture that adequately represents hydrolyzed real woody bio-
mass as it is exptected to enter the catalytic reactor downstream of
the superheater (see section 5.2).

• Testing and characterization of promising catalysts in view of long-
term stability and tolerance towards salts during continuous opera-
tion in the hydrothermal environment (chapter 7).

• Design and build-up of a process demonstration unit (PDU) with
incorporated salt separation and feeder for real biomass (in contrast
to using model compounds), outlined in chapter 8.

• Identification of operating parameters ensuring good liquefaction of
biomass to design the preheater in the PDU (section 8.2).

The approach to and the results of each objective are given in the corres-
ponding chapters. The most important results are conluded and listed in
chapter 9, where also recommendations for future research are given.

1.5 Possible Feedstocks for SCWG

A wide range of feedstocks are suitable for hydrothermal gasification. Wet
biomass (wwater > 60 wt %) is particularly appropriate, as it cannot be
efficiently processed with conventional techniques, and its water content
is the actual reaction media. The methane production depends on the
carbon-to-hydrogen-to-oxygen ratio: A lower (O/C) and a higher (H/C)
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will inrease the CH4/CO2 product gas ratio [25].
Feedstocks with a high content of inorganics will yield less gas per unit
mass of feedstock, i.e. the thermal efficiency of the process will be lower.
However, if the inorganics can be separated and collected in a concen-
trated form, and potentially be used for other applications, then the bene-
fit of processing such a feedstream in a hydrothermal plant cannot only
be seen in terms of efficiency, but the overall benefit of the plant (energy
generation by solving a waste problem) should be considered.

Typical feedstocks could include (depending on biomass waste streams
produced in a specific country):

• wet forestry residues

• manure

• sewage sludge

• pyrolysis condensates - a waste stream very common in Indonesia (see
section 5.4)

There exists also the possibility to specifically grow certain types of wet
biomass instead of using waste streams. Water hyacinth (Eichhornia cras-
sipes) for instance could be produced at over 150 tons/(ha yr) of dry
organic matter, or cattails (Typha sp.) with almost 100 tons/ha in 7
months [26].
The reasonable size of a hydrothermal plant processing biomass waste
streams is largely affected by the transportation cost of the feedstock. In
the case of manure, it might not be feasible to carry it over wide distances
(in Switzerland, more than 10 kms are not feasible5 [13]), as the water
content of raw manure is too high (typically > 95 wt % prior to concentra-
tion over a curved screen). Thus, for this type of feed, smaller (P
~2 MWth.) and decentralized plants are to be considered. However, in

5. Fines are imposed by Swiss law if manure is transported over more than 10 kms (CHF 500 per
DGVE (Düngergrossvieheinheit); 1 DGVE corresponding to the nutrients contained in dung and
manure annually produced on average by a cow that weighs 600 kg; i.e. 105 kg N and 15 kg P) [27].
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other contries, the situation might be different. Examples are Dodge City
(KA, USA) where about 5 million cattle are confined in a small area, or
Lethbridge (Alberta, Canada, about 1 million cattle), leading to a sub-
stantial waste problem. In the latter region, manure pipelines originating
from huge cattle farms are projected [12]. There, larger SCWG plants
could be realized and conveniently used to render the farms self sufficient
in terms of their energy demand. Also in the case of sewage sludge, larger
plants are possible (up to 20 MWth.), e.g. to process waste streams origi-
nating from a chemical plant, other industrial zones, or municipal sewage
from big urban agglomerations.

1.6 Process Challenges

As promising as the catalytic hydrothermal gasification is — a few prob-
lems need to be tackled and solved in order to commercialize the techno-
logy:

High pressures are necessary for a hydrothermal application. Whereas
commercial products are available to pump slurries with solid concentra-
tions of up to 40 wt % reliably to pressures exceeding 30 MPa (through-
put 50 — 100 kg/hr and more), it was a major challenge to find a slurry
pump operating on the laboratory scale, with throughputs around 1
kg/hr (refer to section 8.4).

Due to the corrosive nature of inorganics contained in certain types of
biomass, e.g. chloride in manure, the plant’s material must be corrosion
resistant (stainless steel with special coatings, titanium, Hastelloy or
Inconel), especially for operations below the critical temperature. Hastel-
loy and Inconel are less suited as the Ni is readily leached out in super-
critical water in presence of Cl— ions under oxidizing conditions (i.e. in
SCWO applications) [28]. For SCWG, a general prediction is difficult.
These specialty materials increase the investment costs (and therefore
increases the minimum size of a plant in order to operate economically).
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The parts which are most prone to corrosion are the heat exchanger,
where the biomass is liquefied (operated in the subcritical regime), and
the salt separating vessel. Downstream of this apparatus, most inorganics
are separated (based on their solubility), and the focus should be more on
hydrogen embrittlement.

Whereas for the heat exchanger the main problem is corrosion (which can
be solved with state-of-the-art engineering [29]), the same problem arises
for the salt separator, but there its design is an additional challenge, and
further research is needed to obtain good separation and a reliable opera-
tion. Currently, at the Paul Scherrer Institut and the Massachusetts Insti-
tute of Technology, this problem is the subject of several studies [30].

The heart of a catalytic hydrothermal gasification plant is the catalyst. It
needs to be stable in the hydrothermal environment (the support as well
as the active metal), exhibit a reasonable activity, and be selective
towards methane generation, if SNG is the desired product. The price of
the catalyst influences the investment cost of the plant. However, if regen-
eratable, this figure can be significantly lowered, and in comparison with
the cost for the rest of the plant, the investment for the catalyst might
not be a dominating factor, not even for a precious metal catalyst. A cor-
responding assessment is currently carried out at PSI and EPFL.

Catalysis and salt separation are thus the two main challenges yet to be
solved before a commercialization of the technology can be accomplished.
This work can be understood as a contribution to find a suitable catalyst
for the hydrothermal SNG process.
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1.7 Properties of Water at Elevated Pressures and
Temperatures

1.7.1 Critical Point and Supercritical Phase Behavior

The phase behavior of pure water is displayed in Figure 1.5. The end of
the liquid/vapor phase boundary is reached at the critical point at Tc =
374 °C and pc = 22.1 MPa. 

Figure 1.5: Pressure vs. temperature phase diagram of pure water. Note the log-
arithmic pressure scale. Above 374 °C and 22.1 MPa, there is only
the supercritical phase.

Above the critical point, water exists as a homogeneous fluid phase, with
drastically changed physical properties, as will be described later in this
section. The absence of a phase boundary can significantly reduce mass-
transfer limitations in heterogeneous catalysis [31].

1.7.2 Ion Product and Dielectric Constant εr

While water at ambient conditions exhibits its well-known behavior such
as dissolving salts and being immiscible with apolar solvents due to its
high polarity, its properties change drastically from the sub-critical to the
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supercritical state. The ion product is reduced from 10—14 (mol/kg)2 at
ambient conditions to below 10—20 (mol/kg)2 in supercritical water [32].
The dielectric constant (relative permittivity) εr decreases with increasing
temperature, and drops around the (pseudo-)critical point due to the
diminishing hydrogen bonds, as depicted in Figure 1.6 [33]. In the window
of catalytic hydrothermal gasification temperatures, 300 °C to 500 °C, εr
decreases from ~20 (acetone at ambient conditions) to below 3, having
similar solvation properties as the highly apolar n-hexane.

Figure 1.6: Dielectric constant of water at various pressures (15 to 40 MPa) and
temperatures (200 to 700 °C). As a reference, the dielectric constant
of well-known solvents at standard conditions are included [34]. THF
= tetrahydrofurane.

Supercritical water is more like an organic solvent, with high miscibility
with apolar substances and low salt solubility. This unique feature is the
basis for two advantages of the hydrothermal process:

• Salt separation by increasing the temperature prior to gasification
(implemented in the process demonstration unit presented in
chapter 8).
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• Tar-free gasification, as apolar tar-precursors are dissolved in super-
critical water and gasified on the catalyst (see section 2.4).

1.7.3 Density

The water density at various pressures as a function of temperature is
depicted in Figure 1.7 [35]. In the two phase region, where T < Tc and p
< pc, the density drops discontinuously at the boiling point, i.e. at a pres-
sure of 15 MPa, evaporation takes place at a temperature of 340 °C, and
the density drops from 600 kg/m3 (liquid) to 100 kg/m3 (vapor). Above
the critical point (T > Tc, and p > pc), the transition from liquid to flu-
idic is continuous, as ΔHvap. = 0.

Figure 1.7: Density of water at various temperatures and pressures from 15 to 40
MPa. Below 22.1 MPa, there is a discontinuity due to the
liquid/vapor phase boundary (evaporation — condensation).

The dissolving power of a fluid is exponentially dependent on its density
[36]. The density of supercritical water can be tuned by a change in pres-
sure or temperature; the effect is largest in the vicinity of the critical
point. While the dissolving power of supercritical water is generally lower
than the one of liquid water, it is the combination with the high gas mis-
cibility that makes it such an excellent reaction medium. 



18 Chapter 1: Introduction
1.7.4 Enthalpy and Heat Capacity at Constant Pressure cp

As described in section 1.7.3 on page 17, there is no evaporation—conden-
sation beyond the critical point. Thus, the enthalpy is continuous as well,
see Figure 1.8. The transition at higher pressures is energetically less
demanding. The heat capacity cp has a significant peak around the criti-
cal point as a result of the enthalpy discontinuity, generally from 20 to 30
MPa.

Figure 1.8: Left: Enthalpy of water at various temperatures and pressures from
15 to 40 MPa. Below 22.1 MPa there is a discontinuity due to the
liquid/vapor phase boundary (ΔHvap.). Right: Heat capacity cp of
water at various temperatures and pressures (cp → ∞ at Tvap. for p
< pc).

The combination of these properties of supercritical water has led to its
various applications, of which a good overview was presented by Kritzer
[37] (see Table 1.2):
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Table 1.2: Applications of supercritical water.

application properties exploited refs.

chemical reactions high solvency for organics, tunable conc. 
of H+ and OH—

[31, 38-41]

hydrothermal syntheses solubilities [42, 43]

waste oxidation high solvency for organics and oxygen [44, 45]

radioactive waste reduc-
tion

high solvency for organics and oxygen; 
solubilites

[46-48]

biomass conversion high solvency for organics [4, 17, 49-54]

synthesis of nanoparti-
cles

low solubility of salts [55-57]
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Chapter 2: Literature Review and 
Wood Reaction Network

2.1 Present Status of Research on Hydrothermal 
Gasification of Biomass

Pioneering work in the field of catalytic hydrothermal biomass gasifica-
tion has been carried out at the Pacific Northwest National Laboratory
(by Elliott, Sealock Jr., and co-workers) and resulted in the TEES process
(Thermochemical Environmental Energy System) [58, 59]. Typical TEES
conditions are in the subcritical region (350 °C, 20 MPa) with complex
chemistry, including pyrolysis, steam reforming, hydrogenation, methana-
tion and water-gas-shift (refer to section 2.2 and 2.4 for details of these
reactions).
Many researchers carried out experiments in hydrothermal water (sub- or
supercritical) with glucose or other simple compounds rather than taking
real biomass as feed. On the one hand they used model compounds to
overcome the feeding problem, as these substances are solutions, on the
other hand to investigate the decomposition pathways of single molecules.
These results are outlined in section 2.2 — 2.4. Therefore, experimental
data with real biomass are less available than data from model com-
pounds. Nonetheless, some works on hydrothermal gasification with real
biomass as feed shall be presented here (a summary is given in Table 2.1).
Sealock Jr. et al. also carried out experiments at supercritical conditions
(not only at subcritical TEES conditions), and attained a maximum
methane yield of 0.22 g CH4/g wood (with 33 vol % CH4 in the product
gas) using a stirred batch autoclave with a stainless steel liner, operated
at 450 °C and 34 MPa for 150 min., with Harshaw-Ni as catalyst [59].
Yoshida et al. gasified wood of unspecified origin in a stainless steel batch
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reactor at supercritical conditions (400 °C, 25 MPa, residence time 25
min.) and attained a methane yield of 0.112 g CH4 per gram of wood,
with a methane volume fraction of 0.28 in the product gas [64].
Schmieder et al. reported on the results using a tumbling batch autoclave,
lined with Inconel 625, operated at 450 — 500 °C and 31.5 — 35 MPa, reac-
tion time 120 min., with three feedstocks: wood, straw, and manure, at
very dilute concentrations (i.e. wood at 4900 ppm C, corresponding to
about 1 wt % wood; sewage sludge even at 2300 ppm C) [4]. They report
acceptable gas yields (80 — 90 %), but had low concentrations of CH4
(less than 20 vol %) in the product gas.

Table 2.1: Overview of gasification experiments reported in the literature with
real biomass as feedstock (sorted acc. to publishing date; own
experiments and publications are excluded).

feed reactor
T
°C

p
MPa ref.

wood flour stirred autoclave 450 34 [59]

starch + sewage sludge, 
starch + poplar wood dust

flow type 650 28 [60]

potato starch, wood sawdust flow type 685 28 [61]

straw, wood, sewage sludge tumbling autoclave 450 — 500 31.5 — 35 [4]

wood continuous 650 N/A [62]

baby food stirred autoclave / 
CSTR 330 — 410 30 — 50 [63]

wood batch reactor 400 25 [64]

dairy manure, distillers’ dried 
grains and solubles (DDG&S)

flow type (fixed bed) 350 21 [65]

waste water flow type 360 20 [66-69]

phyto- and zoomass stirred autoclave / 
CSTR 500 30 [70]

wood sawdust batch autoclave 500 27 [71]

pine sawdust and wastepaper batch autoclave 225 N/A [72]

corn and clover grass flow type 625 — 700 25 [73, 74]
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Hong and Spritzer used a continuously operated reactor made of stainless
steel to study the partial oxidation of wood at a concentration of 9 wt %
in supercritical water [62]. Two modes of operation, autothermal (where
ethanol and air were added in order to produce heat by partial oxidation)
and allothermal, were tested. The allothermal mode yielded higher meth-
ane concentrations in the product gas, around 34 vol % at 650 °C, and is
thus according to Hong favored for the production of SNG.
Antal Jr. and co-workers studied the gasification of several types of bio-
mass in a tubular flow reactor at 685 °C catalyst bed temperature and 28
MPa [61]. A gel-like mixture of sawdust (11 wt %) and cornstarch (4
wt %) yielded 17 % CH4, while 43 % hydrogen were formed. Slower heat-
ing rates favored the formation of refractory compounds, resulting in
more methane production.
Similarly, Xu and Antal Jr. fed mixtures of starch and sewage sludge
(conc. 7.7 wt %), and mixtures of starch and poplar wood dust (conc.
11.5 wt %) to a flow reactor (packed with coconut shell activated carbon)
by means of a cement pump. They gasified the biomass at 650 °C and 28
MPa at 98 — 99 % conversion and received a gas rich in hydrogen (42 — 57
vol %) and carbon dioxide (33 — 39 vol %), with some methane (6 — 17
vol %) and traces of carbon monoxide (1 — 4 vol %).
Kruse and Gawlik gasified baby food (conc. 10.8 wt %, mainly carrots
and potatoes, representing wastes from the food industry) non-catalyti-
cally in a stirred batch reactor (Ni base alloy Nimonic 90, preheated with
water and biomass fed cold with a screw press) at Forschungszentrum
Karlsruhe and received high amounts of CO2 (1.05 mol/kgbiomass) and H2
(0.5 mol/kgbiomass), and few CH4 (0.04 mol/kgbiomass) at 410 °C and 30
MPa. The gas yield at 40 and 50 MPa was lower [63].
Kruse and other researchers also gasified phyto- and zoomass (conc. 5
wt %, some exp. with the addition 0.5 wt % K2CO3) in a continuous
stirred tank reactor made of Inconel 625 at 500 °C and 30 MPa [70]. They
reported that the gas yield from zoomass was significantly lower than
from phytomass, but could not yet state a scientific explanation for this
observation (further experiments were planned). After the runs with zoo-
mass, the reactor showed signs of corrosion. They suspected that the sul-
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fur-containing amino acids within the zoomass were responsible for this
corrosion, and that the sulfur species were reduced to H2S in the hydro-
thermal environment.
At the same institute, D’Jesús and co-workers carried out gasification
experiments in supercritical water with corn and clover grass (conc. 5
wt %), in an continuous plug1 flow reactor made of Inconel 625 (the feed
was pressed out of a pressure tank) at 625 — 700 °C and 25 MPa (KHCO3
added) [74]. The gasification yield was 82 % (92 % with 500 ppm
KHCO3) for corn starch at 700 °C, but only 40 % at 625 °C, illustrating
the strong effect of temperature. Clover grass could be gasified at a yield
of 88 % (700 °C), and corn silage nearly completely at sufficiently large
space times (9 min., calculated under ambient input-output conditions).
In an earlier paper, they had reported the gasification yield of corn silage
as a function of concentration: the yield decreased from 100 % at a con-
centration of 5 wt % to 84 % at a concentration of 10 wt %, and to 82 %
at a concentration of 20 wt %, accompanied by an increase of the carbon
content in the aqueous product phase (from 1000 to 4500 ppm) [75].
D’Jesús and colleagues also determined the rate of corn silage gasification
(at a fixed concentration of 5 wt %) in their plug flow reactor to follow
approximatively kinetics of order zero, thus the corn silage gasification
yield increased linearly with residence time, up to a certain maximum
value (which was dependent on temperature) [73]. This maximum value,
however, could not be predicted by the model, and thus it can only be
used to describe the initial rate of gasification.
Elliott et al. have carried out gasification experiments in a fixed bed
tubular bench-scale and microscale reactor (Vreactor = 0.9 L and 40 mL,
respectively; catalyst: Ru/C, no manufacturer or metal loading reported)
with manure (dissolved org. carbon conc. 4.7 wt %) and distiller’s dried
grains and residues (dissolved org. carbon conc. 6.5 — 12.6 wt %), with
particle sizes smaller than 250 μm, using a reciprocating plunger pump
for feeding (for the bench-scale unit; the microscaled unit used filtrated

1. L/d of the reactor was > 100, thus the axial dispersion coefficient D tends to go to zero, indicating
plug flow [74].
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manure extract) [65]. They received a product gas rich in methane (52 —
61 vol %) at high carbon conversions (95 — 99.9 %), but applied a low
space velocity (LHSV 1.4 — 2.6 hr—1, corresponding to a WHSV2 of
around 0.3 hr—1). The longest accumulated time on stream with the same
catalyst loading was 29 hrs in the bench-scale unit, after which the car-
bon conversion had decreased from 99.9 % to 95.1 %. Despite the good
results with this setup, experiments under similar conditions in a larger
unit led to a decrease of the carbon gasification efficiency from 100 % to
8 % over a period of 16 hrs, accompanied by a shift in product gas com-
position from methane-rich towards hydrogen-rich, due to catalyst deacti-
vation. The catalyst was covered with a shell of magnesium and
phosphorus. The ruthenium was still well-dispersed, but sulfur was highly
associated with it. They further reproduced the deactivation in their
microscale reactor unit. Very similiar findings were received in own cata-
lyst deactivation experiments with sulfate, refer to section 7.2.
Hao et al. carried out catalytic gasification experiments in a 316L stain-
less steel batch reactor with cellulose as feedstock at pressures from 13 to
27 MPa, temperatures from 250 to 500 °C, and residence times from 10 to
60 min. [71]. Besides these experiments with the model substance cellu-
lose, they also gasified a mixture of wood sawdust and carboxymethylcel-
lulose (CMC, to enhance the mixing with water) with a 5 wt % Ru/C
catalyst at 500 °C (residence time 20 min.) and 27 MPa, at a wood con-
centration of 8.8 wt %, a CMC-concentration of 3.5 wt %, and a wood-to-
catalyst-ratio of 5. They attained a carbon gasification efficiency of
77.2 % (in contrast to 93.7 when using cellulose as feed), with a product
gas composition of 26.6 vol % CH4, 30.1 vol % H2, 40.2 vol % CO2, and
3.1 vol % CO.
Valenzuela and colleagues performed aqueous phase reforming of woody
biomass (pine sawdust) and wastepaper at a concentration of about 10
wt % in a 100 mL batch reactor at 225 °C with the use of a 0.5 wt %
Pt/Al2O3 catalyst during 3 hours (biomass-to-catalyst-ratio of 9) [72].

2. based on a catalyst loading density of 415 gcat.,dry/Lreactor as measured in own experiments with

Ru/C in a tubular reactor.
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They additionally added 5 % (based on the biomass feed) of 2 M H2SO4
to enhance hydrolysis. The cellulose and hemicellulose in the biomass
were well decomposed, but 87.4 % of the lignin remained unconverted.
The total carbon conversion was thus low, 36.7 %. The product gas com-
position of the catalytic wood gasification experiments was 32.1 vol % H2,
58.5 vol % CO2, and 9.8 vol % CO, with no methane, while the composi-
tion of wastepaper gasification was 13.8 vol % H2, 77.4 vol % CO2, 8.3
vol % CO, and 0.5 vol % CH4. Interestingly, they found no chemisorption
activity of the spent catalyst after wood gasification experiments. They
stated that the most likely cause was posioning with sulfur (from the sul-
furic acid and/or sulfur from the biomass), and found a molar S/Pt ratio
of 24.3 by elemental analysis. The sulfur poisoning of another catalyst is
described in this thesis in section 7.2.
Researchers in the Netherlands are targeting a hydrothermal fluidized
reactor concept, but only experiments in microreactors have been carried
out so far [76, 77] (see also chapter 3.4).
Other projects aim at the gasification of waste streams with very low
organic content (below 2 wt %) [66-69].
Osada and colleagues recently published a short review paper on the
gasification of real biomass in the hydrothermal environment [78]. How-
ever, they provide a less complete overview (all of the comprised data was
also presented here).

Due to the manifold hurdles associated with supercritical water gasifica-
tion (stability of catalysts, pumping of real biomass, plugging due to pre-
cipitation of ash and sticky salts, etc.), no full demonstration of the whole
process from feed tank to gas has been realized yet [79].
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2.2 Chemical Fundamentals

Among several other important parameters, the effect of temperature and
pressure on the biomass conversion shall be briefly outlined in the follow-
ing sections, where individual steps from biomass to SNG are examined.
The findings give rise to a network of individual pathways, as presented
in section 2.4.

2.2.1 Effect of temperature and feed concentration

Methane is preferentially formed at lower temperatures, whereas at higher
temperatures, hydrogen is the main product, besides CO2. This is also
true in a hydrothermal environment. The behavior is less pronounced for
high feed concentrations, see Figure 2.1.

Figure 2.1: Calculated equilibrium methane and hydrogen concentrations in the
product gas as a function of wood feed concentration and reaction
temperature (total pressure 30 MPa; Peng-Robinson equation of
state used).

As pointed out before, many researchers have conducted experiments at
very dilute conditions (biomass concentrations in the range of 0.1 —
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2 wt %). Depicted in Figure 2.1, the product gas composition expected
from thermodynamics varies greatly at small concentrations, especially at
high temperatures. Care should thus be taken when comparing experi-
mental results from individual researchers operating at different tempera-
tures, pressures, and concentrations.

The theoretical maximum methane yield  of 0.34  (dry
ash free, daf, chemical formula CH1.490O0.677, see chapter 5.1 on page 82)
is obtained when no hydrogen is formed, according to:

CH1.490O0.677 + 0.289 H2O  0.517 CH4 + 0.483 CO2 (2.1)

(ΔrH° = —26.1 kJ/moldaf)

For high feed concentrations, methane yields close to the theoretical
maximum yield can be expected in the range of 400 — 475 °C (compare
Figure 2.1), e.g. at 400 °C, it is 0.33  for wood concentrations
larger than 10 wt %). However, at these temperatures, a catalyst must be
used to overcome the slow gasification rates: gasification of corn and clo-
ver grass for instance did not occur without a catalyst at temperatures
below 500 °C [74]. Additionally, higher temperatures favor free-radical
reactions, which are an important pathway for the gas production from
biomass in SCW [80]. However, free-radical reactions also take place at
temperatures much lower than the critical temperature Tc, but to a
smaller extent.

2.2.2 Effect of pressure

Lu and co-workers have published a parametric study on the supercritical
water gasification of biomass to hydrogen [81]. Their findings of the pres-
sure dependence are summarized as follows:

• A higher pressure favors the water gas shift reaction (WGSR, com-
pare with the decomposition pathways of formic acid, section 2.2.7).
They state that CH4 production is favored by lower pressures, which
is contradictory to the findings of others [4, 82] and the general

YCH4
gCH4

/gwood

gCH4
/gwood
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understanding that pressure promotes the methanation due to a
reduction in the number of molecules. Henrikson and Savage found
that it is the concentration of water rather than pressure alone that
affects the rate (there: for phenol oxidation in SCWO) [83]. Thus, for
constant pressure (e.g. in a plant), the water concentration decreases
with an increased amount of product gas, and thereby the density
decreases, whose influence is displayed next. A higher pressure also
lowers the enthalpy change during heat-up (compare section 1.7.4 on
page 18 and the corresponding Figure 1.8), allowing for smaller heat-
exchangers of a gasification plant. While the pressure can affect the
product gas composition, the effect of pressure on the driving force
(—ΔG, Gibbs’ free energy) for the gasification itself is according to
Feng negligible [84].

• Density, static dielectric constant and ion product increase with pres-
sure, thus ion-reaction rates are increased (corrosion increases, even
in supercritical water which is less corrosive than subcritical water).
Free-radical reactions are somewhat restrained, and gas formation,
likely a free-radical reaction, may be less pronounced at higher pres-
sures [63]. No reports were found whether this behavior is also true in
presence of a heterogeneous catalyst. Sato and co-workers have iden-
tified a water density of 200 kg/m3 as optimum for the gasification of
lignin over Ni/MgO [85]. This density corresponds to a water partial
pressure of  = 26.4 MPa (thus at 20 wt %: ptot = 33 MPa).

• Hydrolysis increases with increasing pressure, as it requires H+ or
OH—, whose concentration depends on the ion product and the den-
sity, which increase with pressure [81]. 

• Water is an effective energy transfer agent (more important at gas-
like densities [86]), as it participates as collision partner in inter-
molecular energy transfer steps. Increasing the water density (by
increasing pressure) should thus accelerate the overall gasification
rate. This is balanced by the adverse effect of hindered free-radical
reactions, the main pathway of the decomposition of the hydrolysis

pH2O
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products of biomass, especially of aromatic rings (radical ring open-
ing) [81].

• Water as a solvent can act as a cage around molecules (more impor-
tant at liquid-like densities [86]). Depending on their stabilization,
either products or reactants can be favored (e.g. if the products are
caged, they are more likely to recombine and regenerate the reac-
tants; fission-type reactions as decomposition are hindered). The sol-
vent cage thus promotes solute-solvent reactions (e.g. hydrolysis), but
prevents solute-solute reactions [81].

To conclude, several (partially counterbalancing) effects make a straight-
forward prediction of an optimum pressure for the gasification of a spe-
cific biomass type complicated, although it is believed to exist. However,
the main driving force for gasification is clearly temperature, and not
pressure [87].

A closer look shall be taken at some reactions, since they play a major
role in the hydrothermal gasification to SNG: biomass liquefaction to
smaller molecules and their reforming to the primary gases CO and CO2,
the methanation thereof, the water gas shift reaction and reaction path-
ways of formic acid (as an important intermediate of the WGSR and the
CO2 methanation reaction).

2.2.3 Biomass Decomposition to Smaller Molecules (Liquefaction)

In non-catalytic pyrolysis and reforming, a long residence time of biomass
at high temperatures can lead to the production of char, even in super-
critical water. Thus, there exists an optimum residence time which
depends on many factors such as temperature, pressure, composition and
particle size of the biomass, etc. High heating rates should be applied [88,
89]. Saisu et al. carried out non-catalytic conversion experiments in SCW
with lignin-phenol mixtures at 400 °C [90]. They found that by increasing
the water density from zero to 500 kg/m3 (  = 37.2 MPa), the ligninpH2O
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conversion was highly promoted, but led to different products (more high
molecular weight compounds in the THF insoluble fraction, possibly due
to polymerization (char), and more low molecular weight compounds in
the THF soluble fraction).
Alkali salts can enhance the liquefaction process as they support the split-
ting of C—C-bonds [63] as well as they catalyze the water gas shift reac-
tion. Karagöz and co-workers ranked the order of activity of alkali and
earth alkali for wood liquefaction (conc. = 14.3 wt %) in a batch auto-
clave (280 °C, τ = 15 min., conc.alkali ~1 mol/kg) as follows: K2CO3 >
KOH > Na2CO3 > NaOH [91]. Unfortunately, KOH and NaOH are
extremely corrosive to Ni-based alloys in supercritical water under oxidiz-
ing conditions [45]. Without the addition of alkali salts, 42 % of the wood
remained as solid residue, while only 4 % remained when alkali were
added to the feed. The liquid products shifted from mostly methylphenols
to methoxyphenols. Yilgin and Pehlivan proposed to add formic acid
(conc. 0.4 wt %) instead of alkali to enhance the liquefaction process, as
it was more effective [92]. As a side-effect, however, much more gas was
formed (up to 37 %, mostly CO2), which is not desired in a plant where
the liquefaction is carried out non-catalytically in one vessel, and subse-
quent catalytic gasification in another apparatus. Yilgin did not find an
influence of the size of the wood particles on the liquefaction process, pre-
sumably because they were very small already (90 to 150 μm). In con-
trast, Lu et al. reported that smaller particles are hydrolyzed more easily
[81]. However, more intensive grinding requires more energy, and thus a
compromise should be made. They do not recommend an optimum size,
as it is certainly dependent on the actual liquefaction process.
A near-commercial liquefaction process is the hydrothermal upgrading
(HTU), which focuses on the non-catalytic production of liquid fuels from
biomass [93]. It is operated in the subcritical region at 300 — 350 °C, and
pressures around 18 MPa. The main products are a mixture of liquids and
solids, so called biocrude with molecular weights ranging from 260 — 760
g mol—1, and CO2 (25 wt % of the initial biomass). For the production of
SNG in a hydrothermal plant, these parameters do not seem ideal: due to
economical factors, only one pump should be used. By doing so, the pres-
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sure is fixed and therefore equal for every unit operation, i.e. liquefaction,
salt separation, and gasification. Pressures in the supercritical zone are
generally favorable to take advantage of the unique properties of SCW.
Hence, no optimum process parameters could be directly retrieved from
the literature and adapted to this project, and liquefaction experiments
had to be carried out in-house with our own biomass and reactors to
identify reasonable process parameters for a demonstration unit (as
described in section 8.2).
The non-catalytic reforming of methane back to CO or CO2 did not occur
in supercritical water up to 700 °C [53]; it is not favored by thermody-
namics either.

2.2.4 CO Hydrogenation (CO Methanation)

The overall stoichiometry of the carbon monoxide hydrogenation to meth-
ane is usually expressed as:

CO + 3 H2 = CH4 + H2O (2.2)

ΔrH° = —206 kJ mol—1 [82]

Jackson et al. have proposed that methane is a by-product of the carbon
and CO2 formation from carbon monoxide on the surface of a heteroge-
neous catalyst without the generation of water [94], which is the Boud-
ouard-reaction:

2 CO  CO2 + C* (2.3)

ΔrH° = —172 kJ mol—1 [82]

where the residual carbon C* readily reacts with 4 adsorbed hydrogen
atoms in several consecutive steps, of which the hydrogenation of already
partially hydrogenated carbon is assumed to be rate-determining. The
CO2 can then be methanated with additional hydrogen under generation
of water (refer to section 2.2.5), thus the stoichiometry yields

2 CO + (2+4) H2 = 2 CH4 + 2 H2O (2.4)

which can be reduced to the previously presented equation (2.2).
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2.2.5 CO2 Hydrogenation (CO2 Methanation)

Prairie and co-workers have carried out gas-phase CO2 methanation
experiments with supported ruthenium catalysts (Ru/TiO2 and
Ru/Al2O3) [95]. Although their proposed mechanism was not verified in
supercritical water, Aki and Abraham reported that the mechanistic
behavior on heterogeneous catalysts in SCW is similar to the behavior in
the gas-phase, and thus gas-phase data have the potential to be extrapo-
lated to supercritical conditions [96]. Prairie et al. identified the following
mechanism:

CO2(b)  CO2(i) (2.5)

H2(b)  2 H(m) (2.6)

CO2(i) + 2 H(m)  HCOOH(i) (2.7)

HCOOH(i)  H+
(s) + HCOO—

(s) (2.8)

HCOOH(i)  CO(m) + H2O (2.9)

CO(m)  C(m) + O(i) (2.10)

C(m) + 4 H(m)  CH4 (2.11)

O(i) + 2 H(m)  H2O (2.12)

overall: CO2 + 4 H2 = CH4 + 2 H2O (2.13)

ΔrH° = —232 kJ mol—1, ΔG° = —139 kJ mol—1 [97]

with (b) referring to the bulk phase, and (m), (s), and (i) to metal, sup-
port and interfacial adsorption sites.
CO2 reacts with adsorbed hydrogen atoms on the ruthenium sites (one H
per Ru [98]) to form the intermediate formic acid (2.7), which decomposes
to either H+ and HCOO— on the support ((2.8), less likely in SCW), or
via reverse WGS to CO(m) and water (2.9). CO(m) and 4 H(m) then form
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methane via several steps ((2.10) and (2.11)), which are rate-determining
[94]. The oxygen recombines with 2 H(m) to water (2.12). These last steps
require adsorbed hydrogen atoms (following the adsorption equilibrium
between the SCW phase and the catalyst surface). The proposed mecha-
nism yields the well known overall equation (2.13).
Prairie et al. reported the reaction rate to be independent of the concen-
tration of CO on the surface (θCO), and thus independent of the CO2 con-
centration, but to be dependent on the concentration of H2 (~1.5 order).
While the methanation over Ru/TiO2 and Ru/Al2O3 exhibited the same
activation energy, and both catalysts had similar metal surface area,
Ru/TiO2 was 15 times more active due to smaller metal particle sizes (1 —
1.5 nm vs. 2.5 — 3 nm). According to the mechanism, for the reaction to
take place, the reaction’s participants are required on neighboring sites,
and smaller particles therefore increase the reaction rate by increasing the
active site density. Thus, small metal clusters are a key factor to activity
among other parameters.
Scirè et al. have outlined that the electronic interaction between Ru and
its support is essential. The induction of a higher positive polarization of
the metal from the support is beneficial for the CO2 methanation: The
Ru-CO bond is weakened, thereby the H2 concentration increases, and
consequently the transformation of the intermediate CO to CH4 is favored
[99].

2.2.6 Water Gas Shift Reaction (WGSR)

The water gas shift reaction (2.14) is an important step in the hydrother-
mal gasification of biomass [100].

CO + H2O  HCOOH  CO2 + H2 (2.14)

Besides, it is widely used in industry to produce hydrogen [101]. High
water densities are favorable for the water gas shift reaction [88], but Sato
et al. stated that for water partial pressures below 30 MPa, the kinetics
are not a function of density (and thus of pressure) [102], and hence pro-
posed a rate law which was first order in the concentration of CO only
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(see below, (2.19)).
The water gas shift reaction is accelerated by increasing the temperature,
or by the addition of alkali salts [4, 103] (due to the formation of an
alkali-formate-complex), or by metal catalysts. Generally, compounds
that generate CO3

2—, HCO3
—, or OH— act as catalysts for the water gas

shift reaction [104]. “Non-catalytic” experimental data gathered with
experiments in an Inconel reactor (an alloy with a high Ni content) such
as by D’Jesús and co-workers are disguised by catalytic wall effects and
alkali metals contained in the biomass [74]. They found that in the tem-
perature range of 500 — 700 °C, the gasification rate of corn and clover
grass yielded more H2 at increased temperatures, but not more CO, due
to the fast WGSR. Although they did not deliberately add any catalyst,
the reactor walls and potassium that was present in the biomass led to
the high rate of the shift reaction. Nonetheless, they reported that for
concentrations of K exceeding 500 ppm (based on experiments with vari-
able potassium content in the feed), no further acceleration of the WGSR
could be observed. Schmieder et al. similarly reported that the CO con-
centration in the product gas of biomass gasification was lowered by a
factor of 20 with the use of KOH or K2CO3 (no metal catalyst was
added) [4].

The rate increase by the addition of alkali or earth alkali compounds can
be understood as follows (catalytic cycle outlined with K2CO3):

K2CO3 + H2O  KHCO3 + KOH (2.15)

KOH + CO  HCOOK (2.16)

HCOOK + H2O  KHCO3 + H2 (2.17)

2 KHCO3  K2CO3 + H2O + CO2 (2.18)

where the CO stems from biomass [105]. The order of influence on the
WGSR was reported to be [106]: alkali > transition metals > earth alkali,
similar to the findings of Karagöz for biomass liquefaction (see
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section 2.2.3). Although alkali compounds promote the water gas shift
reaction (whose products can potentially methanate) the methanation
itself is reported to be suppressed by alkali [82].
Sato et al. have estimated the reaction rate of the WGSR in supercritical
water (at CO/H2O = 0.03, hence pCO = 0.9 MPa at 30 MPa) and pro-
posed 1st order kinetics for T < 520 °C [102]:

—d[CO]/dt = k [CO] (2.19)

They state that without a catalyst, the shift is very slow (k = 1.1×10—4

mol (L sec)—1), yielding 7 % conversion at 400 °C (19 % at 440 °C) after
300 sec. With a metal catalyst, however (Fe2O3-Cr2O3 was used), the
rate was ~60’000 times faster (k = 6.7×103 mol (L sec)—1) [107].

2.2.7 Decomposition Pathways of Formic Acid

Formic acid can decompose to carbon monoxide and water via the dehy-
dration/decarbonylation pathway (2.20), or to carbon dioxide and hydro-
gen via the decarboxylation pathway (2.21):

HCOOH  CO + H2O (2.20)

HCOOH  CO2 + H2 (2.21)

Yagasaki and co-workers carried out quantum mechanical calculations of
formic acid and water clusters, combined with molecular dynamics and
Monte Carlo simulations, and showed that the decomposition is water
catalyzed [108]. The dehydration (2.20) occurs from the trans—formic acid,
while the decarboxylation (2.21) takes place with cis—formic acid, see
Figure 2.2.
The hydration of the trans—isomer is much weaker in supercritical than in
subcritical water, while the same amount of water molecules are coordi-
nated around the cis—isomer both in sub- and supercritical water. Thus,
in supercritical water, the decarboxylation is the dominating pathway,
and CO2 and H2 are the main products. Yu and Savage proposed the
same behavior based on experimental results. They stated that other
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reaction types such as a free-radical mechanism (experiments with radical
scavengers), or an ionic reaction pathway are unlikely in supercritical
water (except on surfaces) [109]. Hence, increasing pressure (leading to a
higher water density) will increase cage effects and thus accelerate the
water gas shift reaction by promoting the intermediate complex depicted
in Figure 2.2.

Figure 2.2: Coordination of water with trans— and cis—formic acid in the
intermediate complex, leading to the decomposition products H2O
and CO (left, trans), or H2O, CO2 and H2 (right, cis).

2.3 Catalysis in the Hydrothermal Environment

There is evidence that homogeneous catalysis works for the gasification of
biomass in supercritical water [25, 110], but heterogeneous catalysts usu-
ally exhibit better activity [111, 112]. Mass transfer limitations, com-
monly present in heterogeneous catalysis (often, the transfer of gases to
the solid surface of the catalyst is limited and thus rate-determining), are
virtually inexistent in supercritical water due to the low kinematic visco-
sity and high diffusivity of the fluid [113]. The Thiele Modulus φ, a mea-
sure for the importance of pore diffusion limitation, is ~0.03, thus much
smaller than unity for typical catalysts in supercritical water (here calc.
at 450 °C and ~28 MPa [114]). As a consequence, there is no pore diffu-
sion limitation on heterogeneous catalysts in supercritical water. The
Brownian diffusion is about 40 times faster than in water at ambient con-
ditions [115].
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A catalyst for the hydrothermal gasification of complex mixtures of mac-
romolecules such as wood or manure must be able to decompose the com-
pounds to smaller molecules, reform them, and hydrogenate the resulting
primary gases CO and CO2 to CH4.

For the production of SNG, the catalyst should additionally be selective
towards the generation of methane, rather than of hydrogen. The third
criterion is stability, which is the most crucial issue in a hydrothermal
environment. In the following sections, suitable active metals and their
supports are compared.

2.3.1 Potential Active Metals for SCWG

Steam reforming and methanation is generally catalyzed by transition
metals from group VIII in the periodic table, which are known as good
hydrogenation catalysts.
Nickel is often used in a skeletal form, invented in 1925 by Raney [116]
(except for steam reforming). These skeletal catalysts, also known as
Raney catalysts, are manufactured by starting with a nickel-aluminum-
alloy, from which the aluminum is partly leached out, which results in a
sponge-like structure. The higher the residual Al content is, the higher is
the surface area of the catalyst. Often, a third metal is added to increase
the stability as well as to promote reactions by electronic interaction with
the d-bands of nickel (induction of a decrease of saturation magnetization
of Ni) [117]. Advantages of skeletal nickel are the good dispersion, a high
surface area, robustness and good thermal conductivity due to its fully
metallic nature. It was reported to exhibit a high activity for the hydro-
thermal gasification [58]. Skeletal catalysts exist also made of copper and
aluminum, or iron and aluminum.
Kudo and Komatsu reduced carbon dioxide, dissolved in water, to meth-
ane with skeletal catalysts [97, 118]. The aluminum of the catalyst was
thereby oxidized to Al(OH)3. They concluded that for the production of
hydrogen, a skeletal copper catalyst was best, while for the production of
methane, a skeletal iron catalyst, mixed with Ru/C, was best. The
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CH4/H2 ratio was maximized at 380 °C. Apparently, Ru/C efficiently
catalyzed the formation of formate, leading to methane, and skeletal Fe
was much more active than skeletal Ni. No stability assessment of the
catalyst was presented; however, Hoffer and co-workers report that iron
leaches severely in supercritical water [119], and experiments with skeletal
nickel catalysts in this thesis revealed sintering (see section 6.3.1). The
Hoffer group outlined that the co-doping with Mo, Cr, or Fe on skeletal
nickel catalysts had a positive effect on the hydrogenation rate of D—glu-
cose. Increased hydrogenation rates are also favorable for the production
of SNG as well.
In contrast, the co-doping with Cu (generally with a group IB metal on a
group VIII metal) suppresses the hydrogenation (and methanation) [120].
Cu is usually surface-enriched, so that even small weight fractions can
shift the selectivity substantially [111]. Co-doping with Cu is therefore
recommended if hydrogen is the target compound. Copper is, however,
oxidized to Cu2O and CuO in SCW [121], and stability tests would be
inevitable.

The order of the group VIII metal’s activities for steam reforming (of
methane to carbon dioxide) is reported to be: Ru, Rh > Ir > Ni, Pt, Pd
[122].
Thirty years ago, Vannice ordered these metals in view of their gas-phase-
methanation activity from H2/CO mixtures as follows: Ru > Fe > Ni >
Co > Rh > Pd > Pt > Ir, while he reported the selectivity towards meth-
ane (rather than towards higher hydrocarbons such as ethane) to be Pd >
Pt > Ir > Ni > Rh > Co > Fe > Ru [123]. Consequently, the latter three
(Co, Fe, and Ru) are typical Fischer-Tropsch catalysts.
These findings do not agree well with knowledge gained from experiments
in supercritical water, just recently published by Osada et al. [124]. This
information was only available at a late stage of this project (published in
May 2006). According to Osadas group, the sequence of activity in super-
critical water is: Ru > Rh > Pt > Pd (reasonably matching Vannice’s
order). In view of the metal’s selectivity to methane, the order was as fol-
lows: Ru > Rh > Pt > Pd > Ni (not matching Vannice’s order).
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Other researchers identified only Ni, Ru, and Rh as active metals in the
hydrothermal environment, while other group VIII, VIB, IB, or IIB met-
als were inactive [58]. Co, Fe, Cr, Mo, W, and Zn are known to be easily
oxidized.
In light of these findings, from a chemical point of view, ruthenium is
clearly the active metal of choice, despite its higher initial cost because it
is a precious metal (EUR 12’500/kg in December 2006). However, the
costs can be substantially reduced by regenerating the spent catalyst.
Usually, more than 96 % of the ruthenium can be recovered (by oxidation
to volatile RuO4) [125]. Compared to nickel catalysts, the final overall
costs are about the same (derived from a study of the hydrogenation for
the production of sorbitol, a process industrially carried out both over
skeletal nickel and Ru/C catalysts) [126]. Nonetheless, Ni catalysts should
be considered as well due to their low price and abundant supply, prefer-
rably in the form of skeletals, or immobilized on carbon.

2.3.2 Potential Supports for SCWG

As the properties of water are strong functions of p and T, so does cata-
lyst stability vary with the individual process parameters, and findings
described in the literature are not 1:1 transferrable to this project. None-
theless, the general trend is unaffected and outlined here.

Many metal oxide supports are reported to be unstable in SCW, mostly
due to hydrolysis leading to migration of the active sites [127].
MnO2/γ-Al2O3 was unstable due to agglomeration of γ-Al2O3 at 370 °C.
Pt/γ-Al2O3, however, seemed to be stable, possibly thanks to platinum’s
ability to redistribute on the support during oxidation [96].
A comprehensive stability study in subcritical water at 350 °C and
20 MPa (TEES conditions) is available from Elliott and co-workers [58]
(stability in supercritical water is expected to be higher than in subcriti-
cal water [112]). Stable were only: α-Al2O3, ZrO2, rutile-TiO2, and C.
Unstable were: SiO2 (hydrolysis and mushing), anatase-TiO2 (transforma-
tion to rutile), Ca/aluminate, kieselguhr, γ-, δ-, and η-Al2O3 (hydrolyzed
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to AlOOH, böhmite). The stable phase of zirconia (ZrO2) is only the
monoclinic phase [128].

Gallezot et al. reported that carbon is more stable in acidic conditions
than metal oxides [129]. Unfortunately, at temperatures from 680 —
800 °C, carbon gasification according to the water-gas-reaction (2.22) can
take place [130]:

C + H2O  CO + H2 (2.22)

possibly followed by methanation. Matsumura and co-workers presented a
rate expression for the carbon gasification [131] (made from coconut shell,
one of the most stable carbons to exist [125]), which was dependent on
the partial pressure of water and hydrogen. However, at temperatures
below 560 °C, the rate approaches zero (nearly independently of the pres-
sure for p > pc), and thus, carbon supports made of coconut shell are not
susceptible to gasification during the production of SNG (where thermo-
dynamically lower temperatures around 400 — 500 °C are feasible). While
this is true for the support alone, metal catalysts on coconut shell carbon
can exhibit a different behavior due to the catalytic activity of the metal
clusters.
Sugiyama et al. conducted carbon stability tests at SCWO conditions (30
MPa, 400 — 450 °C, 3.6 wt % O2, τ = 300 sec) [132]. They used three
types of carbon: activated (unspecified origin, possibly not stemming
from coconut), synthetic graphite, and highly oriented pyrolytic graphite
(HOPG). During the treatment, the activated carbon was dissolved, and
the less crystalline structure of the synthetic graphite was selectively oxi-
dized (measured with Raman spectroscopy). The HOPG, however, was
stable because it consisted of highly crystalline graphite which is difficult
to oxidize. Thus, also HOPG could be considered as a support for hetero-
geneous catalysts.
The stability of carbon supported metal catalysts (and not only their sup-
port alone) towards self-methanation was recognized as a fundamental
parameter. It can be enhanced by proper thermal treatment of the carbon
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before impregnation with the active metal; Rossetti et al. recommended
to use high temperatures in vacuo [133]. Unfortunately, this may lead to a
decrease in surface area, thus to a trade-off between activity and stability.
Co-doping of promoters such as Ba to the active metal can greatly sup-
press the (self-)methanation. A suppressed methanation activity is not
feasible for the production of SNG, but could be favorable if hydrogen
were the desired product gas. Kowalczyk and co-workers showed that the
addition of K as promoter increased the methanation rate eightfold com-
pared to the unpromoted Ru/C catalyst, not only leading to enhanced
activity, but possibly to increased self-methanation as well [98]. The load-
ing of the active metal itself (there: Ru) had no effect on the degree of
self-methanation.
A novel Ni/C catalyst was invented by Japanese researchers, based on a
synthetic carbon (metacrylic acid type anion exchange resin) as support.
It was used to gasify lignin and phenol solutions at 360 °C and 20 MPa
[66-69]. They report only mild sintering and near-complete conversion
(98 %). However, despite their LHSV of 50 hr—1, the WHSV was very low,
0.13 hr—1, due to the highly diluted feed (TOC 0.2 — 2 wt %). Incomplete
conversion under these conditions must be judged as a hint for low activ-
ity.

The support does not only have a passive role, it can also influence the
reaction pathways, e.g. due to its acidity or basicity. Formaldehyde for
example can decompose to CO and H2 on a TiO2 support (acidic), while
it can decompose to methanol and formic acid following a Cannizzarro
reaction on CeO2 or ZrO2, which are more basic supports (the basicity or
acidity depends on the electronegativity of the metal ion; the larger the
more acidic) [134].
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2.4 Proposed Reaction Network of Wood Gasification

2.4.1 Introduction

As outlined in the earlier sections, wood must be decomposed into its
main constituents, i.e. cellulose, hemicelluloses and lignin, before it can be
gasified (in our case: over a heterogeneous catalyst). These must be bro-
ken down to smaller molecules (liquefaction, presented in section 2.2.3),
as only small molecules can access the active sites of a heterogeneous cat-
alyst. Near-critical and supercritical water are excellent media for break-
ing down the wood because many chemical bonds can be cleaved by
hydrolysis (i.e. the reaction with water).
The analysis of wood liquefaction experiments in presence of a skeletal
nickel catalyst, conducted within the frame of this thesis, revealed which
reaction intermediates were gasified in supercritical water, and which ones
remained in the liquid phase after reaction (for details refer to
section 6.1.5 and Table 6.3 on page 106). This knowledge was used to
judge the ease with which certain molecules are gasified:
D-glucose, formic acid, levulinic acid, methanol, ethanol and 5-hydroxy-
methyl furfural (5-HMF) were the main constituents of liquefied wood
that were degraded to other molecules during hydrothermal gasification
(i.e. gasification is “easy”). In contrast, oxalic acid, acetic acid, acetalde-
hyde and phenol were rather stable degradation products, staying in the
liquid phase after reaction at the conditions studied (i.e. gasification is
difficult). Acetic acid is significantly stabilized in supercritical water [128],
and even in supercritical water oxidation processes, the decomposition of
acetic acid is considered a critical, rate-limiting step [112].
Based upon wood degradation knowledge available from the literature
[135] and the above results from experiments carried out within the
framework of this thesis, a simplified wood-to-SNG reaction network
could be drawn, depicted in Figure 2.3. Similar findings were published
by Kruse and Gawlik [63].
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Figure 2.3: Proposed simplified reaction network of wood degradation to SNG.
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2.4.2 Reaction Network

Cellulose is hydrolyzed to glucose, the hemicelluloses to xylose and glucu-
ronic acid, and the lignin to phenolics and aldehydes by hydrolysis of the
ether and ester bonds [90, 136]. Coniferyl alcohol is a typical representa-
tive of the building blocks of spruce lignin (see chapter 5.2). 5-HMF is
formed by dehydration of glucose. An extensive study of the decomposi-
tion of glucose in sub- and supercritical water was presented by Kabye-
mela et al. [137, 138]. Dehydration of the phenolics leads to aromatics
(benzene, toluene, xylenes), which in turn may pyrolyze to coke. Hydro-
xylation of the phenols yields polyphenols (e.g. di- or trihydroxyben-
zenes). Polyphenols can condense to form oligomeric, tar-like substances.
Interestingly, also 5-HMF can form the polyphenol 1,2,4-trihydroxyben-
zene [139]. This important reaction links the non-phenolic wood building
block cellulose to the phenolic lignin.
According to Minowa and Fang [140], the polyphenols and 5-HMF are
decomposed at suitable reaction conditions to low molecular-weight car-
boxylic acids (acetic, formic, levulinic), aldehydes (acetaldehyde, furfural,
formaldehyde), alcohols (ethanol, methanol), and ketones (acetone). The
product distribution and the exact pathways are a function of the tempe-
rature, pressure, residence time, catalyst, and the composition of the bio-
mass itself [141]. These small molecules can be reformed efficiently on a
nickel or ruthenium catalyst to CO2, CO, H2, and CH4. Dealkylation of
alkyl groups on alkylphenol structures stemming from lignin can form
CH4 directly [142]. Acetic and formic acid can decarboxylate to form
CH4, CO2, and H2, [109, 128]:

CH3COOH  CH4 + CO2 (2.23)

HCOOH  CO2 + H2 (2.24)

The gaseous products CO2, CO, CH4, and H2 may equilibrate with water
according to the following reactions (reverse WGSR (2.25) as outlined in
section 2.2.6, CO2 methanation (2.26) as outlined in section 2.2.5, CO
methanation (2.27) as outlined in section 2.2.4):
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CO2 + H2  CO + H2O (2.25)

CO2 + 4 H2  CH4 + 2 H2O (2.26)

CO + 3 H2  CH4 + H2O (2.27)

At high CO2 and H2 partial pressures, CO may be formed via the reverse
water gas shift reaction. CO may also be formed as a primary product of
decarbonylation of aldehydes [143].
As outlined earlier by the findings of many researchers, the attainment of
the water gas shift (2.25) and the methanation equilibria (2.26) and
(2.27) are catalytically accelerated. Also Minowa and Fang, who used a
nickel catalyst, depicted this acceleration [140]. Accordingly, in all short
term experiments carried out in the batch reactor in presence of such a
catalyst (see section 6.1), the concentration of carbon monoxide in the
product gas was below 0.1 vol %. 

2.4.3 Avoidance of the Tar Problem of Conventional Gasification

Tar formation can be avoided by rapidly converting 5-HMF and the
polyphenols to low molecular weight compounds. Modell first observed
that wood could be gasified in supercritical water without the formation
of tars and char [144]. The conversion of tars and char is a big advantage
of the hydrothermal gasification over the conventional gasification tech-
nology, where tar formation is a major problem (the general definition of
“tar” in thermal process engineering is quite loose: “organic contaminant
with a molecular mass larger than the one of benzene” [145]). These tarry
substances may represent a significant portion of the heating value of the
wood and thus lower the gasification efficiency, if not used thermally. Tars
must be removed from the fuel gas before entering other downstream
equipment in conventional gasification [146]. Bridgwater actually stressed
that the tar problem still represents the most significant technical barrier
in conventional gasification [8].
The excellent solvation properties of supercritical water are probably
enhancing the reforming of the polyphenols. Polyphenols tend to form
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dark and oily oligomeric compounds when heated and/or exposed to oxy-
gen. Since these oligomers are not volatile, they stick to the surface of
reactors and catalysts and form tarry deposits. Supercritical water solubi-
lizes the polyphenolic precursors and allows for their efficient gasification
when a suitable catalyst is present. In a low pressure vapor phase, these
compounds would not be solubilized and would thus be difficult to gasify.
This behavior is depicted in Figure 2.4. When operating a hydrothermal
gasification plant, care should therefore be taken not to enter the vapor
region to avoid tar formation.

Figure 2.4: Tar-free gasification in supercritical water (SCW). Left: wood is
attacked by water molecules which hydrolyze the lignin and
celluloses. Middle: Hydrolysis products (e.g. sugars, phenolics) form
a liquid film around the particle. Water must diffuse through this
film to access the wood particle. Right: While in SCW, the oily film
is quickly dissolved and removed, and water can penetrate into the
wood particle, in steam gasification the sugars and phenolics
polymerize to tars, the particles are covered with an unpenetratable
oily film, and the particles eventually pyrolyze to coke and gas.
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Chapter 3: Experimental Setup

3.1 General

Several reaction systems were used to carry out gasification and lique-
faction experiments, long-term catalyst tests, catalyst screenings and vali-
dations of the comparability of model substances to real biomass feeds.
An overview is given in Table 3.1.

Table 3.1: Different reactor systems used.

system pro contra

batch reactor — real biomass slurries 
can be used up to 
high conc.

— simple and robust

— small amounts
— no long-term exp. (with the setup 

used for this thesis)
— p= f(mbiomass, T, cat., XC, etc.)

— off-line analysis (in this case, not 
generally)

— mixing by convection (could be 
improved)

continuously operating 
test rig

— long-term testing
— p, T control
— on-line gas analysis
— flow system

— laborious
— large pressure drop for fine cata-

lyst powders
— feed must be liquid

quartz capillaries — no catalytic wall 
effects

— optically accessible

— difficult (welding etc.)
— very small samples
— analysis difficult
— potentially harmful (capillary 

explosion)
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As each setup had its advantages and disadvantages, all three were used
in a complementary way. The setups are presented in more detail in the
following sections.

3.2 Batch Reactor

3.2.1 Setup

Most experiments with real biomass feeds (wood slurries, oil shale, reed,
peat, manure, etc.) were carried out in a small batch reactor system
developed at PSI. High feed concentrations could be used, but relatively
low amounts of biomass feed (0.5 — 1.0 g) were required to keep the pres-
sure within safety limits. A sketch of the reactor system is shown in
Figure 3.1, and a picture of the hot parts is given in Figure 3.2.

Figure 3.1: Sketch of the batch reactor used.
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The high-pressure section of the apparatus was constructed with standard
parts from HiP (High Pressure Equipment Company, USA). The reactor
consisted of a high-pressure 316 stainless steel tube (25.4 mm o.d. ×
14.3 mm i.d., length 152.4 mm, internal volume ~24 mL). A sheathed
1.6 mm type K thermocouple was fitted to the bottom of the reactor in
contact with the reaction medium. For experiments with biomass contain-
ing corrosive salts, a titanium liner was inserted into the reactor tube,
decreasing the effective volume to ~18 mL.

Figure 3.2: Hot parts of the high pressure batch reactor, including the titanium
liner.

A 316 stainless steel capillary tube (length 223 mm, 3.2 mm o.d. ×
1.6 mm i.d.) was connected to the reactor tube by a high-pressure union.
A type K thermocouple was attached to the outside of to the upper part
of the reactor in order to identify possible temperature gradients. After
reaction, the gases were held within the reactor (at about 4 MPa after
cool down). As an alternative, they could be transferred into a pre-evacu-
ated 1 L stainless steel bomb (Whitey), or at a later stage of the project
to a gas sampling bag (volume 1 L, SKC). Gas samples could then be
taken with a gas-tight syringe (SGE) through the needle valve (HiP) of
the reactor, or through the septum port of the stainless steel bomb or the
gas sampling bag, respectively. The gas was analyzed off-line by gas chro-
matography.

25 cm
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For later experiments, in order to gain more insight into the general time-
scale of gas production by hydrothermal gasification in the batch system,
a second high-pressure valve was connected to the existing one by a small
stainless-steel tube (length 4 mm, 1/4" i.d.). This addition made gas sam-
pling during experiments possible. By opening the first valve, a certain
amount of the reactor content was driven into the transfer line. Care had
to be taken not to open the valve too quickly or too widely in order to
avoid sucking the hot aqueous phase into the line. After closing the first
valve, a gas-sampling bag could be attached to the second valve, and the
gas transferred into the bag by opening the valve. More details on this
setup and a sketch are presented in section 6.5.1 (and Figure 6.22 on
page 157), together with the corresponding experimental results.

3.2.2 Feed Preparation and Experimental Procedure

A premeasured amount of biomass was mixed with water and catalyst in
a beaker to yield the desired feed concentration (10 — 30 wt %; the weight
percentages are calculated for the mixture of dry biomass and water,
only). In a typical experiment, a biomass-to-catalyst ratio of 2 was used.
The slurry was then loaded into the reactor tube with the help of a spa-
tula. The reactor tube was screwed tightly to the high-pressure union
attached to the capillary tube using a torque wrench. Air was removed by
evacuating the apparatus with the help of a water-driven ejector pump
for about 30 seconds. For liquid, volatile biomass model compounds (such
as synthetic liquefied wood, presented in section 5.2), the reactor was no
evacuated but flushed two times with argon. To avoid water evaporation
and dry out of the slurry during heat-up, the reactor was pressurized with
1.9 — 2.2 MPa of argon, serving also as a leak test.

The reaction was initiated by immersion of the reactor assembly into a
preheated fluidized sand bath (Techne SBL-2D). Maximum initial heat-up
rates of 1 — 1.3 °C/s (up to 350 °C) were achieved, but could be varied
down to 0.1 °C/s by immersion of the reactor into the sand bath at 70 °C
and simultaneously heating both the bath and the reactor. A radiation
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shield avoided excessive heat-up of the non-immersed reactor parts.
Before each experiment, an approximate calculation of the expected
maximum pressure was carried out. In case the calculated pressure
exceeded the preset pressure of the relief valve, the amount of feed slurry
and/or the operating conditions were adapted. For most of the experi-
ments, no samples were taken during the gasification process. To stop the
reaction after a predetermined time, the reactor was lifted out of the flu-
idized sand bath and quenched in a cold water bath. The pressure inside
the reactor and the temperatures were measured at intervals of 1 s using
a LabView™-based data acquisition system.

3.2.3 Analysis

Gas samples were analyzed off-line for CH4, C2H6, CO2, CO, H2 and Ar
on an Agilent 6890 GC using a TCD and a two-column switching system
with helium as the carrier gas. When the product gas was not transferred
into an SKC sampling bag, the total moles of gas were calculated as fol-
lows:

(3.1)

with yi being the volume fraction of gas i in the gas-phase analyzed by
GC, pend the resulting reactor pressure at 25 °C after quenching, T being
the absolute temperature of the gas, R being the universal gas constant
and Vgas being the volume available for the gas inside the system (Vreactor
— Vliquid). For all gases, compressibility factors zi (calculated through
regression of the molar density vs. pressure, data from NIST [147])
accounted for non-ideal behavior at elevated pressures:

(3.2)

The slopes αi and the intercepts βi of the linear regressions used are sum-
marized in Table 3.2.

ntot

yi pend Vgas⋅ ⋅

R T⋅
------------------------------------ 1

zi
----⋅ nCO2, diss.+

i
∑=

zi
pend

R T αi pend βi+⋅( )⋅ ⋅
------------------------------------------------------=
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Where applicable, the gas was transferred into the evacuated gas bomb,
which lowered the total pressure to less than 0.2 MPa, where ideal beha-
vior can be assumed, or transferred into an evacuated gas sampling bag.
There, the volume was determined by evacuation with a 60 mL plastic
syringe, and the total moles were calculated with the ideal gas law. The
amount of dissolved CO2 in the water phase after cool down, ,
lost during the depressurization and opening of the reactor, was calcu-
lated using Henry's law [148]:

(3.3)

and

(3.4)

with T being the absolute temperature and A, B, and C constants, see
Table 3.3. The solubility of the other gases in water was calculated in an
analogous way. However, their solubility is much lower than the one of
CO2, and thus, their contribution was neglected. A good compilation of
solubility data for hydrocarbons and CO2 mixtures in water was pub-
lished by Dhima [149].

Table 3.2: Compressibility factors zi of the gases detected by GC.

gas i
αi

mol/(m3 Pa)
βi

mol/m3

CH4 4.11×10—7 —21

C2H6 4.41×10—7 —84

H2 4.01×10—7 6

CO2 4.27×10—7 —52

CO 4.05×10—7 —3

nCO2, diss.

nCO2, diss. KH, CO2

0 yCO2
pend Vliquid⋅ ⋅ ⋅=

KH, CO2

0 T( )⎝ ⎠
⎛ ⎞ln A B

T
---- C

T2
------+ +=
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After cool down, the reactor was depressurized, opened and emptied. The
remaining slurry was filtered by vacuum filtration with a membrane filter
(regenerated cellulose, 0.45 μm pore size, Schleicher & Schuell). The reac-
tor was rinsed with methanol to remove any water-insoluble deposits. The
methanol washings were filtered over the same filter that was used for the
aqueous phase. This procedure yielded two liquid phases (one aqueous,
one methanolic) and a wet solid residue, consisting mainly of the recov-
ered catalyst. The solid residue was dried in a vacuum oven at 105 °C
over night and analyzed for its carbon content (Dohrmann boat module
and DC-190, see section 4.5 on page 72). The aqueous phase was analyzed
for dissolved organic carbon (DOC, Dohrmann DC-190 catalytic combus-
tion at 800 °C). Low molecular carboxylic acids, aldehydes, alcohols,
ketones and phenols were determined high pressure by ion exchange chro-
matography. The methanolic solution was analyzed for its water content
by Karl-Fischer titration to account for the water that could not be
recovered from the reactor (mainly sorbed on the catalyst) in the first
step. The methanolic solution was evaporated (45 °C, 200 hPa) and the
tar-like residue was analyzed for its carbon content (Dohrmann boat
module and DC-190). For most experiments, total mass balances and ele-
mental balances (CHO and Ar) were calculated. The experimental proce-
dure and analysis is summarized in Figure 3.3.

Table 3.3: Parameters for calculating the Henry’s law constant .

gas A / — B / K C / K2

carbon dioxide —6.027×10—1 5.857×103 —1.239×106

methane —2.172 7.886×103 —1.420×106

ethane —5.056 1.023×104 —1.887×106

KH
0
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Figure 3.3: Procedure of a typical batch reactor experiment.

3.3 Continuously Operating Catalyst Test Rig

While catalyst screening was mostly carried out in the batch reactor, no
information about catalyst stability could be gained beyond the time-
scale of a typical batch reactor experiment (~1 hr). A different reactor
system was thus needed. The system of choice was a continuously operat-
ing packed bed flow-through system.

3.3.1 Setup

The continuously operating test rig was made of 316L stainless steel. The
process flow sheet is depicted in Figure 3.4, and a photograph is shown in
Figure 3.5.
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Figure 3.4: Process flow sheet of the continuously operating reactor.
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Figure 3.5: Photograph of the continuously operating catalyst test rig. A: Liquid
model mixture feed flask. B: Water feed flask. C: Model mixture feed
pump. D: Water feed pump. E: Superheater (only water phase). F:
Mixing cross (heated, insulated). G: Tubular fixed-bed reactor
(heated, insulated). H: Cooler. I: Back pressure regulator. J: Glass
phase separator. K: Liquid product phase. L: Wet test meter.

All hot high pressure parts were purchased from SITEC, Switzerland.
Swagelok fittings were used to connect most cold parts. Two HPLC
pumps (Waters 515) were used to feed the organic mixture and the water,
stored in glass containers (degassed off-line by immersion into an ultra
sonic bath and on-line by purging nitrogen to remove dissolved oxygen) at
a pressure of 30 MPa. Two balances monitored the mass flow rates.
The setup with two feed lines allowed to change concentrations and indi-
vidual flow rates during an experiment. The water was preheated and
brought to the supercritical state in a heater before being mixed in a
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cross with the cold organic stream prior to entering the tubular fixed bed
reactor. For most experiments, the hot water entered the cross vertically
from the top, and the cold biomass model mixture entered it horizontally
from the side (up to exp. no. 8 of the deactivation campaign outlined in
section 7.2). Later, the hot water entered the cross horizontally, while the
cold biomass entered vertically from the top. This arrangement had just
been reported at that time to ensure best mixing of the fluids [150]. How-
ever, no difference in the resulting thermal profiles along the reactor
could be measured for this test rig. A heatable U-type jacket insulated
the cross and held it at a desired temperature. For experiments with
Raney nickel or 1 wt % Ru/TiO2, the reactor tube was 5.2 mm i.d.,
length 250 mm, and for experiments with 2 wt % Ru/C, the tube was
12 mm i.d., length 250 mm. Type K thermocouples were used at several
positions in order to measure the temperature inside the reactor. The ver-
tically mounted reactor tube (inlet at top, outlet at bottom) was sur-
rounded by an oven operated with heating cartridges, which resulted in a
rather uniform temperature profile along the reactor. This was measured
with a sheathed thermowell (1/16 " o.d., 1/32 " i.d.) that protruded
coaxially from the effluent side of the reactor. Due to technical reasons,
the thermowell for the wider tube used for the Ru/C experiments was
30 mm shorter, thus no temperature information was available from the
first 3 mm of the reactor length.
Below and above the catalyst packing was a bed of α-Al2O3 beads (parti-
cle size 1 mm for Ru/C, 110 μm for other catalysts). Downstream of the
reactor, a cooler was used to cool the outlet to 40 °C. A 5 μm filter
(SITEC) prevented possibly entrained particles of the bed from disrupt-
ing the manually regulated backpressure regulator (Tescom, model 54-
2000, valve seat made of polyetheretherketone, PEEK), BPR, over which
the fluid was expanded to atmospheric pressure. Initially, the valve seat
was made of polytetrafluoroethylene, PTFE, and later Kalrez® (a perflu-
oroelastomer from DuPont), which is said to be more stable against
chemicals (i.e. against unreacted feed). However, the seat had to be
changed frequently, after 50 — 70 hrs of operation, until PEEK was used,
with which the best results were achieved.
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The liquid phase was separated in a glass tube from the gas phase, which
was routed to a wet test meter to measure the accumulated volume of the
gas. A gas pump (KNF Laboport, model 1393-86) continuously withdrew
12 mL/min. of product gas, and fed it over a cryo trap to the gas chro-
matograph. Most data was registered on-line with a Labview™-based com-
puter program (Figure 3.6). The accumulated gas volume and the
temperature profile along the reactor had to be recorded manually.

Figure 3.6: LabView™-based data acquisition and monitoring program.

3.3.2 Experimental Procedure

During start-up, the plant was heated up by feeding pure water through
both pumps at the same flowrates used later in the gasification experi-
ment. Once stable temperatures were reached in the superheater and the
reactor, the feed line was switched to feeding biomass. While a change in
the weight hourly space velocity, WHSV1 had an immediate effect, a
change in concentration was affected by a short time lag until the new
mixture was flown from the mixing cross over the reactor.

1. units: gorganics/(gcat.,dry hr).
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At the end of an experimental campaign, the organics feed pump was
switched to water, and the heating was only switched off after there was
no further gas production registered. If the catalyst had to be exchanged,
the reactor was depressurized at the preceeding temperature (e.g. 400 °C)
in order to evaporate the water and empty all feed lines. This greatly
facilitated the discharge of the catalyst. Skeletal nickel catalysts however
were discharged in a wet condition due to their pyrophoric nature.

3.3.3 Analysis

The gas phase was measured on-line with a gas chromatograph (Agilent
6890) with helium as the carrier gas using a Thermal Conductivity Detec-
tor (TCD) and a two column switching system (HP-Plot Q and HP-Plot
Molecular Sieve) for carbon dioxide, carbon monoxide and hydrogen. An
Alltech Heliflex® column and a Flame Ionization Detector (FID) were
used for the separation and detection of hydrocarbons (methane, ethane,
propane and higher HC). It was coupled to a mass spectrometer (HP
5972). However, the MS was only used for qualitative analyses. For a
complete description of the method, refer to section 4.1.

Samples of the liquid product phase were taken manually on a regular
basis. Their organic and inorganic carbon content was measured off-line
with a Dohrmann DC-190 device, allowing for calculating the carbon con-
version XC as follows:

(3.5)

with DOC being the content of dissolved organic carbon. For all
monophasic samples, high pressure ion exchange chromatography yielded
the concentration of low-molecular carboxylic acids, aldehydes, alcohols,
ketones and phenols. Refer to section 4.2 on page 69 for a description of
the applied analytical method.

XC 1
DOCsample
DOCfeed

----------------------------–=
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3.4 Heating System for Quartz Capillaries

Most reaction systems described in the literature were made of stainless
steel, titanium, Hastelloy, or Inconel. Important data on the catalytic
hydrothermal gasification of wet biomass could be gathered [103, 151,
152], but these reactors can themselves exhibit catalytic wall effects [152,
153]; thus, even experiments with no catalysts used were not necessarily
non-catalytic. The batch reactor and the continuously operating catalyst
test rig presented in this thesis are no exceptions, as they are made of
stainless steel. It must be noted however, that the mixing cross and in an
early stage also the reactor tube of the continuously operating catalyst
test rig were gold coated (gold is reported to be inert also in SCW [121]),
but no significant influence of the wall on the macroscopic variables moni-
tored (gas concentration, carbon conversion) was identified.
The University of Twente in the Netherlands was the first to present the
idea of using quartz capillaries as micro reactors for hydrothermal experi-
ments [77]. Quartz as reactor material has — besides having no catalytic
effect — the additional advantage of being transparent. That the reaction
process can be monitored on-line led to the construction of a similar setup
here at the Paul Scherrer Institut.

3.4.1 Reactor Setup

The capillary reactor system consisted of a bottom plate (145×175 mm,
thickness 10 mm) and an upper part with milled notches to place the
capillaries. Both parts were made of brass. Six heating cartridges (6.5 mm
o.d., length 160 mm, 175 W power) were inserted between the bottom
plate and the upper part, adding up to a heating power of ~1 kW. The
two sections were held together with 16 screws, attached from the lower
part. A scheme of the reactor is displayed in Figure 3.7.
On top of the capillaries and the block, a quartz disk (thickness: 5 mm)
was used as a protective media. Additionally, a macrolon window (thick-
ness: 10 mm) secured the microscope (Leica Wild M3Z) and the camera
(Leica DFC 320) used to survey the process from glass splinters in case of
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capillary explosion. Between the quartz disk and the macrolon window,
air was blown to cool the plexiglass. Without this measure, the air above
the reactor became too hot and the macrolon started to melt. This caused
air bubbles to be incorporated into the plastic matrix which disturbed the
view on the capillaries.

Figure 3.7: Sketch of the side-view of the quartz capillary heating block, made of
brass. Between the bottom plate and the upper part with notches,
six heating cartridges ensured proper heat input.

The heating block was insulated on its sides and bottom with mineral
wool, and the whole apparatus was put into a steel box. A drawback of
this setup was the absence of a cooling means, so typical cooling times
after reaction were 1 — 2 hours. Two photographs of the apparatus can be
seen in Figure 3.8.

3.4.2 Quartz Capillaries

Quartz tubes (2 — 3 mm i.d., 5 — 6 mm o.d.) were used as starting mate-
rial for the capillaries. A wall thickness of 1 — 1.5 mm proved to be suffi-
cient to withstand internal pressures up to 40 — 50 MPa2. The tubes were
sawed into pieces of 155 mm length. To decrease the tensile stress of the
material, the capillaries were heated to 110 °C in vacuo at a rate of

2. Many capillaries were still destroyed during heat-up, possibly due to pressure surges and high tensile
stress within the glass. The heating in vacuo prior to reaction served as a remedy.
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2 °C/min. and kept at this temperature for three hours. Then, they were
slowly cooled down to room temperature within five hours.

Figure 3.8: Photographs of the setup used for capillary experiments.

After cool-down, the capillaries were sealed on one side by welding with
an oxyacetylene torch. Considerable practice was required to close the
capillaries nicely: it was important to turn the tube during the procedure,
and not to cool it down too fast, i.e. still in the welding flame, but in a
cooler section. Additionally, the thickness of the tube at the tip had not
to be increased by more than ~0.3 mm (the end can easily get the form of
a bulb); otherwise, the capillary would not fit into the heating block’s
notches anymore. On the other hand, the wall thickness of the capillary in
the tip should not be reduced either, because a significant thinner tube
could easily explode under pressure. An illustration of a capillary after
reaction is given in Figure 3.9, together with a magnification of the tips.
Once the capillaries were closed on one side by welding, they could be
filled with a previously prepared mixture, e.g. wood sawdust slurry and
catalyst. The amount to be loaded was calculated in view of the pressure
that would result from the temperature planned for the experiment. The
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slurry was then transferred into the capillary with a Pasteur pipette. Typ-
ical feed amounts were as little as 70 mg.

Figure 3.9: Examplary capillary after reaction, with magnified tips (experiment:
S. Rabe, PSI).

Frequently, the amount of water in the slurry was increased by ~20 mg
due to likely evaporation during the welding closure of the capillary.
While one had enough time to seal the first tip of the empty capillary, the
welding of the second tip had to be carried out within ~30 seconds. To
avoid excessive loss of water due to evaporation, the already closed end of
the capillay was immersed into liquid nitrogen for ~20 seconds until the
biomass slurry was frozen. Then it was quickly removed and the open end
of the glass tube was sealed with the welding torch. If there were biomass
particles close to the torch flame, the particles or the catalyst (especially
skeletal nickel) would catch fire. In this case, the capillary had to be dis-
posed of.

3.4.3 Experimental

After the capillaries had been sealed, the amount of water lost by evapo-
ration was determined by mass difference. Up to eight capillaries could be
put into the heating block at a time, but it was wise not to load more
than two simultaneously. In case of explosion, the pressure wave destroyed
the quartz disk above the notches, and thereby the intact capillary was
destroyed as well.
The capillaries were put into the notches, the final temperature of the
block and the heating ramp set, and the process was made visible with
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the miscroscope. Air was made to flow over the block at a rate of 10
L/min. to keep the temperature of the plexiglass window reasonably low.
At the end of the experiment, the heating cartridges were switched off
which allowed the setup to cool down.

Although originally designed as a quick screening technique, a significant
amount of time had to be spent for each experiment, as the welding and
loading of the quartz tubes turned out to be difficult. In addition, the
analysis of the end-products was very challenging, last but not least due
to their enclosure within the glass and the very small feed amounts that
were required to keep the pressure within safety limits. For these reasons,
the capillaries were mostly used to visualize processes (e.g. the transition
into the supercritical state) rather than for extensive catalyst testing.
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Chapter 4: Analytical Tools

4.1 Gas Chromatography / Mass Spectrometry

The gas samples of the various experiments were analyzed with the help
of a gas chromatograph (Agilent 6890). Helium was used as the carrier
gas at a flow rate of 20 mL/min. The device was equipped with a Ther-
mal Conductivity Detector (TCD) heated to 250 °C and a two column
switching system (HP-Plot Q, 30 m × 0.53 mm × 40 μm film thickness,
and HP-Plot Molecular Sieve 5A, 30 m × 0.53 mm × 50 μm film thick-
ness). The sample loop (volume 1 mL) was injected at t = 0.5 min., with
the valve switching between columns at t = 2.4 min. and t = 6.0 min. A
split ratio of 1:1 was used.
All off-line gas analyses had to be made with this setup, as the front
injector (ready for manual injections, heated to 250 °C) was physically
connected to these two columns. Carbon dioxide, carbon monoxide,
argon, hydrogen, and lower hydrocarbons (methane, ethane, propane)
were detected. The relative scatter in the data was generally low, around
3 %, except for hydrogen, where at low concentrations a scatter in the
data of up to 10 — 15 % was registered. The lower detection limit was 1 —
2 vol %, due to the rather small difference in thermal conductivity of
hydrogen and the carrier gas helium (0.07 W/(m K) for hydrogen, > 0.16
W/(m K) for all other gases), see Figure 4.1. When nitrogen was used as
the carrier gas instead, hydrogen was well detected, but all other gases
much worse than with helium, and carbon monoxide was not registered at
all, even at high concentrations (> 5 vol %), because its thermal conduc-
tivity is overlapping with the one of nitrogen.
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Figure 4.1: Thermal conductivity of the calibrated gases at 1 atm (data from
NIST [35]. The conductivity of hydrogen above 126 °C was
extrapolated due to the lack of reference data.

For the on-line measurements carried out at the continuously operating
catalyst test rig, an Alltech Heliflex® AT-5 column (30 m × 0.53 mm ×
5 μm film thickness, split ratio 5:1, split flow 146 mL/min.) and a Flame
Ionization Detector (FID, operating at 250 °C, H2 flow 35 mL/min., air
flow 350 mL/min.) were additionally used to detect the hydrocarbons

Table 4.1: Gas mixtures used for GC calibration.

component mixture 1
vol %

mixture 2
vol %

mixture 3
vol %

retention time
TCD / min.

retention time
FID / min.

CH4 10 60 92 8.0 4.2

C2H6 — 0.5 7 4.0 4.4

C3H8 — — 1 5.8 4.7

CO2 10 33 — 3.1 —

CO 5 0.5 — 8.5 —

H2 10 1 — 7.2 —

Ar 65 — — 7.4 —

N2 — 5 — 7.6 —
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(methane, ethane, propane and higher HC), coupled to a mass spectrome-
ter (HP 5972). However, the MS was only used for qualitative analyses.
The temperature profile used for the gas analysis was as follows: hold at
50 °C until t = 2.7 min., heat-up to 150 °C at 50 °C/min. and hold until t
= 7.2 min., cool-down to 100 °C at —50 °C/min. and hold until t = 9.2
min. Total duration of the analysis was 9.2 min.
Calibration was carried out with three different gas mixtures and pure
CO2 over a wide concentration range, see Table 4.1, to ensure that the
quantification of all reaction gas compositions was properly accomplished.

4.2 High Pressure Liquid Chromatography / High 
Pressure Ion Exchange Chromatography

For the identification and quantification of reaction intermediates such as
aldehydes, carboxylic acids, alcohols, and phenols, high pressure liquid
chromatography (HPLC, ion exclusion) was used (Dionex P680 pump,
Dionex UVD340U UV detector (200 - 600 nm), amperometry by Dionex
ED-50 electrochemical detector with Pt-electrode). The eluents and flow
rates as well as the specific column types used are tabulated in Table 4.2.

The analysis of cations and anions, e.g. in manure or hydrothermally liq-
uefied wood solutions, was performed with high pressure ion exchange
chromatography (HPIEC, Dionex ED-50 electrochemical detector (con-
ductivity mode) with Dionex DS3-1 detector stabilizer). A sketch of the
analytical setup is depicted in Figure 4.2.
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Figure 4.2: Sketch of the high pressure liquid chromatography setup used.

Table 4.2: Details of the high pressure liquid chromatography setup used.

alcohols,
aldehydes,
carboxylic acids phenols cations anions

guard
column

— integrated Dionex CG12A
4 mm

Dionex GA 1
4 mm

separation
column

Dionex ICE AS1
(9 × 250 mm)

MN Nucleodur
C8 Gravity
(4 × 250 mm)

Dionex CS12A
(4 × 250 mm)

Dionex AS11-HC
(4 × 250 mm)

self-regenera-
ting suppres-
sor

— — Dionex CSRS
Ultra II (4 mm)

Dionex ASRS
Ultra II (4 mm)

eluent A H2O
(χ<0.07 μS/cm)

KH2PO4
(20 mmol/L) 

H2O
(χ<0.07 μS/cm)

H2O
(χ<0.07 μS/cm)

eluent B H2SO4
(10 mmol/L)

acetonitrile
CH3CN

H2SO4 
(50 mmol/L)

NaOH
(100 mmol/L)

ratio A:B 5 : 95 40 : 60 78 : 22 40 : 60

total flow rate 0.8 mL/min. 0.8 mL/min. 1.0 mL/min. 1.0 mL/min.

eluent A

He
(opt.)

eluent B

He
(opt.)

guard
column

pumps

autosampler
injection
syringe

sample
loop

separation
column

UV 
detector

self-regenerating
suppressor

DS 3 detection
stabilizer

electrochemical 
detector

DG-1210
degas

data

Pt electrode

electrochemical 
detector

data

trash

HPLC
(setup I) waste

HPICE
(setup II)

OR

co
nd

uc
ti

vi
ty

 m
od

e

amperometry mode
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4.3 Soxhlet Extraction

Soxhlet extraction was carried out to analyze the biomass and/or the
catalysts for their content in inorganics, organics and volatile substances.
The procedure was as follows: ~10 g of sample were loaded into a soxhlet
jacket and placed into a 250 mL soxhlet apparatus. Water (~200 g, double
destilled, χ < 0.07 μS/cm) in a 500 mL round-bottomed flask was used as
extracting agent under reflux at 100 °C for 4 — 5 hours. 

4.4 Karl Fischer Titration

The Karl Fischer (KF) method for determining the water content in solu-
tions is well established and has been applied for decades.
The starting point for the development of the method was the Bunsen
reaction, where sulfur dioxide is oxidized by iodine in the presence of
water, according to (4.1) [154]:

2 H2O + I2 + SO2  H2SO4 + 2 HI (4.1)

In modern KF titration, an alcohol ROH (typically methanol) reacts with
sulfur dioxide and a base R’N (earlier: pyridine, nowadays mostly imida-
zole) to form an intermediate alkylsulfite salt (4.2), which is then oxidized
by iodine to an alkylsulfate salt by consumption of water (4.3):

ROH + SO2 + R’N  [R’NH]SO3R (4.2)

[R’NH]SO3R + I2/I3
— + H2O + 2 R’N  

[R’NH]SO4R + 2 [R’NH]I (4.3)

In this reaction, iodine and water are consumed stoichiometrically 1:1.
The iodine is generated electrochemically in-situ during the titration. The
total amount of water consumed is calculated on the basis of total charge
Q passed (Q = I·t, with 1 mg H2O corresponding to a charge of 10.72 C).
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Once all water is consumed, iodine is present in excess and detected vol-
tametrically by the titrator’s indicator electrode (double Pt electrode),
signaling the end-point of the titration. In earlier titration devices, dia-
phragm cells were used to separate the anode from the cathode in order
to prevent the iodine generated at the anode from being reduced to iodide
at the cathode instead of reacting with water. Newer devices incorporate
a diaphragm free design, where the migration of iodine to the cathode is
hindered through a smart combination of factors.

The analysis of water in solutions was carried out on a Methrohm KF-
coulometer 737. Typical injection volumes were on the order of 20 —
100 mg, depending on the sample’s water content.

4.5 Dohrmann-Rosemount DC-190

A Dohrmann-Rosemount DC-190 TOC analyzer was used to measure the
total carbon (TC) and inorganic carbon (IC), both in aqueous solutions
as well as in solids with the help of a boat module.
For the total carbon measurement, 50 μL of solution were injected with a
syringe into an oven at 800 °C. There, the sample was evaporated and
oxidized over a Pt catalyst under oxygen flow (250 mL/min.) to CO2,
which was detected by a non-dispersive infrared (NDIR) detector. The
lower detection limit was 50 — 100 ppm C. Solutions with more than 5000
ppm C had to be diluted first. As long as the samples were homogeneous,
the scatter in data was 3 — 5 %. Inhomogeneous samples had to be
diluted until they formed a singular phase.
In order to measure the content of inorganic carbon, samples of 50 μL
were injected into a phosphoric acid bath (conc. 20 wt %), where the fol-
lowing reaction took place:

CO3
2—(aq.) + 2 H+(aq.)  CO2(g) + H2O (4.4)
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The CO2 was stripped out of the phosphoric acid by oxygen and detected
by NDIR. The detection limit was in the same range of ~50 — 100 ppm C.
The total organic carbon content of the samples (or dissolved organic car-
bon content, DOC) was calculated by subtracting the inorganic from the
total carbon measured.
A boat module was connected via a Teflon tube with the DC-190. The
boat module consisted of a hatch where ceramic boats, filled with the
solid sample, could be loaded into a glass tube. The boats were placed
onto a wire (lenght ~40 cm) with a magnet at the opposite end. With
the help of the magnet, the boat could be moved through the glass tube
into a tubular oven, heated to 1200 °C, where the sample was burnt under
flowing oxygen. The combustion gas flowed then via a Co oxide catalyst
(to oxidize any potential residual carbon monoxide) and a Cu catalyst (in
case of HCl in the gas) over the NDIR detector.
Calibration of the total carbon was achieved with solid samples or liquid
solutions of potassiumhydrogenphthalate (C8H5KO4, puriss. p.a., Fluka)
which burns in oxygen without residue. The inorganic carbon was cali-
brated with solutions of sodium carbonate (water free, 99.9 %, p.a.,
Merck).

4.6 Inductively Coupled Plasma - Optical Emission 
Spectrometry (ICP-OES)

For inductively coupled plasma (ICP) analyses, the samples were chemi-
cally decomposed if necessary (solid samples) in a digester (Anton Paar
Microwave 3000, max. temperature 200 °C, max. pressure 6.0 MPa) and
brought into solution, typically with a mixture of solutions of HNO3, HF,
and H3BO3.
This solution was nebulized and sprayed into the argon plasma flame
(temperature 6000 — 8000 °C) of the analysis device (Varian Liberty 110),
which decomposed the compounds of the solution into atoms and ions.
The plasma flame brought the atoms and ions into an excited state;
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during the transition back to the unexcited state, the elements emit light.
This light was resolved in a spectrometer, and the elements were detected
on a photocell multiplier by means of the element specific wavelength of
the emitted light. Quantitative analysis was realized by measuring the
corresponding intensities. 

4.7 Brunauer-Emmett-Teller Surface Area (BET)

Full Brunauer, Emmett, and Teller (BET) isotherm measurements (on
Micromeritics ASAP 2010 and Micromeritics TriStar 3000) were carried
out to identify BET surface area, external surface area, average pore
diameter, and total pore volume of the catalysts or supports. Nitrogen at
—195.8 °C was used as adsorptive.
For the isotherm measurements, a known amount Vads of adsorptive is
given to the pre-evacuated sample, and the resulting pressure p is mea-
sured. Some of the nitrogen will adsorb on the surface or on already
adsorbed nitrogen molecules (mulitlayer adsorption is accounted for in
BET, in contrast to the Langmuir isotherms).
The following formula (4.5) can be applied to calculate the volume of a
monolayer Vm as well as the frequency factor k (the ratio of the residence
time for adsorption on uncovered surfaces to the residence time for
adsorption to already adsorbed molecules):

(4.5)

with po being the pressure at which condensation occurs. Plotting
p/Vads(po — p) versus p/po yields a straight line with slope (k — 1)/Vmk
and intercept 1/Vmk. The BET surface area SBET is then calculated by
taking the ratio of the volume of a monolayer Vm to the molar volume of
the gas at standard conditions, multiplied by the area Sm that one mole-
cule occupies (16.2 Å2 for N2 at —195.8 °C) times Avogadro’s number NA:

p
Vads po p–( )⋅
------------------------------------ 1

Vmk
----------- k 1–

Vmk
----------- p

po
------⋅+=
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(4.6)

These calulations are automatically carried out by the software of the
measurement device.

4.8 Temperature Programmed Oxidation / Reduction 
with a TG—FTIR

4.8.1 TPO/TPR for the Detection of Carbonaceous Deposits

Temperature programmed reduction (TPR) and oxidation (TPO) of some
samples were carried out in a TG—FTIR instrument (thermogravimetry
with Fourier transform infrared spectroscopy; TG: Netzsch STA 449C
Jupiter; FTIR: Bruker TGA—IR Tensor 27). 
Possible carbonaceous deposits on catalysts after their use could be iden-
tified by heating the sample under airflow or under inert atmosphere and
measuring both the weight change and the evolution of CO2 at tempera-
ture T by IR spectroscopy. For these experiments, ~20 mg of catalyst
were put into an Al2O3 crucible prior to analysis and purged with nitro-
gen. The samples were then dried at 110 °C for 30 min. under inert nitro-
gen atmosphere before being heated up to 800 °C with a heating rate of
11 °C/min. For TPO, synthetic air was used instead of nitrogen during
heat-up.

4.8.2 Oxygen Chemisorption Dispersion Measurement

To determine the dispersion and average cluster size of heterogeneous
metal (particularly ruthenium) catalysts, an oxygen chemisorption
method was developed. For these analyses, ~200 mg of granular catalyst
was put into a metal basket made of Pt, and purged with helium (quality
6.0; O2, N2, H2O, H2, Ne < 0.5 ppm, CnHm, CO, CO2 < 0.1 ppm). The
analysis was divided in two steps: reduction followed by oxidation.

SBET
Vm

22.414 L/mol
----------------------------------- NA Sm⋅ ⋅=
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Reduction: The samples were heated to 300 °C at a rate of 10 °C/min.
under an inert helium atmosphere (purified with a Supelco Supelpure™—O
oxygen trap, coupled to a Supelco OMI™—1 Indicating Purifier) and held
until weight constancy was reached. Hydrogen was then passed over the
sample at 300 °C to reduce the dispersed metal. Upon completion (no fur-
ther decrease in weight), the sample was cooled to room temperature
under helium.
Oxidation: At room temperature, oxygen was fed over the catalyst until
weight constancy was reached, after which helium was used again. This
procedure was repeated to ensure full oxidation of the surface metal. Care
had to be taken to be at low temperatures (< 40 °C) in order to avoid
oxidation of the metal in the bulk. Masthan and co-workers suggested to
carry out the oxygen chemisorption even at —78 °C [155], which was
unfortunately not possible with our device.

The surface ruthenium oxidation was assumed to take place according to
(4.7) [155-157]:

Rus + O2  Rus—O2 (4.7)

where multiple adsorption of oxygen is proposed. This stoichiometry
holds for particles smaller than 4±1 nm. However, for larger crystallites
[158] or ruthenium weight fractions below 0.5 wt % [155], an average of
0.5 O2 per ruthenium site has been reported. By measuring the weight
increase from the fully reduced to the surface oxidized catalyst, the dis-
persion D [158] can be calculated as follows:

(4.8)

with

(4.9)

where Δm refers to the weight increase measured due to oxidation, wRu to

D
nRu,s
nRu

------------- O2 Ru⁄
nO2, deposited

nRu
---------------------------------==≡

Δm 2 MO⋅( )⁄

mRu MRu⁄
----------------------------------=

mRu wRu mcat.,reduced⋅=
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the ruthenium loading of the catalyst, mcat.,reduced to the mass of the dry,
reduced catalyst sample, and MO and MRu refer to the molar mass of
oxygen and ruthenium, respectively.
The average crystallite size l assuming cubic shape derives from [159]:

(4.10)

with

(4.11)

where S refers to the surface area per gram of metal, ρRu to the ruthe-
nium density (1237 kg/m3), NA to Avogadro's number, and ARu to the
average surface that one ruthenium atom occupies (9.03×10—20 m2 [160]).
The specific active metal surface per gram of catalyst As is then:

As = S · wRu (4.12)

As most catalysts after use contained some metal corrosion products on
the surface which would interfere with the dispersion measurement (they
are commonly less noble and are thus oxidized first), this procedure was
only used to measure the dispersion of fresh catalysts.

4.9 X-Ray Diffraction (XRD)

X-ray diffraction (XRD) on a Philips X'Pert device using Fe Kα radiation
(wave-length 0.1936 nm) yielded the crystal size and by comparison with
reference spectra in certain cases also the oxidation states of the catalysts
(e.g. NiO). Due to the device's sensitivity, ≥ 5 wt % of the metal had to
be present in order to be identified, and crystallite sizes of ≥ 5 nm were
needed. The crystallite size B was calculated using the modified Scherrer
equation (4.13) [161]:

l 6
S ρRu⋅
-----------------=

S
D mRu MRu⁄( ) NA ARu⋅ ⋅ ⋅

mRu
----------------------------------------------------------------------

D NA ARu⋅ ⋅

MRu
---------------------------------= =
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(4.13)

with 0.89 a constant referring to measuring the peak width at half inten-
sity, λ being the wave-length of the X-ray used, Δ2θ the peak width and θ
the half angle of incidence of the X-ray beam (5 — 55 ° used) at which the
peak arose. It must be noted that the calculated particle size is the lower
limit, as the smallest particles determine the spectral linewidth.
The X-rays interfere with the atoms of the crystallites, which as a result
emit spherical waves of the same wavelength that overlap and eventually
cancel out if they are not in phase, i.e. the waves must fulfill the Bragg
condition (4.14) to be reflected.

(4.14)

with d being the lattice layer distance, θ the half angle of incidence of the
X-ray, n the diffraction order and λ the wave length of the X-ray. Reflec-
tions at a slightly different angle, θ+dθ, will extinguish each other for suf-
ficiently large crystals, as there will always be another lattice layer n so
that the emitted wave has a phase difference of π with the wave of the
first layer. For small crystallites, however, the number of lattice layers is
limited, and not all waves are thus canceling each other out. As a result,
there is a peak in the spectrum. The angles of incidence at which the
reflections take place are characteristic for each different element.

4.10 X-Ray Photoelectron Spectroscopy (XPS)

X-ray photoelectron spectroscopy (XPS) was carried out on the catalyst
samples to analyze the surface in terms of the oxidation state of the metal
and potential deposits. As the samples were usually dried in air, most
metals were oxidized. Twin-anode Mg Kα radiation was used as the X-ray
source in a VG Escalab 220i XL apparatus.

B 0.89 λ⋅
Δ2θ θcos⋅
---------------------------=

Δ 2d θsin⋅ n λ⋅= =
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4.11 Scanning Electron Microscopy (SEM)

The morphology of catalyst samples was visualized with scanning electron
microscopy (SEM) on a Zeiss DSM 962 (thermionic electron gun at 30
kV). It was coupled to energy dispersive X-ray spectroscopy (EDXS,
Noran System SIX, Pioneer Si(Li) detector, Norvar window) which
allowed for the quantification of the metal content near the surface, pos-
sible corrosion product depositions on aged catalysts, and presumably
bound sulfur (on the Ru/C catalyst). The samples were made conductive
with a carbon spray, thus carbon was not accounted for in the analysis.
Point-and-shoot analysis served to identify corrosion product deposits,
while mappings with full EDXS analysis of the spectra over representative
surface areas were used for global quantifications.

4.12 Scanning Transmission Electron Microscopy 
(STEM)

To visualize the crystal size and its distribution on the carrier, scanning
transmission electron microscopy (STEM) was used. For this, the mate-
rial was ground, dispersed in ethanol and some droplets were deposited
onto a perforated carbon foil, supported on a copper grid. The investiga-
tions were performed at ETH Zurich on a Tecnai F30 microscope (FEI
(Eindhoven); field emission cathode, operated at 300 kV). STEM images,
obtained with a high-angle annular dark field (HAADF) detector,
revealed the metal particles with bright contrast (Z contrast). Energy dis-
persive X-ray spectroscopy (EDXS) was carried out using an EDAX sys-
tem which was attached to the Tecnai F30 microscope. For a good
overview of the technique used for the characterization of heterogeneous
catalysts, see the recent publication of Liu [162].
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Chapter 5: Analysis of Feedstocks

5.1 Spruce and Fir — Woody Biomass

For experiments with woody biomass, a mixture of spruce and fir chips
(bark-free, purchased from Hans Schwere, Sägewerk u. Holzhandel AG,
Leuggern, Switzerland) was dried and milled to small particles with a
knife mill (x50 ~300 μm).
The wood’s ash content was determined by incineration in a ceramic pot
at 550 °C according to the DIN standard 38414-S3 to be 0.31 wt % of the
dry matter.
The wood was analyzed at ETH Zurich (Laboratory for Organic Chemis-
try) for its elemental composition, i.e. C, H, O, N, and S. The results are
tabulated in Table 5.1.

To simplify matters, the nitrogen and sulfur was accounted for in volatile
substances not ending up in the ash. This simplification is valid as the

Table 5.1: Elemental composition of the spruce and fir mixture (bark-free) used.

element wt %
ash-free
wt %a

a. normalized to 100 %.

ash-free
mol %

C 49.34 49.30 31.6

H 6.13 6.12 47.0

O 44.53 44.49 21.4

N 0.08 0.07 4.11×10—2

S 0.02 0.02 4.8×10—3

ash 0.31 — —
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content in N and S is very low. For manure, a more sophisticated
approach had to be used.
The empirical formula for the wood used in this work was thus
CH1.490O0.677, neglecting the nitrogen and sulfur.

The higher heating value (comprising the heat release due to condensa-
tion of the product water generated upon combustion) of the dry ash-free
wood, HHVdaf, was calculated by using an empirical formula [163] to 19.8
MJ/kg, while the lower heating value, LHVdaf, was calculated (acc. to an
empirical formula [164]) to 18.2 MJ/kg.
The content of lignin, cellulose and hemicellulose was not determined
experimentally. As a reference, data was taken from the literature [165].
For spruce, the lignin content was reported to be 28 wt % (acid insoluble
lignin), while the hemicellulose content was 20.9 wt %, and the cellulose
content was 41.1 wt %.

An HPIEC analysis of the soxhlet extractive of bark-free spruce and fir
yielded the composition in and content of inorganic ions contained in the
wood, see Table 5.2.

Table 5.2: Ions detected in the soxhlet extractive of bark-free spruce and fir.

cation
conc.

mg/kga

a. based on the dry matter of the wood.

conc.
mmol/kga anion

conc.
mg/kga

conc.
mmol/kga

sodium 573 24.9 acetate 6524 144.9

ammonium 153 8.5 propanoate 2 0.03

potassium 467 11.9 chloride 481 13.6

magnesium 107 4.4 nitrate 2584 41.7

calcium 499 12.5 sulfate 1080 11.2

oxalate 197 2.2

phosphate 54 0.6

thiosulfate 1 0.01
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Acetate, propanoate and oxalate are likely to exist in their acidic form in
woody biomass slurries as acetic, propanoic and oxalic acid. The nitrate
content was surprisingly high, whereas the content of chloride was rather
low. Therefore, the stainless steel batch apparatus was suitable for per-
forming hydrothermal gasification experiments; there was no titanium
liner needed to prevent corrosion.
In a typical gasification experiment using the batch reactor, ~0.7 g wood
were gasified in ~7 g water. Thus, inside the reactor the concentration of
chloride and sulfate was typically ~50 ppm and ~110 ppm1, respectively.
Mild corrosion can occur at these low concentrations around the critical
point of water [166], but for short batch experiments (usually 1 — 2 hrs),
no countermeasures had to be taken. In contrast to near-critical water,
much higher chloride contents (of the order of 104 ppm) are needed for
stainless steel to corrode at ambient conditions (in acidic media, pH = 2)
[167].

5.2 Synthetic Liquefied Wood

While wood slurries are an excellent feedstock for initial catalyst screen-
ings in the batch reactor, their deficiency is that they cannot be pumped
reliably on a laboratory scale. A liquid feed with chemical behavior akin
to wood was thus needed.
As described in section 5.1, spruce is made up of 28 wt % of lignin. Lignin
is a large biopolymer consisting of linked (mostly ether and ester bonds)
p-coumaryl, coniferyl, and sinapyl alcohol monomers (depicted in
Figure 5.1). For simplicity, only coniferyl alcohol was chosen to represent

1. Sulfate was later determined to deactivate ruthenium based catalysts (and possibly also nickel based

catalysts). For the stable 2 wt % Ru/C (Engelhard) catalyst, 110 ppm SO4
2— corresponded to a molar

sulfate-to-ruthenium ratio of 0.056 (for a wood-to-catalyst ratio of 1), and 0.113 (for a wood-to-cata-
lyst ratio of 2). However, a deactivating effect of sulfate in continuous experiments became only
apparent for sulfate-to-ruthenium ratios exceeding 0.7, compare with section 7.2 and Figure 7.17 on
page 207. The amount fed with wood was thus insufficient to poison the catalyst.
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the lignin fraction of the wood, as it has one methoxy group (in contrast
to none for p-coumaryl, or two for sinapyl alcohol).

Figure 5.1: Lignin monomers.

Accordingly, 72 wt % of spruce are made up of cellulose and hemicellu-
lose. Cellulose is a straight chain polymer (unlike starch) made of glucose
monomers, linked through β−1,4 glycosidic bonds (opposed to α−1,4 lin-
kages for starch yielding in a weaker poylmer [168]), as displayed in
Figure 5.2. Thus, glucose was chosen to represent the cellulose and hemi-
cellulose fraction of wood.

Figure 5.2: Cellulose, a straight chain polymer of glucose monomers.

The two building blocks of spruce are summarized in Table 5.3. Both
momoners have a molecular mass of 180.2 g/mol, and therefore their mass
proportion is equal to their molar proportion. The simplified empirical
formula of hydrolyzed wood is CH1.69O0.72, thus consisting of 47.60 wt %
C, 6.75 wt % H, and 45.65 wt % O.

As glucose and coniferyl alcohol are hydrothermally decomposed prior to
being gasified, a mixture of organic substances representing these two

OH

OH

OH

OH
OMe

OH

OH
OMeMeO

p-coumaryl alcohol coniferyl alcohol sinapyl alcohol
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building blocks should be chosen to simulate the mixture entering the
catalytic reactor, downstream of the preheater where the liquefaction is
carried out. To define such a mixture, wood liquefaction experiments were
carried out in the batch reactor, see section 6.1.5 and Figure 6.5 on
page 105. The resulting liquid phase containing hydrolyzed spruce was
analyzed for its constituents by HPLC. Among the many substances
detected, the following five were chosen to represent hydrolyzed wood (see
also Figure 5.3 and Table 5.4): formic acid, acetic acid, ethanol, phenol,
and anisole (methoxybenzene).

Figure 5.3: Left: C, H, O composition of hydrolyzed wood (and SLW). Middle:
weight fractions of formic acid, acetic acid, ethanol, phenol, and
anisole in SLW. Right: Mole fractions.

Some of the components are easily degraded, while others might be per-
sistent even after successful gasification experiments, as was investigated
with the batch reactor (details are presented in section 6.1.5). The syn-
thetic liquefied wood has the same carbon to hydrogen to oxygen ratio as
the bark-free hydrolyzed spruce (1 : 1.69 : 0.72), and the same content in

Table 5.3: Hydrolyzed wood and its building blocks glucose and coniferyl
alcohol.

C H O
Mi

g/mol wi xi

glucose 6 12 6 180.2 0.72 0.72

coniferyl alcohol 10 12 3 180.2 0.28 0.28

hydrolyzed wood 1 1.69 0.72 25.3
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aromatic molecules. Anisole was not detected as such, but it represents a
building block of lignin; others of the detected compounds were not
affordable for extensive experiments (e.g. 5-HMF). The mixture displayed
here thus nicely represented liquefied real wood and served as an excellent
model mixture for long term catalyst tests.

5.3 Swine Manure

5.3.1 General

The Eidgenössische Forschungsanstalt für Agrarwirtschaft und Landtech-
nik, Tänikon, Switzerland provided the swine manure used in this thesis.
They delivered two types: filtrated raw manure with a dry matter content
of ~3 wt %, and filtrated manure, concentrated on a curved screen to a
dry matter content of 15 — 20 wt %. For gasification experiments, only
the concentrated manure was used, as this is a possible feedstock for a
commercial plant. The raw manure has too high a water content for eco-
nomic operation of a plant; for analytical purposes however, also the
diluted raw manure is of value.

Table 5.4: Constituents of synthetic liquefied wood. wC,i = carbon mass fraction
in substance i, wi/xi = mass/molar fraction of substance i, CC,i =
percentage of carbon in feed by substance i (wC,i · wi), XC,i =
contribution to total carbon gasification if substance i is converted
completely (CC,i/Σ CC,i).

substance i C H O wC,i wi xi

CC,i 
wt %

XC,i
% gasification

formic acid 1 2 2 0.26 0.373 0.472 9.6 20.0 easy

acetic acid 2 4 2 0.40 0.203 0.197 8.0 16.7 hard

ethanol 2 6 1 0.52 0.124 0.157 6.5 13.6 medium

phenol 6 6 1 0.77 0.146 0.091 11.2 23.4 hard

anisole 7 8 1 0.78 0.153 0.083 12.6 26.3 hard
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5.3.2 Dry Matter Content and Elemental Analysis

The dry matter (DM) content of the concentrated manure (as received)
was 16.2 wt %. An elemental composition analysis (EA) yielded the car-
bon, hydrogen, oxygen, nitrogen, and sulfur content of the dry matter, see
Table 5.5.

These 5 elements account for about 5/6 of the composition of the dry
matter. No distinction between oxygen bound in organic constituents and
oxygen bound in inorganic substances is possible by this method. Comple-
mentary analyses were necessary in order to identify the amount of inor-
ganic oxygen. The inorganic oxygen has no positive contribution to the
heating value of the feedstock. If not treated separately, the estimation of
the energy content in manure is wrong, and net thermal process efficiency
evaluations for a hydrothermal gasification plant appear too promising.

5.3.3 Incineration Residue

While the ash content of wood was very low, 0.3 wt % of the dry matter,
the residue after incineration of concentrated raw manure under O2 at
550 °C was 26.2 wt % of the dry matter (incineration loss made of organic
substances 73.8 wt %), and after incineration under O2 at 890 °C, it was
24.2 wt %. Between 550 — 890 °C, the carbonates (CaCO3, MgCO3,
Na2CO3, K2CO3) decomposed to CO2 and the corresponding metal
oxides. The mass difference was 2.0 wt %, corresponding to the CO2 lost.
Two inorganic oxygen atoms of the carbonates are accounted for in the
CO2 fraction, while the third oxygen atom is then accounted for in the
metal oxide fraction, determined later. The inorganic oxygen of the car-
bonate fraction was thus ~1.5 wt % of the dry matter.

Table 5.5: Elemental analysis of the dry matter of concentrated swine manure.

element C H O N S sum

content / wt % of DM 35.74 5.20 40.85 2.20 0.41 84.40
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It is important to know the composition of the dry matter for several rea-
sons: (i) contained salts can have a deactivating effect on the catalyst, (ii)
the salts are responsible for corrosion, and, as stated before, (iii) the
amount of inorganic oxygen must be identified for the accurate determi-
nation of the heating value.

The constituents of manure can be divided into sub-groups, according to
a thermal or a chemical viewpoint.

5.3.4 Thermal vs. Chemical Viewpoint

From a thermal point of view, the manure can be divided into these three
groups of constituents:

1. water content (H2O)
2. incineration loss (IL)
3. incineration residue (IR)

Thereby, 2. + 3. represent the dry matter content (DM).

From a chemical point of view, the manure can be divided into these six
groups of constituents:

1. water content (H2O)
2. dissolved organics (DOC)
3. organic solid material (TC —IC —DOC)
4. carbonates and hydrogen carbonates (IC)
5. dissolved inorganic salts (other than (hydrogen) carbonates)
6. oxides (e.g. MgO, CaO, K2O, Na2O, SiO2, Al2O3)

The two different viewpoints are depicted in Figure 5.4.
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Figure 5.4: Constituents of concentrated swine manure. Thermal viewpoint
(above) vs. chemical viewpoint (below). DOC: dissolved organic
content, TC: total carbon, IC: inorganic carbon.

In addition to the thermal analysis (water content, incineration loss,
incineration residue), soxhlet extraction combined with an HPIEC analy-
sis was carried out to identify salts, and an ICP analysis of the incinera-
tion residue to identify the oxides.

5.3.5 Washing Procedure and Soxhlet Extraction

When gasification experiments with manure were carried out, a washing
procedure was applied to free the manure from its salts. The idea was to
set a salt-free manure as a reference material, and test the influence of the
salts on gasification (conversion, gas composition, etc.) separately by
adding them back before the experiment. However, the washing procedure
turned out to be highly insufficient, and most salts stayed in the manure,
possibly enclosed within the cells of the biomass.
The dry matter was elutriated with water (χ < 0.07 μS/cm) and mixed
with a spatula for ~1 min. After decanting the water, the residue was cen-
trifuged. The procedure was repeated 6 times, yielding a wash water frac-
tion and a slurry fraction. The slurry fraction was then treated by Soxhlet
extraction for 5 hrs (extracting agent: water under reflux). The two
phases (soxhlet extract and wash water fraction from decanting) were fil-
trated over a membrane filter (regenerated cellulose, 0.45 μm pore size,
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Schleicher & Schuell) and analyzed by HPIEC. The washing procedure is
visualized in Figure 5.5.

Figure 5.5: Washing procedure with manure, resulting in a filtrated wash water
fraction and a filtrated Soxhlet extract.

5.3.6 Analysis of Ions Contained In Swine Manure

The ions contained in the concentrated swine manure were measured by
high pressure ion exclusion chromatography and are tabulated in
Table 5.6. The content of the untreated manure was calculated by sum-
ming up the contents of the wash water and the soxhlet extract. By mea-
suring the two of them separately, a measure of the washing efficiency for
the specific salts could be gained.
As can be seen, most salts were not extracted from the manure by the
washing procedure. The sum of sulfate and thiosulfate corresponds to
0.44 wt % sulfur of the dry matter, matching nicely the amount deter-
mined by elemental analysis (0.41 wt %). By comparison, the results of
the nitrogen found by the two methods, agree rather poorly: 2.20 wt %
were measured by elemental analysis, while the sum of ammonium and
nitrate, determined by HPIEC, yield a nitrogen content of 4.11 wt % of
the dry matter. This stands in contrast to the expected value, since nitro-
gen should also have been found in proteins, which could not be detected
by HPIEC. Hence, the amount determined by HPIEC should be lower
than the one determined by elemental composition analysis, and not
higher. On the other hand, ammonium could be volatilized (as NH3) in

manure
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the timespan starting with the drying of the manure, to the milling, the
transportation and the evaporation of the sample before the elemental
analysis. If this was the case, it is as expected: the amount determined by
EA corresponded to the nitrogen in nitrates and proteins, and the
amount determined by HPIEC to the nitrogen in nitrates and ammo-
nium. Then, the real amount of nitrogen would be of the order of ~5.8
wt % of the dry matter. Due to these circumstances, there is a large
uncertainty attached to the value of the nitrogen content; ~5 wt % seems
to be a reasonable estimate.

The hydrogen of the ammonium ions made up ~1.1 wt % of the dry mat-
ter of manure. Assuming the ammonium was lost due to volatilization
prior to the elemental analysis, the total amount of hydrogen corres-
ponded to 6.30 wt % of the dry matter.
The amount of oxygen contained in the phosphate, nitrate, sulfate, and
thiosulfate detected by HPIEC was 4.51 wt %, 1.61 wt %, 0.7 wt %, and
0.07 wt % of the dry matter, respectively, adding up to 6.89 wt %.

Table 5.6: Ion content of the concentrated swine manurea (washed, unwashed)
and washing efficiency for the specified ions.

a. all concentrations are based on the dry matter.

anion

untreated 
conc. 
mg/kg

washed 
conc. 
mg/kg

washing 
efficiency 

% cation

untreated 
conc. 
mg/kg

washed 
conc. 
mg/kg

washing 
efficiency 

%

chloride 5460 5070 7 sodium 6740 3590 47

nitrate 20780 7000 66 ammonium 46790 19600 58

phosphate 66930 10660 84 potassium 9080 7260 20

sulfate 10530 3320 69 magnesium 3810 890 84

thiosulfate 1610 0 100 calcium 2720 1690 38

oxalate 1200 0 100

propanoate 30 0 100

fluoride 38 22 43
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5.3.7 Analysis of Metal Oxides Contained in Swine Manure

The incineration residue of concentrated swine manure was digested in a
mixture of 20 mL HNO3, 20 mL HF, 200 mL H3BO3 in 260 mL H2O. The
resulting solution was analyzed for its metal content by ICP-OES. It is
presented in Table 5.7.

Besides Si and Al (probably as sand, SiO2 and Al2O3), Fe, Mn, and Zn,
the majority of the metal content was made up of Ca and Mg. Na and K
were not quantitized by this method due to poor reproducibility of the
measurement results. While HPIEC measured ion contents of Ca2+ and
Mg2+ of the order of 0.3 wt % each, the amount determined by ICP was
~10 times more, about 3 wt %. A possible explanation is that the earth
metals are mostly present in form of oxides rather than ions in solution
(CaO, MgO, part of it originally as carbonates prior to incineration; it

Table 5.7: Elements detected in incineration residue of swine manure by ICPa.

a. the concentrations are based on the dry matter of
manure, not its incineration residue.

element
conc. 
mg/kg

probable 
oxide

oxygen in oxide 
mg/kg

Mg 33770 MgO 22230

Ca 29980 CaO 11967

Si 14775 SiO2 16834

Al 3185 Al2O3 2833

Fe 2900 Fe2O3 1247

Mn 940 MnO 274

Zn 725 ZnO 328

Cu 135 CuO 34

Pb 3.6 PbO 0.3

Cd 1.3 CdO 0.2
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could be estimated that ~10 % of the Ca and Mg were present as carbon-
ates, corresponding to the 1.1 wt % loss measured by incineration from
550 — 890 °C attributed to the earth alkali metals). For the quantification
of the elements Na and K, the results of the HPIEC analysis were taken
(due to the lack of reliable ICP data), while for the quantification of Ca,
Mg, Si, Al, Fe, Mn, Zn, and Cu, the ICP were used.
Assuming that Ca and Mg were present as CaO and MgO, respectively
(10 % of it as carbonates), and that all Si, Al, Fe, Mn, Zn, and Cu were
present as SiO2, Al2O3, Fe2O3, MnO, ZnO, and CuO, respectively, the
oxygen contained in these metal oxides corresponded to 5.57 wt % of the
dry matter of concentrated swine manure.

5.3.8 Summary of Analytical Results

The total inorganic oxygen of the concentrated swine manure was deter-
mined to be ~14.0 wt % of the dry matter. About 1.5 wt % stemmed
from carbonates, ~6.9 wt % from inorganic salts (phosphate, nitrate, sul-
fate, and thiosulfate), and ~5.6 wt % from metal oxides. Thus, only 26.9
wt % of the dry matter, or 66 % of the total oxygen, was oxygen bound in
organic substances, contributing positively to the heating value of the
manure. Oxalate and propanoate ions most likely exist in their acidic
form and are thus gasifyable.
The distribution of oxygen on the various constituents is depicted in
Figure 5.6.
The global balance closes very nicely to 99.3 wt %: C, H, O, N, S by ele-
mental analysis make 84.4 wt %. N and H are probably underestimated
due to loss of ammonia, leading to the correction of an additional ~1
wt % for H and ~3 wt % for N. Cl, Na, and K by HPIEC have a propor-
tion of 0.55 wt %, 0.67 wt %, and 0.91 wt %, respectively. Phosphorus
detected in phosphate makes 2.1 wt %, and the metals detected by ICP
sum up to 6.7 wt %.
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Figure 5.6: Distribution of the oxygen in concentrated swine manure. Left:
Sources of oxygen (proportions relative to total oxygen). Right:
Oxygen bound in inorganic substances (proportions relative to total
inorganic oxygen).

Based on this analysis, the lower heating value LHV of the dry matter of
concentrated swine manure is 16.3 MJ/kg (correlation: [164]), while the
higher heating value HHV is 17.6 MJ/kg (correlation: [163]).

The proposed combination of analytical methods (elemental composition
analysis, incineration loss, Soxhlet extraction, HPIEC, and ICP) yield the
composition of manure with total balances closing nicely. It seems thus to
be of reasonable accuracy.

5.4 Palm Oil Pyrolysis Condensate

In Southeast Asia, particularly in Malaysia, palm oil pressing residues are
an abundant feedstock used for the production of pyrolysis gas. A large
aqueous waste stream is generated in the pyrolysis process: palm oil
pyrolysis condensate. About half of the global annual production of palm
oil originates from Malaysia, corresponding to some 20 million tons a
year, producing aqueous waste streams exceeding 30 million tons annually
[67]. If the pyrolysis condensate could be used to produce SNG in a
hydrothermal plant, the pyrolysis efficiency could be enhanced and simul-
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taneously the waste stream problem associated with it would be solved. 
Besides its economic significance, palm oil pyrolysis condensate (short:
pyrolysis condensate) is — in contrast to manure or wood slurries — an
aqueous liquid phase, with salt concentrations somewhere in between the
content of wood and manure. Pumping is greatly simplified in comparison
to handling manure or wood slurries on a laboratory scale (throughput
~1 kg/hr), as many problems can be avoided (segregation of the liquid
and solid phase, contamination with solids on the sealing face of the
pump’s valve seats, etc.). For this reason, pyrolysis condensate is the feed-
stock of choice for a small process demonstration unit (see chapter 8) of
the order of 1 kWth., or a gas production of 200 — 400 L/hr, even if the
feedstock is not common in Europe.

The density of the pyrolysis condensate was determined in a 100 mL volu-
metric flask to slightly heavier than pure water. The electric conductivity
was 4.20 mS/cm. The condensate was acidic, with a pH of 3 — 4. The
water content was determined by KF titration to be 55.2 wt %. The dry
matter content was determined by evaporation at 105 °C and 100 hPa to
be 17.8 wt %. 27 wt % are thus stemming from rather volatile compounds
(=feed—H2O—DM). The total carbon content was measured by DC-190
(boat module) to be 26.4 wt %, with a dissolved organic carbon propor-
tion (DC-190 boat module after filtration over a 0.45 μm regenerated cel-
lulose filter) of 26.5 wt %. The two values are very close, thus it is
reasonable to assume that all carbon of the pyrolysis condensate was dis-
solved organic carbon. The chemical oxygen demand (COD, determined
with round cuvette quick test using potassium dichromate, Nanocolor
CSB 1500, Macherey-Nagel) was very high, 705 ,
or 22 mol/L. The results are tabulated in Table 5.8.

The chemical oxygen demand is the amount of oxygen needed to fully oxi-
dize the organic content, according to (5.1):

(5.1)

gO2
/Lpyrolysis condensate

CnHaObNc n a 2b– 3c–
4

---------------------------+⎝ ⎠
⎛ ⎞ O2 nCO2

a 3c–
2

---------------⎝ ⎠
⎛ ⎞ H2O cNH3+ +→+
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Assuming a composition similar to hydrolyzed wood, e.g. CH1.6O0.7, and
neglecting the nitrogen content, the stoichiometric factor of oxygen
becomes 1 + 1.6/4 — 0.7/2 = 1.05. Thus, about 22/1.05 ≅ 21 moles of
CH1.6O0.7 should be contained in 1 L of pyrolysis condensate, correspon-
ding to ~25 wt % of carbon, being in good agreement with the value
determined by DC-190.
A procedure to estimate the higher heating value from the measured
chemical oxygen demand was reported by Vogel [169]. From tabulated
molar heat of combustion values of manifold organic substances with vari-
ous C/H/O ratios [170], the chemical oxygen demand per mole substance
for the total oxidation can be calculated. Surprisingly, a plot of the molar
heat of combustion vs. the molar oxygen demand (i.e. )
for the total oxidation yields a straight line with a slope of —411.15

 per . Thus, by determining the chemical
oxygen demand, the higher heating value HHV, corresponding to the heat
of combustion, can be estimated: 1 L of pyrolysis condensate (1079 g)
comprised 286 g carbon (26.5 wt %) or 23.8 mol. The COD was
705 , or 22.03 mol/L, which corresponds to 0.926 mol O2 per mol
of pyrolysis condensate. The higher heating value of the pyrolysis conden-
sate is thus 380.7 kJ/mol (9060 kJ/L or 8400 kJ/kg).

Table 5.8: Properties of the palm oil pyrolysis condensate as received.

property (at 20 °C) value property (at 20 °C) value

density 1.079 kg/L dry matter (DM) 17.8 wt %

electric conductivity 4.20 mS/cm total carbon (TC) 26.4 wt %

pH 3 — 4 diss. org. carbon (DOC) 26.5 wt %

water content 55.2 wt % CODa 705 

volatile substancesb 27.0 wt % HHV 8400 kJ/kg

a. chemical oxygen demand
b. 100 %—water content—dry matter

gO2
/L

molO2
/molsubst.

kJ/molsubst. molO2
/molsubst.

gO2
/L
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The inorganics content of the palm oil pyrolysis condensate was deter-
mined by HPIEC (see Table 5.9). Interestingly, the charge balance did
not close well; not enough anions could be detected. Nitrate was not
measured due to experimental difficulties with the HPIEC setup; possibly,
the balance would have closed better if nitrate had been detected. Simi-
larly, Mg was not detected at all, but it is assumed to exist as well.

If more analytical results are needed, an approach analogous to the
manure analysis is recommended.

Table 5.9: Ions in palm oil pyrolysis condensate, measured by HPIEC.

cation
conc.
mg/kg

conc.
mmol/kg anion

conc.
mg/kg

conc.
mmol/kg

sodium 4560 198.3 sulfate 6710 69.9

calcium 1470 36.7 o-phosphate 890 9.4

potassium 180 4.5 chloride 440 12.5
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Chapter 6: Selection of Catalysts

6.1 Experiments for the Attainment of the Chemical 
Equilibrium Composition with a Skeletal Ni Catalyst

6.1.1 Starting Point and Aim of The Experiments

The starting point of the thesis was to procure experimental evidence
that a product gas corresponding to the chemical equilibrium composition
can indeed be achieved by gasifying wood slurries at process relevant con-
centrations (10 — 30 wt %) with a proper catalyst. Skeletal Ni catalysts
are known to exhibit a high activity for reforming as well as for methana-
tion reactions [58]. Their attractive price justified that they were selected
as the first catalysts to be tested. The gasification experiments were car-
ried out in the batch reactor described in section 3.2, together with an
overview of the applied procedures for the experiments and their analysis.

6.1.2 Experimental Details and Overview

A total of 9 experiments were carried out with skeletal nickel catalysts
and wood as feedstock. Refer to Table 6.1 for a complete list of the expe-
rimental details and results.
The codes used as abbreviations for the individual experiments are based
on the convention displayed in Figure 6.1.
A commercially available slurry grade skeletal nickel catalyst was pur-
chased (Raney1 2800 nickel, Sigma Aldrich) and used without further
treatment. The slurry contained 50 wt % of solid catalyst and 50 wt % of

1. Raney is a trademark of Grace Davison, Inc. Raney catalysts designate skeletal catalysts after their

inventor Murray Raney. The term “Raney” (instead of “Raney®”) will be used when the product was
named as such; otherwise, the term “skeletal nickel” will be used throughout this work.
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water (due to the catalyst’s pyrophoric nature). The pH of the slurry
solution was ~9, corresponding to 3.5×10—9 mol NaOH for a typical feed,
whereas about 1.5×10—5 moles of Na+ were contained in the biomass to
be gasified. The amount of sodium added with the catalyst solution was
thus negligible.

Figure 6.1: Explanation of the experimental codes used for batch experiments.
Feed type: H for wood (German: Holz), G for manure (German:
Gülle). Reactor: B for batch (bomb) reactor. Temperature in °C.
Catalyst type: R for Raney Ni 2800 (Aldrich).

Table 6.1: Conditions and results of wood gasification experiments.

run no.

wwood

wt % [—]

Tmax.

°C

pend

MPa

t
(T<Tc)

min.

t
(T>Tc)

min.

DOCaq.
a

mg/L

TCres.
a

mg/gres.

HB300R01 10.5 2.0 303 12.2 41 0 18’480 142.9

HB400R01 10.0 1.9 409 34.1 5 24 300 14.9

HB400R03 9.9 1.8 402 30.8 8 22 720 20.3

HB400R04 9.7 1.9 405 31.6 57 25 770 7.6

HB400R05 9.7 1.8 400 29.3 57 9 4’470 22.4

HB400R06 9.7 1.9 404 31.5 56 42 1’020 19.6

HB400R07 9.6 1.9 404 31.0 6 92 670 13.8

HB400R08 29.9 2.1 403 32.0 55 43 1’620 0.1

HB400NC1 9.6 N/A 409 29.3 6 92 14’390 871.4

a. DOCaq. = dissolved organic carbon remaining in the aqueous phase, TCres. = total carbon
content in mg/gresidue by measurement with DC-190 (boat module) as defined in the notation
overview on page xx.

mwood
mcat.

---------------

H B 400 R 01

feed type

reactor

steady state
temperature

catalyst type

experiment
nr.
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Raney 2800 nickel proved very active in the experiments. A loading of 0.5
g of catalyst (dry solid) per 1 g of wood was chosen. The reason for this
rather high catalyst-to-feed ratio was to ensure the attainment of equilib-
rium conditions within a reasonable time before possible catalyst deacti-
vation (e.g. due to sintering, hydrolysis, interaction with salts, etc.).
Typically, the wood concentration was 10 wt %, but could be increased
up to 30 wt % by using smaller feed amounts (typically ~700 mg dry
wood + 6.3 g H2O for 10 wt %, 1.65 g wood + 3.85 g H2O for 30 wt %).

6.1.3 Results of Wood Gasification with Raney 2800 Ni (Aldrich)

The evolution of temperature and pressure during a typical experiment
are depicted in Figure 6.2. For large heat-up rates, the critical point was
reached after ~5 minutes and a steady state of pressure and temperature
after ~15 min., and for small heat-up rates, the critical point was reached
after ~56 min. with a steady state after about 75 min., indicating the end
of the gasification reaction.

Table 6.2: (continued)

run no.

XC
a

%

GEa

%

Ygas
a

L/gwood

CH4

vol %

CO2

vol %

H2

vol %

CO

vol %

a

HB300R01 87.1 29 0.30 23 59 18 < 0.1 0.05

HB400R01 99.1 46 0.45 37 56 6 < 0.1 0.12

HB400R03 99.0 77 0.84 30 45 24 < 0.1 0.19

HB400R04 99.2 96 0.85 47 46 7 < 0.1 0.30

HB400R05 95.1 80 0.75 40 47 13 < 0.1 0.22

HB400R06 98.4 96 0.86 47 46 7 < 0.1 0.30

HB400R07 99.4 103 0.92 49 43 8 < 0.1 0.33

HB400R08 99.5 89 0.79 48 49 3 < 0.1 0.28

HB400NC1 85.7 21 0.19 14 61 16 9.0 0.02

a. XC = dissolved carbon conversion, GE = carbon gasification efficiency, Ygas = gas
yield,  = methane yield, as defined in the notation overview on page xx.

YCH4

gCH4
/gwood

YCH4
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The carbon gasification efficiency GE was introduced:

(6.1)

with i = typically CH4, CO2, CO, and, if detected, C2H6 and C3Hx. It
varied between 77 and 103 %. Higher hydrocarbons were not detected.
Thus, under ideal conditions, the carbon contained in the woody biomass
could be completely gasified.

Figure 6.2: Evolution of temperature (left axis) and pressure (right axis) during
the catalytic hydrothermal gasification of wood sawdust. Run no.
HB400R03 used a fast heat up rate, whereas run no. HB400R06 used
a slow heat-up rate (for conditions: see Table 6.1).

In all catalytic runs at supercritical conditions, no tars were present after
opening the reactor, and the aqueous phase was colorless with a very low
DOC content. A photograph of the feed suspension used for the experi-
ments and the colorless water product phase after reaction can be seen in
Figure 6.3.

GE
nC, product gas

nC, feed
-----------------------------------

nC,i
i

∑
nC, feed
------------------= =
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Figure 6.3: Photograph of the feed suspension (left; water-catalyst-wood
mixture) and the colorless aqueous product phase (right) with very
low dissolved organic carbon content.

Figure 6.4: p-T-trajectory for run HB400R06, in comparison to the pure water
vapor pressure line (from tabulated data [147]). Note: during
quenching (ΔT ca. —10 °C/s), the pressure signal (measured in the
upper part) lags behind the temperature signal (measured in the
lower part) due to the very thin capillary connecting the two parts,
thus the pressure signal seems to follow the vapor pressure line.
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A temperature of 405 °C and pressures ranging from 29 to 34 MPa,
depending on the feed properties, were chosen as a starting point of
operation and resulted in good gasification. No attempt was made to
optimize the reaction conditions. An analysis of the pressure-temperature
trajectory, shown in Figure 6.4, revealed that the reaction mixture
approached the critical point of pure water before going into a supercriti-
cal state, thus the vapor region was avoided. Up to 2 MPa of argon were
applied prior to heat up to always keep a dense, liquid phase in the reac-
tor.

6.1.4 Comparison Between Catalytic Liquefaction (300 °C, small τ) and 
Catalytic Gasification (400 °C, large τ)

In experiment HB300R01, the reactor was slowly heated to 300 °C (heat-
up rate ~6.8 °C/min.), in presence of Raney nickel catalyst to prevent the
formation of char and tars, and then rapidly quenched as soon as 300 °C
were reached. This experiment yielded a liquid phase rich in dissolved
organics. The liquefied wood filtrate of liquefaction experiment HB300R01
was analyzed by ion exclusion chromatography for its composition in
order to identify some reaction intermediates. The separation quality of
the analyses is presented in two chromatograms, shown in Figure 6.5
(peak numbers correspond to the ID in Table 6.3). The findings are tabu-
lated in Table 6.3, together with the contents of the liquid phase after
gasification experiment HB400R05. This analysis revealed which interme-
diates were gasified (i.e. not present anymore in the analysis of
HB400R05, or their content significantly reduced), and which ones
remained in the liquid phase after reaction in supercritical water (i.e.
were still present or their content even increased). The data was used
together with knowledge gained from the literature to elaborate the reac-
tion network presented in section 2.4.
One run was carried out without a catalyst (run HB400NC1). A very vis-
cous brown residue, partly liquid and partly solid, was stuck to the reac-
tor walls. This residue consisted of 87 % carbon. The carbon gasification
efficiency was only 21 %, and the gas contained 9 vol % CO and only 14
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vol % CH4 besides its major constituent CO2.

Figure 6.5: High pressure ion exchange chromatography with amperometric
detection of organic compounds in the residual liquid phase after
liquefaction experiment HB300R01 (above, dilution 1:7) and after
gasification experiment HB400R05 (below, dilution 1:10). The peak
ID numbers correspond to the compounds presented in Table 6.3,
with the exception of SP designating the system peak. The
compounds without ID were either not identified or quantitatively
determined using a UV detector (200 — 300 nm) and thus not
explicitly labeled here.
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Table 6.3: Substances detected in the water phase recovered after a liquefaction
experiment (HB300R01, left, gasification efficiency GE 29 %) and
after a gasification experiment (HB400R05, right) where most of the
feed was gasified (GE 80 %).

liquefaction experiment 
(HB300R01)

gasification experiment 
(HB400R05)

IDa substance
conc.
mg/L

CEb

mgC/L
%

DOC
conc.
mg/L

CEb

mgC/L
%

DOC

1 D-glucose 4688 1875 10.2 0 0 0

2 pyruvic acid 57 23 0.1 3 1 < 0.1

oxalic acid 0 0 0 220 59 1.3

3 methylglyoxal 133 67 0.4 92 46 1.0

glycerol 1288 504 2.7 0 0 0

4 formaldehyde 8 3 < 0.1 15 6 0.1

5 formic acid 1092 285 1.5 155 40 0.9

6 acetic acid 749 300 1.6 2730 1092 24.4

7 ethylene glycol 665 257 1.4 0 0 0

8 levulinic acid 700 362 2.0 80 41 0.9

9 acetaldehyde 1701 928 5.0 5360 2924 65.4

10 methanol 4420 1658 9.0 160 60 1.3

11 ethanol 133 69 0.4 0 0 0

5-HMF 133 76 0.4 0 0 0

12 furfural 14 10 < 0.1 0 0 0

13 phenol 42 32 0.2 290 222 5.0

TOTAL Σ 7009 34.9 4491 100.5

a. The ID numbers correspond to the peaks shown and labeled in Figure 6.5.
b. Carbon equivalents (mgC/L).
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6.1.5 Catalytic Gasification at 400 °C

In all other experiments, gas compositions close to equilibrium were
achieved, independent of the feed concentration of wood. Varying the
heating rate between 5.5 °C/min. and 47.4 °C/min. had no significant
influence on the gasification results (apart from a slightly increased
amount of carbonaceous compounds recovered in the methanolic fraction,
i.e. tars, for slow heating rates), as opposed to the findings of Matsumura
and co-workers [89]. However, the Japanese researchers used glucose as
feed, applied significantly higher rates (10 — 30 °C/s) and did not add any
catalyst.

Figure 6.6: Carbon gasification efficiency (GE, filled symbols) and dissolved
organic carbon in the remaining aqueous phase (DOCaq., open
symbols) vs. residence time in supercritical water. Conditions: T =
400 °C, p ~30 MPa, 10 wt % wood, mwood/mcat. = 2.

An important parameter was the residence time the mixture spent in
supercritical water. As an approximation, supercritical state was assumed
as soon as the mixture was above Tc of pure water (374 °C; the total pres-
sure was always higher than the critical pressure of water, which is 22.1
MPa, when the critical temperature was reached). For a residence time of
9 minutes (run HB400R05), gasification was not complete, as can be seen
in the gasification efficiency of only 80 % as well as the high DOC in the
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residual solution (Figure 6.6). In run HB400R04, thermodynamic equilib-
rium was almost achieved at a residence time of 25 min. above Tc
(374 °C). Longer residence times showed only a minimal increase in the
methane concentration. This behavior is depicted in Figure 6.7. The fact
that the increase was only minimal could be due to catalyst deactivation
(skeletal nickel catalysts were later found to sinter rapidly in the hydro-
thermal environment).

Figure 6.7: Methane concentration in the dry product gas vs. residence time at
supercritical temperatures, mwood/mcat. = 2. The dashed line repre-
sents the equilibrium concentration calculated for 400 °C, 30 MPa
and 10 wt % wood using the Peng-Robinson equation of state.

Molar balances are shown in Table 6.4. Carbon balances close mostly to
more than 90 %. In some runs, balances are higher than 100 %. In experi-
ments with lower feed loadings, small measurement errors have a larger
impact on absolute numbers. Missing hydrogen and oxygen are mostly
due to experimentally unrecovered water (compare with H/O ratio of
around 2 for the missing moles). Frequently, some water was found in the
upper, cold part of the apparatus where it was hard to be collected.
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6.1.6 Catalyst Analysis with XPS, BET and TPO

XPS measurements revealed carbon deposits on the catalyst surface after
reaction. Table 6.5 summarizes these results. Interestingly, the fresh cata-
lyst, washed either with distilled water or distilled water and methanol,
and dried in the vacuum oven prior to analysis (105 °C), had already a
significant amount of carbon located on its surface. While the fresh cata-
lyst had roughly 10 atom % of carbon on the surface, the spent catalyst
after one run had about 15 atom %. As XPS is very surface sensitive, car-
bon deposits could result from traces of organic contaminants present in
the laboratory air. Nevertheless, the values show that there is more car-
bon on the spent catalyst than on the fresh one. The nickel was almost
exclusively oxidized; for this reason, skeletal nickel catalysts are stored in
aqueous solutions. It is assumed, however, that the mechanism of biomass
degradation over nickel catalysts follows a redox cycle, where Ni(0) is oxi-
dized to NiO or Ni2O3 by reduction of water to H2, and then, the oxidized

Table 6.4: Molar balances in terms of carbon, oxygen and hydrogen for all
experiments reported in Table 6.1. Missing hydrogen and oxygen are
mostly due to unrecovered water (compare with H/O ratio of around
2 for missing moles). Carbon balance in HB400R01 is low due to a
mistake during gas sampling.

feed / mmol products / mmol product/feed (%)

run no. C H O C H O C H O

HB300R01 26.7 650.4 325.9 23.1 218.9 117.7 86.4 33.7 36.1

HB400R01 24.3 623.9 312.8 12.2 625.3 319.3 50.2 100.2 102.1

HB400R03 24.1 621.7 311.7 19.7 533.7 271.3 81.7 85.8 87.0

HB400R04 23.8 627.5 314.6 23.8 599.2 300.7 99.7 95.5 95.6

HB400R05 24.2 642.3 322.1 24.5 571.7 288.8 101.6 89.0 89.7

HB400R06 24.2 641.7 321.7 25.0 578.5 289.6 103.1 90.2 90.0

HB400R07 24.2 647.4 324.6 26.7 623.8 310.3 110.1 96.4 95.6

HB400R08 67.8 525.9 260.4 61.7 432.2 217.2 91.3 82.2 83.4

HB400NC1 24.2 646.4 324.1 23.5 600.0 310.2 97.1 92.8 95.7
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Ni species are subsequently reduced back to Ni(0) by oxidation of the bio-
mass (Mars-van-Krevelen-mechanism) [67]. If no more biomass is present,
the nickel remains in the oxidized form. Of course, the surface of the cata-
lyst can oxidize when being exposed to air (drying, transport to the XPS
device, etc.). The oxidized species of other skeletal nickel catalysts tested
in a later phase of the project were additionally identified with XRD (see
section 6.3.1 and Figure 6.16 on page 135).

Absolute values for carbonaceous deposits on the catalyst were deter-
mined from total carbon (TC) analyses of the dried residue (Table 6.1).
The TC value of dried fresh catalyst (about 1 wt %) was subtracted from
the measurements. The amount of deposits on the catalyst did not
depend on the initial wood concentration; as a matter of fact, the least
amount of deposits per mass of catalyst (0.01 wt %) was found for the
highest wood concentration of 29.9 wt %. Comparing experiments
HB400R05 through HB400R07, the amount of carbonaceous deposits is
reduced with an increased residence time of the mixture in supercritical
water.
For a Temperature Programmed Oxidation (TPO) analysis of the reco-
vered catalyst after experiment HB400R06, 17.3 mg of spent catalyst

Table 6.5: Elements detected on the catalyst surface by XPS.

element binding 
energy

H480-275R04a

a. Run no. H480-275R04 was carried out in a previous campaign of experiments. For details
see [15].

fresh Raney Ni 
2800, washed with 

H2O

fresh Raney Ni 
2800, washed with 

H2O/MeOH

eV atom % atom % atom %

O 1s 531.4 50.5 57.4 59.5

C 1s 285.3 15.2 9.6 9.1

Al 2s 119.1 21.9 18.5 20.3

Ni 2p3/2 metal 852.7 1.4 0.4 0.3

Ni 2p3/2 oxide 855.8 11 14 10.8
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were put into an Al2O3 crucible and dried at 110 °C under N2 for 30 min.
Then, the sample was heated at 11 °C/min. up to a temperature of
800 °C (Figure 6.8A).

Figure 6.8: TPO analysis of the Raney 2800 Ni catalyst. A: spent catalyst after
run HB400R06, heated under N2, only. B: spent catalyst HB400R06
after treatment A, oxidatively heated under synthetic air. C: spent
catalyst HB400R06, oxidatively heated under synthetic air. D: fresh
Raney 2800 nickel catalyst, oxidatively heated under synthetic air.

The units of the IR signal (y-axis) are arbitrary but are the same on
every graph (scaled to 1 mg of sample). Thus, the CO2 signals of each
graph can be compared, and the H2O signals can be compared to the
other H2O signals. A significant peak was measured between 200 °C and
350 °C, probably originating from sodium hydrogen carbonate (bicarbon-
ate) deposits on the catalyst, since sodium bicarbonate releases CO2 at
270 °C [34]. Then, the sample was cooled to room temperature. Synthetic
air was fed to the analysis chamber, and the same sample was heated
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again to 800 °C within 70 min. (heat-up rate 11 °C/min.) under oxidizing
conditions (Figure 6.8B). As can be seen, unlike before, there is no peak
between 200 °C and 350 °C (all hydrogen carbonate was already
removed), but starting at 350 °C, more CO2 evolved, with a peak at
520 °C.
A third analysis was carried out with a fresh sample of 19.4 mg of the
same recovered catalyst (HB400R06), with heating to 800 °C under syn-
thetic air (Figure 6.8C). Interestingly, both peaks (the one at 300 °C and
the one at 500 °C) were identified.
For a system blank, a fourth analysis with fresh catalyst, washed with
deionized water and dried in the vacuum oven at 110 °C was carried out.
22.1 mg were put into the crucible and heated with the same temperature
ramp under oxidizing conditions (Figure 6.8D). Surprisingly, carbon was
found on the fresh catalyst as well (roughly 10 times less).

The BET measurements of the fresh catalyst are displayed in Table 6.6.
The differences between the fresh catalyst, washed with deionized water
only, and the fresh catalyst, washed with deionized water and methanol
could result from chemically bound water in the pores. Although freshly
manufactured Raney nickel should exhibit a BET surface area of ~80
m2/g, our catalyst was still active, despite the smaller BET surface area.
According to the manufacturer, aging is an issue with Raney type cata-
lysts and storage should not exceed one year (our catalyst was slightly
older). Additionally, the catalysts had to be dried prior to BET physi-
sorption. Due to the catalyst’s pyrophoric nature, a change in structure
could not be totally avoided during the evaporation and heating process,

Table 6.6: BET measurement results of fresh Raney Ni 2800 (Aldrich).

fresh Raney Ni 2800, 
washed with H2O

fresh Raney Ni 2800, 
washed with H2O/MeOH

SBET / (m2/g) 23.6 30.6

avg. pore diameter / nm 11.5 10.5

total pore volume / (cm3/g) 0.068 0.081
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although it was carried out with care (heat-up at 1 °C/min. to 105 °C and
cool-down to room temperature under inert nitrogen atmosphere at
~100 hPa). Heating rates, pressure and composition of the atmosphere
around the catalyst during the drying process are believed to be crucial
parameters. When heated under air (at 100 hPa), the BET surface area
decreased to 5 m2/g or below.

6.1.7 Differential Pressure Analysis

Before the wood can be gasified (and thereby lead to an increase in pres-
sure inside the batch reactor), it must be decomposed to smaller mole-
cules, as outlined before. Bobleter and Binder described in 1980 that
hemicellulose from aspen wood is liquefied and broken down to smaller
molecules at low temperatures (180 °C), followed by cellulose at moderate
temperatures (270 °C), and lignin at higher temperatures (340 °C) [171].
These data had been gained from non-catalytic experiments in a flow-
reactor at 23 MPa with slow heating. Bonn and co-workers described the
decomposition of glucose to be much easier than the one of cellulose at
240 °C [172]. Minowa et al. reported the starting temperature of cellulose
decomposition to be 180 °C, with a rapid increase above 260 °C, using an
alkali catalyst (5 wt % sodium carbonate) [173].
While Bobleter and Binder reported only liquefaction results, it is of
interest to identify the onset of gas production from the wood mixture in
presence of a catalyst. For this reason, the pressure evolution of wood
gasification experiments (as a function of temperature) were compared to
the pressure rise of a reference experiment.
In the batch reactor, the pressure is a function of the volume of the reac-
tor, the feed (water, catalyst, biomass), and the temperature, which in
turn depends on other parameters (heat transfer, heating rate, composi-
tion, reactions, etc.), i.e. p = f(T), and T = g(t, feed, reactions, Tsandbath,
etc).
If the pressure evolution of a reference experiment with similar conditions
is subtracted from the pressure evolution of the gasification experiment, a
differential pressure Δp can be calculated (temperature information was
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recorded every second, and both data points were evaluated at the spe-
cific temperatures of the gasification experiment, Texp.):

Δp = pexperiment(Texp.) — preference(Texp.) (6.2)

As the temperature T depends on the feed properties and possible chemi-
cal reactions (endothermic, exothermic), the system is rather complex and
cannot be directly controlled. Thus, the temperature evolution T as a
function of residence time inside the sandbath is not necessarily identical
in a reference experiment and a gasification experiment.
To simulate the properties of the mixture in a gasification experiment,
the approach of equal thermal diffusivity2 was chosen, while interactions
between individual components in the feed were neglected. The thermal
diffusivity ai of each substance i can be expressed by

(6.3)

with λi being the thermal conductivity, ρi the density and cp,i the heat
capacity at constant pressure of substance i. For this approximation, the
physical properties were considered to be independent of temperature or
pressure, and calculated at standard conditions. For non-interacting com-
ponents, the ansatz of equal total thermal diffusivity amix holds as fol-
lows:

(6.4)

with i = wood, catalyst, water (gasification experiment), and j = inert,
catalyst, water (reference experiment). wi and wj are the corresponding
weight fractions. SiO2 was selected as inert substance. This catalyst-
water-SiO2-mixture had approximately the same amix as a catalyst-water-

2. It was assumed that the reactor’s content is only heated by thermal conduction through the slurry
(no mixing, no convection). Then, a is the dominating parameter in the instationary energy balance.

ai

λi
ρi cp,i⋅
------------------=

amix
wi ai⋅

i
∑

   gasification exp.   

wj aj⋅

j
∑

   reference exp.   

= =
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wood-mixture. mwater and mcatalyst were identical in both the reference
experiment and the gasification experiment, and thus  was adjusted
to 2.3223 g to fulfill equation (6.4). The individual amounts used can be
found in Table 6.7.

Two reference experiments were carried out: 

• with fast heating, where the reactor was immersed into the sandbath
which was preheated to 405 °C (for comparison with experiments
HB400R01, -R03, and -R07),

• with slow heating, where the reactor was immersed into the sandbath
which was preheated to only 70 °C. Then, the sandbath setpoint tem-
perature was increased to 405 °C, and the reactor was slowly heated
to this temperature within ~50 minutes (for comparison with experi-
ments HB400R04, -R05, and -R06).

The differential pressure evolution Δp as a function of the temperature
inside the reactor with fast heating is depicted in Figure 6.9. A small
pressure evolution can be seen between 150 and 250 °C. A possible expla-
nation could be that part of the hemicelluloses and cellulose are hydro-
lyzed and readily reformed to smaller molecules (as described by Bobleter
[171]), which are then decomposed to the primary gases H2 and CO, and

Table 6.7: Mass and weight fraction of the components for the reference
experiment and a typical gasification experiment.

substance i

λi

W/(m K)

ρi

g/cm3

cp,i

J/(g K)

ai

m2/s

mi 

g

wi exp.

%

wi ref.

%

H2O 0.61 0.999 4.182 1.46×10—7 6.5000 85.8 70.8

catalyst 93.6 8.375 0.448 2.495×10—5 0.3531 4.7 3.8

SiO2 (ref. only) 1.4 2.20 0.67 9.50×10—7 2.3223 N/A 25.3

wooda (exp. only)

a. λi from [174], ρi measured.

0.13 0.33 2.3 1.71×10—7 0.7258 9.6 N/A

mSiO2
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the CO is catalytically shifted to CO2 and more H2. However, below
250 °C, product gases were neither detected in wood gasification experi-
ments during which samples were taken (section 6.5), nor visualized with
the capillary technique (section 6.7).

Figure 6.9: Differential pressure Δp of three gasification experiments with high
heating rates (~40 °C/min.) with respect to a reference experiment,
where no gasification took place. At 250 °C, a substantial pressure
increase was registered, up to 8 MPa.

At ~250 °C, a rapid increase in differential pressure was registered, up to
8 MPa. The evolution is nicely reproduced in the three individual experi-
mental runs (HB400R01, -R03, and -R07). The wood must be hydrolyzed
and readily reformed over the Raney nickel at T > 250 °C. Possibly, the
lignin fraction was reformed at lower temperatures than reported by Bob-
leter due to the presence of a catalyst. The catalyst’s activity at these
comparably low temperatures is surprisingly high. It is worth mentioning
that the pressure difference at the end of the reaction (after cool-down of
the reactor) had decreased to 2 — 3 MPa (at room temperature, corres-
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ponding to less than 4 MPa at 400 °C). The reforming of wood over
Raney Ni might be faster than the subsequent methanation of CO2 and
H2, and thus the pressure decreases again after having reached a maxi-
mum value due to the reduction in the number of moles. Then again, the
reforming requires the bigger molecules to be transported to the active
sites, while for the methanation, only gaseous reactants are required,
which in turn are produced from the bigger molecules at the sites them-
selves. Thus, methanation should follow the reforming process quite
immediately, given the catalyst is fully active.

Figure 6.10:Differential pressure Δp of three gasification experiments with low
heating rates (~5 °C/min.) with respect to a reference experiment,
where no gasification took place. Also here, at 250 °C, the
differential pressure starts to increase, but only up to ~3 MPa.

The pressure difference evolution Δp at the lower heating rate is less pro-
nounced, see Figure 6.10. A possibility could be that due to the increased
residence time at each temperature, the mixture has enough time to
equilibrate, and thus reforming and methanation coincide much more dis-
tinctively than at large heat-up rates. The temporary decrease at 330 °C
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with subsequent increase at 355 °C cannot be explained by this specula-
tion. The critical pressure of pure water, 22.1 MPa, was reached at
~371 °C, thus after the pressure decrease.

Nonetheless, the onset of gasification is clearly identified to be at 250 °C.
Minowa and co-workers reported gas-production to start at 260 °C. They
did not use a metal catalyst but sodium carbonate [173]. These findings
correspond nicely, and can possibly be attributed not only to the cata-
lyst’s increased activity with increased temperature, but also to the rapid
decomposition of the wood’s constituents around 250 °C.
If one could take samples at the time points corresponding to the indivi-
dual temperatures, more information about the underlying chemistry
could be gained. Unfortunately, by taking samples and thereby removing
contents of the reactor, the equilibrium would be disturbed. The attempts
to take representative samples during catalytic wood gasification experi-
ments are described in section 6.5.

6.1.8 Conclusions from the Experiments with Raney Ni 2800 (Aldrich)

• Raney nickel catalyst exhibits a high activity for gasifying wood in a
hydrothermal environment around 400 °C, 30 MPa and feed concen-
trations of up to 30 wt %, without the formation of tars or char yield-
ing a colorless aqueous phase with a low organic content.

• The maximum methane yield was 0.33 g CH4/g wood. The product
gas contained 49 vol % CH4, corresponding to the chemical equilib-
rium at 404 °C and 31 MPa. Thus, the concept of hydrothermal gasi-
fication for the production of SNG is feasible.

• Several catalyst analysis methods focusing on different areas of the
catalyst showed some carbon deposits on the used Raney nickel sur-
face.

• The comparison of a catalytic liquefaction experiment with a gasifica-
tion experiment allowed to identify stable reaction intermediates.
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This knowledge was incorporated into the wood degradation network,
presented in section 2.4.

• The onset of wood gasification at high feed concentrations with
Raney nickel was identified to be at 250 °C, independent of the heat-
ing rate applied.

6.2 Gasification Experiments of Manure using a Skeletal 
Nickel Catalyst

6.2.1 Aim of The Experiments

After the successful gasification experiments with woody biomass as feed
and a Raney nickel catalyst, the gasification of manure slurry was tackled.
A titanium liner was inserted into the batch reactor to prevent corrosion
(as described in section 3.2 on page 51), due to the manure’s rather high
content of salts such as chlorides, sulfates, and phosphates. After an ini-
tial experiment with untreated manure, the manure was washed with
deionized water in order to free it from the salts it contained. For further
experiments, the different salts would then be added back separately to
the washed manure to test for their influence on the gasification.

The detailed composition and analysis of the manure is described in
section 5.3. This elaborate analysis showed that the proposed washing of
the manure with deionized water was inefficient, and most of the salts
remained in the biomass, possibly entrained within its cells. To test for
the influence of the salts, they would have to be added to inherently
nearly salt-free biomass such as wood, rather than washed manure (which
still contains a lot of salts). Unfortunately, at the time the experiments
were carried out, only the elemental composition analysis of the manure
was available, and this knowledge was only gained later. Nonetheless, the
results of these experiments with manure shall be presented in this sub-
chapter, as still some valuable conclusions can be drawn.
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Based on the manure analysis presented in section 5.3, about 74 wt % of
the dry matter is organic. The content of C, H, and Oorg. was roughly
35.7, 5.8, and 27.0 wt %, respectively. Thus, the empirical formula of the
organic part of manure (neglecting sulfur) is CH1.792O0.566, with a fictive
molar mass of 22.99 g/mol.

6.2.2 Experimental Details and Overview

A total of 8 experiments were carried out with manure as feedstock and
Raney Ni 2800 (Aldrich) as catalyst; see Table 6.8 for a list of the experi-
mental details. The term “washed manure” refers to manure treated with
the washing procedure outlined in section 5.3.5 on page 89, whereby,
unfortunately, only parts of the salts were removed. The pH of the initial
wood slurry was 8 — 9.

The details of the salt addition for experiments GB400R04 — R07 are pre-
sented in Table 6.9.

Table 6.8: Details of the experiments carried out with manure slurries, some of
them with the addition of salts. Tmax. = 405 °C in all experiments.

run no. feed (manure)

wmanure
a

wt %

a. The weight fraction is based on the manure’s dry matter, calculated w/o the catalyst’s dry
mass, but the water content of the Raney nickel slurry was accounted for in mwater.

[-]

pend

MPa

t
(T<Tc)

min.

t
(T>Tc)

min.

GB400R01 washed 13.2 1.08 30.1 6 30

GB400R02 washed 15.7 1.00 30.4 6 63

GB400R03 untreated 18.5 1.00 29.4 6 61

GB400R04 washed + CaSO4 14.9 1.00 28.3 7 61

GB400R05 washed + CaSO4 15.2 1.01 30.1 6 61

GB400R06 washed + CaHPO4 16.2 1.08 30.8 6 61

GB400R07 washed + K2SO4 16.4 1.11 30.1 6 65

GB400NC1 untreated, no catalyst 17.6 N/A 26.3 7 65

mmanure
mcat.

--------------------
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The experimental procedure was identical to the one applied for wood
slurries as feedstock. However, a catalyst-to-manure ratio of 1 was applied
(dry basis). As no influence of the heating rate on the gasification was
identified for wood, only the fast heating method was chosen for these
experiments (i.e. the reactor content had reached a supercritical state
after 6 — 7 minutes). The first two experiments served as reference experi-
ments, to which the results from gasifying untreated manure, or manure
with salt addition were compared. The only difference between
GB400R01 and -R02 was the residence time: in the first experiment, the
mixture spent about half an hour in supercritical water, while in the
second experiment, the residence time was approximately doubled.

6.2.3 Results of the Manure Gasification Experiments

The analysis of the liquid and solid product phase is tabulated in
Table 6.10 on page 122, and the analysis of the gas product distribution is
presented in Table 6.11 on page 123. The carbon balance did not close as
nicely as in the wood experiments, but it usually closed to ~90 % or even
better. 

Table 6.9: Details of the salts added to washed manure slurries.

msalt mwater

conc.
mg/kga

run no. salt mg g total cation anion

GB400R04 CaSO4 59.3 4.6222 12829 3777 9052

GB400R05 CaSO4 0.9 4.5481 198 158 140

GB400R06 CaHPO4 3.0 4.5545 659 194 465

GB400R07 K2SO4 11.8 4.6453 2540 1140 1400

a. The concentrations are calculated as msalt/mwater. The water of the catalyst slurry is
included in mwater.
As a reference, the salt concentrations of a typical 10 wt % wood gasification exper-
iment were: K+: 50 mg/kgwater, Ca2+: 54 mg/kgwater, SO4

2—: 116 mg/kgwater, PO4
3—:

6 mg/kgwater.
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The balance was rather poor when unwashed manure was used as feed
(GB400R03): only 83 % of the initial carbon was found in the products.
One has to consider the inhomogeneity of the manure slurry (larger than
in dry-milled wood), as well as the fact that by using the Ti-liner, the
effective reactor volume was decreased by about 25 %. For these experi-
ments, no SKC gas sampling bags were available, and the amount of
product gas was calculated with the pressure data, using equations (3.1) —
(3.4) on page 53f. Thus, compared to the wood gasification experiments,
an error in the pressure signal had a greater effect on the calculation of
the amount of product gas. Therefore, a somewhat larger spread in
balance closure had to be expected. Additionally, tarry substances and
char stuck to the walls of the titanium liner. While it was easy to recover
these from an open tube (such as the unscrewed stainless steel reactor
tube used for the wood gasification experiments), it was much more diffi-

Table 6.10: Analysis of the liquid and solid product phase after manure
gasification. The pH of all aqueous phases was 8.0 except for GB-
400NC1, it was 4.0.

run no.
DOCaq.

g/L
ICaq.

a

g/L
TCres.

mg/gresidue

tarsb

mgC/gmanure

XC
%

GB400R01 1.62 2.45 15.7 25.4 93.5

GB400R02 2.94 2.25 13.8 30.9 91.5

GB400R03 3.66 2.91 18.2 42.4 91.2

GB400R04 5.13 1.46 30.2 12.8 88.5

GB400R05 3.93 2.76 30.6 30.1 89.5

GB400R06 3.50 2.05 27.9 58.4 92.0

GB400R07 3.31 3.37 18.6 31.3 90.5

GB400NC1 8.99 0.53 113.2 123.0 86.3

a. ICaq. = inorganic content remaining in the aqueous phase, as defined in the nota-
tion section.

b. tars collected in the methanolic phase (after evaporation of the MeOH), based on
the manure feed mass. If their carbon content was not measured by DC-190, a
proportion of 72 % C, 21.4 % O, and 6.6 % H was assumed, which is the average
tar composition reported in literature.
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cult to retrieve them out of a container that is closed on one end such as
the liner.

Nevertheless, it seems that either the carbon amount in the feed had been
overestimated, or that some carbon in the product phases was not
detected in those experiments where the carbon balance closed unsatisfac-
torily. A possible cause for unaccounted carbon could be that a larger
amount of volatile carbonaceous compounds ending in the methanolic
phase was formed (oils) when gasifying manure slurries, compared to the
wood gasification experiments presented in section 6.1. As this metha-
nolic phase had to be evaporated to yield the tars (usually at 45 °C and
200 hPa), volatile substances could thereby be lost.

6.2.4 Product Gas Composition

The gas composition resulting from the individual manure gasification
experiments is visualized in Figure 6.11.

Table 6.11: Analysis of the gaseous product phase after gasification of manure.

Cbalance GE GE100
a CH4 CO2 H2 CO b

run no. % % % vol % vol % vol % vol %

GB400R01 93.2 75.8 81.3 46.0 43.1 10.7 0.1 0.190

GB400R02 88.2 68.9 78.2 46.4 44.2 9.2 0.1 0.171

GB400R03 82.7 59.4 71.8 39.6 45.5 14.7 0.2 0.119

GB400R04 85.3 62.0 72.7 31.9 50.1 16.9 0.5 0.104

GB400R05 92.5 65.0 70.3 42.2 45.8 11.8 0.1 0.151

GB400R06 94.6 66.4 70.2 38.5 46.3 15.0 0.2 0.129

GB400R07 97.9 74.7 76.3 41.0 45.6 13.3 0.2 0.155

GB400NC1 96.9 12.7 13.2 6.2 83.0 4.8 6.0 0.003

a. Carbon gasification efficiency if the carbon balance closed to 100 %, assuming the error is
equally distributed to carbon in gas, liquid, and solid, as defined in (6.5) on page 126. This
facilitates the comparison for experiments with differing carbon balances.

b. The methane yield scales with the carbon balance. Uncorrected values.

YCH4

gCH4
/gman.
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Figure 6.11:Product gas composition after gasification of manure slurries.

The gasification of washed manure yielded a gas whose composition was
comparable to the one resulting from wood gasification: 46 vol % CH4, 44
vol % CO2, about 10 vol % H2, and only traces of CO. The untreated
manure yielded more hydrogen and less methane, with a slightly larger
proportion of carbon dioxide. Without a catalyst used, CO2 was the main
gaseous product, and CH4, H2, and CO were formed to equal quantities
(each ~6 vol %). Still, the water gas shift reaction (not only catalyzed by
the nickel but also by the alkali in manure) and the methanation did take
place.
The addition of salts turned out to be unfavorable for the production of
methane. The ranking of the negative influence, based on the added
amount of salt, is CaHPO4 > K2SO4 ≅ CaSO4. The solubility of calcium
salts is orders of magnitudes lower than the one of potassium salts. Possi-
bly, the salts had precipitated and physically blocked the active catalyst
sites. An alternative way of interaction is strong chemisorption of sulfur
or phosphorus species to the active sites. This possibility is explained in
more detail in section 7.2, where catalyst deactivation due to the co-feed-
ing of Na2SO4 was investigated.
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Based on the manure analysis presented in section 5.3, which was carried
out after the manure gasification experiments, the total amount of inor-
ganics fed to the reactor could be calculated, see Table 6.12 (presented
here: anions). It also illustrates that washed manure is not a good refer-
ence material, as the molar ratio of anions to surface nickel is larger than
0.3. Based on these findings, it can be deducted that the amount of salt
added to the runs GB400R05 and GB400R06 was probably too low to see
a clear effect. Nevertheless, as much information as possible was deducted
from the experiments.

6.2.5 Gasification Efficiency and Dissolved Carbon Conversion XC

For a better comparison of the carbon gasification efficiency GE, the car-
bon gasification efficiency based on a 100 % closure of the C-balance was
introduced: GE100. The assumption behind it is that the error in the
balance is equally distributed between the carbon in the gas, liquid, and
solid product fractions:

Table 6.12: Total anions present in catalytic manure experiments, based on
HPIEC analysis of the manure slurry. R04—R07 include deliverately
added sulfate and phosphate.

Cl— NO3
— PO4

3— SO4
2— S2O3

2— F— nNi,sfc.
a

a. Assumptions: (i) catalyst consists of 92 wt % Ni. (ii) Dispersion D = 0.08 (values
reported by manufacturer). (iii) Dispersion does not decrease during run.

exp. μmol μmol μmol μmol μmol μmol μmol

R01 103 81 81 25 0 1 834 0.35 0.03 0.10

R02 122 96 96 29 0 1 1071 0.32 0.03 0.09

R03 143 335 704 109 14 2 1252 1.04 0.09 0.56

R04 116 91 91 463 0 1 1009 0.76 0.46 0.09

R05 116 92 91 35 0 1 1013 0.33 0.03 0.09

R06 126 99 121 30 0 1 1020 0.37 0.03 0.12

R07 130 103 102 99 0 1 1026 0.42 0.10 0.10

nanions
nNi,sfc.
----------------

nSO4
2—

nNi,sfc.
----------------

nPO4
3—

nNi,sfc.
----------------
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. (6.5)

If the carbon balance did not close because of some undetected species in
one particular fraction, then the scaling of GE to GE100 is not valid. For
good, statistically sound results, more experiments would be needed
(here, each experiment was carried out only once as their analysis was
quite laborious). In the context of the campaign, to evaluate the influence
of the salts on a semiquantitative basis, this was not necessary at the
stage the experiments were carried out.

Figure 6.12:Gasification efficiency GE, scaled gasification efficiency for complete
carbon balance closure GE100 (left y-axis) and residual carbon
content in the aqueous phase (right y-axis) of the manure
gasification experiments.

Clearly, without a catalyst, the gasification efficiency was poor, and the
carbon content in the residual aqueous phase was comparably high. How-
ever, even in the case of GB400NC1, less than 15 % of the manure’s car-
bon ended up in the aqueous phase as dissolved carbon; most of it was
found in the form of tarry compounds and char, see section 6.2.7. The dif-
ferences among individual gasification efficiencies are larger than among

GE100
GE

Cbalance
--------------------=
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the GE100, and could thus also be an effect of the differing carbon balance
closure. What can be seen, however, is that untreated manure as well as
washed manure with back-added salts exhibits a lower gasification effi-
ciency, indicating that salts have an adverse effect on the catalytic hydro-
thermal gasification.
The residual carbon content in the liquid product phase of the catalytic
runs (GB400R01 to -R07) was largest in GB400R04, where the largest
amount of calcium sulfate had been added. Also, in GB400R05, where
only 1 mg of CaSO4 had been added, DOCaq. was, despite the lower
amount of salt, higher than in GB400R06, where 3 mg CaHPO4 had been
added. Hence, it seems that the gasification of carbonaceous compounds
in the aqueous phase (such as acids, aldehydes, ketones, alcohols, ethers,
etc.) is more hindered by the presence of sulfate salts than by phosphate
salts.
The interpretation is complicated by the fact that the experiments were
based on washed manure, a complex mixture, and not on a well-defined
pure substance. Thus, the results are a combination of the washing qual-
ity, the inhomogeneity in the feed as well as the actual effect of the salts.
The hindrance of the gas production from dissolved molecules in the
aqueous phase could be ranked as follows: CaSO4 > K2SO4 > CaHPO4.

6.2.6 Volume of Gas Produced and Methane Yield YCH4

For the methane yield  ( ), the corrected measure
 was introduced in an analogous way as in the case of GE100:

(6.6)

The trend of methane yield  was identical to the trend of corrected
methane yield  in the experiments, see Figure 6.13. Without a
catalyst, slightly more than 0.1 L (at standard conditions, 1 atm and
0 °C) gas was formed. However, the methane yield was negligible due to
the large volume fraction of CO2 in the product gas. Vgas in catalytic runs

YCH4
gCH4

/gmanure, DM
YCH4,100

YCH4,100

YCH4

Cbalance
--------------------=

YCH4
YCH4,100
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was at least 5 times larger than in GB400NC1: untreated manure yielded
less gas and less methane, as expected, due to the larger amount of salts.
Interestingly, the highest amount of gas was formed in GB400R06, in
presence of K2SO4. While the composition was comparable to GB400R03
(untreated manure), both methane yield and gasification efficiency were
higher with the addition of potassium sulfate. There is no obvious expla-
nation for this result, and the experiment would have to be repeated to
assess its reproducibility.

Figure 6.13:Methane yield (  as measured and  scaled to complete
carbon closure, left y-axis) and gas volume produced at standard
conditions (0 °C, 1 atm, right y-axis) of the manure gasification
experiments.

As  is a combination of Vgas and the gas composition (and thus of
GE), the ranking of the influence of sulfate and phosphate salts on 
is analogous to their influence on GE: CaHPO4 ≅ CaSO4 > K2SO4.

6.2.7 Solid Residue and Tarry Compounds After Gasification

The carbon cannot only remain in the aquoeus phase in the form of dis-
solved organic carbon, but also in the form of tarry compounds (which

YCH4
YCH4,100

YCH4
YCH4
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are recovered in the methanolic fraction), or as char and unconverted
manure in the solid fraction, together with the catalyst particles. The two
measures were in most cases reciprocally related to each other, see
Figure 6.14. An increase in tars was typically accompanied by a decrease
in char.

Figure 6.14:Amount of tarry substances recovered after evaporation of the
methanolic fraction (left y-axis) and total carbon content of the
residual solid fraction TCres. (right y-axis) of manure gasification
experiments.

Doubling the residence time in supercritical water from 30 to 60 minutes
yielded slightly more tarry compounds but less carbon as solids, which
implies that either more tars were formed due to secondary formation as
a result of increased residence time (and due to partial deactivation of the
catalyst, they were then not further decomposed to gas), or the manure
itself was decomposed to smaller molecules to a larger extent than before,
due to the increased residence time. Hence, more tars which were reco-
vered in the methanolic fraction were formed, and less residual manure
was left at the end of the experiment, leading to a lower TCres..
The gasification of untreated manure (GB400R03) yielded both a higher
TCres. as well as more tarry substances; thus, gasification was hindered by



130 Chapter 6: Selection of Catalysts
the salts present in manure. The addition of CaSO4 in excess (GB400R04)
led to the formation of more char, but to a decrease in tars. A reason
could be that the decomposition of the manure to smaller substances
(which are tar precursors) was already hindered by the presence of salts,
hence a larger amount of manure remained unconverted and eventually
turned into char under the harsh conditions in the reactor.
Again, calcium sulfate showed a more severe effect than potassium sul-
fate: a comparison of GB400R05 with GB400R07 shows that less char but
equal amounts of tar were formed with K2SO4. The addition of the phos-
phate salt CaHPO4 led to a doubling of the amount of tars, and also to
the formation of more char (compared to untreated or washed manure).
The adverse effects can be ranked in the order CaHPO4 > CaSO4 >
K2SO4, indicating that phosphates have a stronger effect than sulfates,
and the less soluble calcium salts lead to a lower catalytic performance
than the better soluble potassium salts.

6.2.8 Carbon Distribution to Gas, Liquid, Residue, and Tars

As a summary or overview of the previous findings, the carbon distribu-
tion to the product phases (gas, residual aqueous phase, solid residue, and
tarry, methanol-soluble fraction) after the manure gasification experi-
ments is depicted in Figure 6.15 (both original data representing the car-
bon balance closure and data scaled to 100 %).

6.2.9 Conclusions of the Manure Gasification Experiments

The experimental campaign with manure aimed at a first estimation of
the influence of salts (sulfates, phosphates) on the catalytic hydrothermal
gasification. The goal was not to assess their influence on a fully quantita-
tive basis (much more experiments would be needed for this), but to get a
first impression about the importance of salt separation in the real pro-
cess.
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Figure 6.15:Carbon distribution after manure gasification experiments. Left:
original data (total bar height represents Cbalance). Right: scaled to
unity for more convenient comparison.

The following conclusions can be drawn:

• Wood is better suited as a reference material for testing the influence
of salts on the gasification of real biomass, because wood contains less
salts, and should thus be chosen instead of manure slurries. The salt
concentration of the washed manure was still quite high, rendering a
clear assignment of individual observations to the interaction of spe-
cific salt species difficult.

• Salts have a negative effect on the catalytic hydrothermal gasification
of biomass, possibly due to precipitation phenomena as well as irre-
versible chemisorption of sulfur or phosphorus species (the form
present inside the reactor at reaction conditions might not necessarily
be sulfate or phosphate, but could also be reduced species [37]).
Thus, salt separation prior to gasification and contact with the cata-
lyst is indeed crucial.

• The negative influence of potassium and calcium salts on the gasifica-
tion efficiency seems to be in the order K2SO4 > CaSO4 > CaHPO4,
while the negative influence on the production of chars and tar tends
to be the opposite, i.e. CaHPO4 > CaSO4 > K2SO4.
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• The amount of salts added was too low in comparison to the amounts
still present in washed manure. Additionally, the amount was low in
comparison with the amount of active nickel surface atoms. To obtain
more distinct deactivating effects, higher ratios should be chosen.

6.3 Batch Reactor Catalyst Screening using Wood as 
Feedstock

6.3.1 Skeletal Nickel Catalysts

Initial long term stability tests with Raney 2800 Ni (see section 7.1.2)
showed that this skeletal nickel system is not stable in the hydrothermal
environment. Sintering took place, and the catalyst lost its activity. There
exist possibilities to enhance the stability of an alloy such as a skeletal
nickel catalyst: either by co-doping of a third metal (Ru, Cu, Mo) to the
Ni-Al-matrix [175, 176], or by choice of another Ni/Al ratio (lower Al
contents usually lead to better stability [117]). As nickel is an abundant
and cheap metal, it would be the catalyst material of choice, in addition
to the good thermal conductivity and mechanical stability that pure
metal catalysts exhibit.
Thus, a series of skeletal nickel catalysts were evaluated. By a cooperation
with Grace Davison (W. R. Grace & Co.) and a good relationship with
H.C. Starck, these two manufacturers provided several catalyst samples,
of which some were especially tailored for this project.
The catalysts and the parameters of the corresponding experiments are
tabulated in Table 6.13.
The first catalyst to test (in run no. R2C) was identical to the one used
for the wood gasification experiments presented in section 6.1, with the
addition of 0.25 wt % of Ru (composition: > 89 wt % Ni, < 9.5 wt % Al,
< 0.8 wt % Fe, 0.25 wt % Ru). Ru is known to enhance the stability of
skeletal nickel catalysts, as well as to increase the activity towards reform-
ing reactions [177]. The second catalyst, Raney 6800 Ni (R3A), had a
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lower Al content than Raney 2800 Ni, which might lead to enhanced sta-
bility as well (composition: 94.8 — 96.2 wt % Ni, 3.4 — 5.0 wt % Al, < 0.5
wt % Fe). The two catalysts received from H.C. Starck (Amperkat® SK-
Ni 5546T, R4A, and Amperkat® SK-NiMo 5546T, R5A) were skeletal Ni
catalysts, one with co-doped molybdenum (unknown amount). These
catalysts were originally present as tablets in an aqueous solution, and
therefore crushed in an agate mortar prior to their addition to the wood
slurry. Two Raney nickel catalysts were manufactured with co-doped cop-
per for this project by Grace Davison; one with a higher (R15A) and one
with a lower (R16A) amount of copper (composition not known). Cu can
increase the stability of skeletal nickel catalysts, similarly to Ru, but
unfortunately, it is known to suppress hydrogenation and methanation
reactions [120], leading to a trade-off between stability and selectivity.
The results of the gasification experiments carried out with these six skel-
etal nickel catalysts are displayed in Table 6.14.
Carbon balances closed between 97.1 and 100.8 %. Apparently, all cata-
lysts were less selective towards the generation of methane than Raney
2800 Ni (Aldrich), as the hydrogen content of the product gas was always

Table 6.13: Conditions of the skeletal nickel catalyst screening experiments.
Tmax. = 405 °C in all runs.

run no. catalyst

wwood

wt % [—]

pend

MPa

t
(T<Tc)

min.

t
(T>Tc)

min.

heat-up 
rate

°C/min

R2C Raney 2800 Ni/Rua 9.7 2.25 32.5 9 42 50

R3A Raney 6800 Nia 9.8 1.30 32.2 7 47 48

R4A Amperkat® Nib 9.4 1.58 32.8 9 43 39

R5A Amperkat® Ni/Mob 9.7 1.58 32.8 6 45 52

R15A Raney Ni/Cu(high loading)
a 9.1 1.89 31.6 6 47 55

R16A Raney Ni/Cu(low loading)
a 9.7 1.90 31.5 6 47 54

a. Grace Davison
b. H.C. Starck

mwood
mcat.

---------------
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higher than in the gas obtained from the experiments presented in
section 6.1. The skeletal nickel catalyst with the lower aluminum content,
R3A, yielded a product gas quite rich in hydrogen, 15 vol %. Thus, a shift
in selectivity was registered, leading to a decreased methane yield, despite
its high activity. By comparing the molybdenum doped catalyst (R5A) to
the undoped skeletal nickel catalyst (R4A), it can be seen that the addi-
tion of Mo decreased the catalyst’s activity, leading to a higher residual
carbon content in the aqueous phase, as well as to a large amount of
unconverted tars. The carbon gasification efficiency was the lowest of this
test series: only 84 % of the initial carbon were collected as gas at the end
of the experiment. Doping of copper shifted the product gas phase as
expected to more hydrogen (R15A, R16A). 1.0 — 1.5 vol % of ethane were
detected as well in these two runs. Due to the lowered methane content of
the gas, the methane yield was lower than for the undoped skeletal nickel
catalysts. While reduced activity and selectivity could possibly be
accepted, stability is the crucial catalyst parameter in the hydrothermal
environment.
To assess stability, X-ray diffractograms of fresh and used catalysts were
recorded. They can be found in Figure 6.16.

Table 6.14: Analysis of the product phases after gasification of manure.

run no.
DOCaq.
mg/L

XC
%

tars
%a

TCres.
mg/gres.

GE
%

CH4
vol %

CO2
vol %

H2
vol %

CO
vol % g/gwood

R2C 1460 98.0 1.4 20.8 95.0 46 44 10 0.3 0.31

R3A 1470 97.2 1.8 18.4 94.6 42 42 15 0.7 0.28

R4A 860 99.0 1.7 20.7 95.9 45 44 11 0.2 0.32

R5A 2700 97.7 11.4 21.0 84.0 41 44 15 < 0.1 0.24

R15A 1020 97.4 0.4 28.4 94.9 40 42 16 0.2 0.25

R16A 580 98.8 0.4 40.6 97.9 42 44 12 0.4 0.26

a. carbon in tars, in % of initial carbon of the wood slurry.

YCH4
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Figure 6.16:X-ray diffractograms of fresh and used skeletal nickel catalysts after
a hydrothermal gasification experiment (τ = 1 hr). R4A: Amper-
kat® Ni; R5A: Amperkat® Ni/Mo; R15A: Raney Ni/Cu(high);
R16A: Raney Ni/Cu(low).

All catalyst samples sintered already after this short period of about 1
hour: the nickel crystallites grew 2 — 4 times bigger, accompanied by loss
of active metal surface area. The initial growth rate is thus very high.
Nickel oxide was identified (except for R3A and R5A), being an indica-
tion of the Mars-van-Krevelen redox mechanism of biomass oxidation
(outlined in section 6.1.6 on page 110). A diffractogram of Raney 2800
Ni/Ru can be found in Figure 7.5 in section 7.1.3, where a long-term sta-
bility experiment with this catalyst is described. It sintered as well, with
similar crystallite growth. As outlined in section 4.9, the sizes have to be
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understood as minimum sizes, because the smallest particles govern the
reflections of the diffractogram. The crystallite sizes and growth factors
are tabulated in Table 6.15 (Raney 2800 Ni/Ru included as well).

6.3.2 Supported Ruthenium Catalysts

As concluded in the previous section, skeletal nickel catalysts sinter
rapidly in a hydrothermal environment and lose their very high initial
activity quickly (based on long-term data, see section 7.1 for details). Dif-
ferent catalyst systems should therefore be evaluated. As supported
ruthenium catalysts and unsupported RuO2 were reported to be active
for the hydrothermal degradation of waste biomass [25, 47, 48, 58, 176,
178], these systems were also tested. Based on the literature search pre-
sented in section 2.3.2, TiO2 (rutile), α-Al2O3, and carbon are the most
stable supports in hot compressed water. Carbon supported catalysts
have a very large surface area, and the active metals are usually well dis-
persed on it. They are very active for hydrogenation reactions. Several
Ru/C and one Ru/TiO2 catalyst were evaluated in wood gasification
experiments in the batch reactor. For the applied experimental condi-
tions, see Table 6.16, and for the results Table 6.17.

Table 6.15: Crystallite sizes of fresh and used skeletal nickel catalysts by XRD.

crystallite size/nm

catalyst run no. fresh used growth factor runtime/min.

Raney 2800 Ni/Ru long-terma

a. long term experiment carried out in the continuously operating catalyst test rig, see
section 7.1.3 and the X-ray diffractogram (Figure 7.5) on page 177.

8.8 44.9 5.1 5760

Raney 6800 Ni R3A 13.5 27.4 2.0 54

Amperkat® Ni R4A 6.9 28.9 4.2 52

Amperkat® Ni/Mo R5A 6.6 23.1 3.5 51

Raney Ni/Cu(high load.) R15A 6.4 22.4 3.5 53

Raney Ni/Cu(low load.) R16A 6.8 22.5 3.3 53
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For catalysts with low ruthenium loadings, or for those in granular or
extrudate form, a lower wood-to-catalyst ratio was chosen (around 1) to
avoid long reaction times until the attainment of the equilibrium; for
powdered catalysts, wood-to-catalyst ratios of around 2 were applied.

Table 6.16: Conditions of the supported ruthenium catalyst screening
experiments. Tmax. = 405 °C in all runs.

run 
no. catalyst

wwood

wt % [—]

pend

MPa

t
(T<Tc)

min.

t
(T>Tc)

min.

heat-up
rate

°C/min

RuTi1 1 wt % Ru/TiO2 (Degussa) 9.1 0.94 28.5 7 52 54

RCC 5 wt % Ru/Cpwd. (fresh)a 9.4 2.06 31.8 6 46 51

RCA 5 wt % Ru/Cpwd. (fresh)a 9.4 2.05 32.5 7 45 48

RCB solid residue of RCA 8.9 2.06 29.1 7 45 46

RCD solid residue of RCB 6.8 2.06 29.8 7 46 45

R13A 3 wt % Ru/Cextr.
b 9.3 0.98 29.5 6 100 57

R14A 2 wt % Ru/Cgran.
c 9.4 1.90 31.6 7 86 55

R14B 2 wt % Ru/Cgran.
c (crushed) 7.9 1.93 30.8 7 85 49

R14C 2 wt % Ru/Cgran.
c 9.1 0.96 32.6 6 86 56

RGA 7 wt % Ru/Cgrph. pwd.
d 9.7 2.06 31.5 6 45 54

R18A 7 wt % Ru/Cpwd.
e 9.2 2.01 29.1 7 46 47

R19A 2 wt % Ru/Cgran.
f 8.9 0.85 30.0 7 53 56

a. support = activated carbon powder of unstated origin; manufacturer: Aldrich.
b. support = activated carbon extrudates of unstated origin; manufacturer: Alfa Aesar.
c. support = activated carbon granules, 6 — 12 mesh, made from coconut shell; manufacturer:

Engelhard.
d. support = graphite powder (BET 500 m2/g, manufacturer: Timcal). Catalyst prepared in-

house, see appendix A.
e. support = activated carbon powder from coconut shell (manufacturer: Engelhard). Catalyst

prepared in-house, see appendix A.
f. support = activated carbon granules from coconut shell, 6 — 12 mesh (manufacturer: Engel-

hard). Catalyst prepared in-house, see appendix A.

mwood
mcat.

---------------
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The carbon balance was adapted in a way that not only the carbon of the
wood was accounted for feed carbon, but also the carbon of the catalyst:

(6.7)

For this purpose, the carbon content of the catalysts was measured by
DC-190 in the boat module to yield nC, catalyst. The carbon gasification
efficiency GE was then calculated by reference to the carbon input of
wood, only (GE = nC, gas/nC, wood) as was done in all previous cam-
paigns, i.e. it was assumed that the carbon of the catalyst was inert. It
was shown in later experiments that the catalyst supports were gasified to

Table 6.17: Analysis of the product phases after gasification of wood with
different catalysts. N/D = not determined.

run 
no.

DOCaq.
g/L

XC
%

tars
%a

TCres.
mg/gres.

GEb

%
CH4
vol %

C2H6
vol %

CO2
vol %

H2
vol %

CO
vol % g/gwood

RuTi1 6.36 90.8 24.0 76.4 53 34 N/D 56 10 < 0.1 0.13

RCC 0.55 99.0 5.5 640 83 43 1.2 47 9 0.3 0.23

RCA 1.70 97.3 2.7 N/D 80 47 1.6 44 7 0.6 0.24

RCB 2.30 97.5 2.1 N/D 53 30 2.5 52 15 1.5 0.11

RCD 4.64 87.7 13.4 852 59 20 1.6 52 25 1.3 0.09

R13A 0.75 98.6 1.3 875 55 27 0.0 59 13 0.7 0.10

R14A 1.39 97.5 0.5 966 80 45 1.7 47 6 0.6 0.23

R14B 0.81 98.2 0.4 966 90 42 2.1 49 7 0.8 0.24

R14C 0.61 98.8 1.3 942 93 48 0.0 45 6 0.7 0.29

RGA 8.39 91.0 5.4 831 66 28 0.0 53 18 0.9 0.13

R18A 2.5 95.2 1.9 838 63 32 3.3 54 9 1.4 0.13

R19A N/D N/D N/D N/D 34 31 0.0 57 11 0.3 0.09

a. carbon of the tars collected in the MeOH fraction after evaporation of MeOH, in % of initial
carbon of the wood slurry (C in support not accounted for), i.e. nC,tars/nC,wood.

b. carbon gasification efficiency based on carbon input by wood (C in support not accounted
for), i.e. nC,gas/nC,wood.

YCH4

Cbalance
nC, products

nC, feed
---------------------------

nC, gas nC, solid residue n+ + C, tars nC, aqueous phase+
nC, wood nC, catalyst+

--------------------------------------------------------------------------------------------------------------------------------= =
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some extent when exposed to the hydrothermal environment (see
section 6.3.3 for the blank tests carried out). The amount of self-gasifica-
tion determined in these tests could be subtracted to yield a corrected GE
value for the gasification experiments. However, self-gasification is a com-
peting reaction with wood substrate gasification. From this fact follows
that in the presence of hydrolyzed wood, the catalyst may preferentially
gasify this feedstock rather than the carbon of the support, and thus the
correction made by comparison with a blank experiment would also be
affected by a certain error. For this reason, the carbon gasification effi-
ciencies reported in Table 6.17 were calculated without any correction.

1 wt % Ru/TiO2 (Degussa) was crushed in an agate mortar to particle
sizes below 125 μm. Compared to the skeletal nickel catalysts tested so
far, it exhibited a poor gasification efficiency (53 %), left a rather large
amount of ungasified dissolved carbon in the aqueous phase, and yielded
a large amount of tars and carbon deposits on the solid catalyst residue.
The methane to carbon dioxide ratio was low, and thus the methane yield
was also low. 1 wt % Ru/TiO2 is therefore not an active catalyst. Either
the active metal loading is too small, or the ruthenium crystallites are
rather large and the dispersion is low, all resulting in a small surface area
of active sites.

5 wt % Ru/C (Aldrich) was tested in experiments RCA to RCD. The car-
bon was in powder form and very fine. The catalyst used in RCA was
reused in RCB and then in RCD. As no measurement of the solid residue
after RCA could be made, the experiment was repeated (RCC), which
also helped to assess reproducibility. The fresh catalyst (RCA and RCC)
exhibited reasonable gasification efficiencies (over 80 %), yielding a pro-
duct phase rich in methane and low in hydrogen. The residual carbon
content in the aqueous phase was comparably low.
When reused, however, the catalyst performed poorly. The methane con-
tent in the gas product phase decreased from run to run, while both
hydrogen and carbon dioxide increased, i.e. the selectivity was lost over
repetitive runs. The gasification efficiency decreased and levelled off
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between 50 and 60 %. This behavior is depicted in Figure 6.17.

Figure 6.17:Comparison of the catalytic performance of 5 wt % Ru/C in
repetitive runs. Use 1: run no. RCA; use 2: run no. RCB; use 3: run
no. RCD.

First, the repetitive heat-up and quenching phases might not be advanta-
geous for the catalyst in the sense of a seasoning to the environment
(variable pressures, variable temperatures, variable solubilities, high cool-
ing and heat-up rates, etc.). Second, the catalyst might have been increas-
ingly poisoned by inorganics (sulfates, phosphates, etc.) that are present
in the wood, which accumulated in the dry residue (the only treatment
was the washing procedure with methanol, where salts would not be dis-
solved and extracted). Third, the catalyst was subjected to various
manipulations from one run to the other, whose influence is not very
clear:

(1) After each experiment, the solid residue was filtered and washed with
methanol. To assess that this treatment had no adverse effect, fresh cata-
lyst was mixed with water, filtered, and rinsed with MeOH. The aqueous
phase was then analyzed for its carbon content: 0.3 % of the catalyst’s
carbon had dissolved into the aqueous phase. Thus, some carbon of the
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fresh catalyst dissolves in water even when not exposed to hydrothermal
conditions, probably due to abrasion.

(2) The solid residue was dried in the vacuum oven at 105 °C after each
gasification experiment. This manipulation might influence the later cata-
lytic activity, e.g. carbonaceous deposits on the catalyst surface might
harden and be difficult to be gasified or washed off in supercritical water
in the following runs, and all ruthenium sites could be fully oxidized,
which can lead to a lower initial activity.

(3) To ensure that leaching of the ruthenium from the support into the
aqueous or methanolic phase was not the cause for the loss in activity,
ICP analyses of the aqueous and methanolic phases of the first gasifica-
tion experiment RCA and the washing procedure were carried out. Only
the MeOH phase of RCA contained 3 μg Ru (or 0.02 % of the ruthenium
input by the catalyst). Thus, Ru leaching was not the cause of the
decreasing activity.

To conclude, the initial activity and product selectivity of 5 wt % Ru/C
(Aldrich) seems to be good, while repetitive usage of the spent catalyst in
the batch reactor suggests a deactivation. An experiment in the continu-
ously operating catalyst test rig could assess the long-term stability. How-
ever, other catalysts were favored due to better overall performance.

3 wt % Ru on carbon extrudates (Alfa Aesar) was tested next (run no.
R13A). The extrudates were not crushed, but used as delivered. However,
the wood-to-catalyst ratio was decreased to 1. Despite the long residence
time of 100 minutes in supercritical water, the methane yield was very
low, 0.10  (only 30 % of the yield expected for 100 % GE and
a methane concentration corresponding to the thermodynamic equilib-
rium concentration). However, the low dissolved organic content and the
low amount of tars indicate that mass transfer restrictions might have
played a role: the catalyst was not ground, and the reactor’s content was
not actively mixed; mixing can only take place by free convection within

gCH4
/gwood
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the reactor. If product gases are more likely to be in the upper, cold part
of the reactor (in the lower, hot part, one-phase-behavior of the fluid is
assumed), and the mixing process in the hot part is impaired, then the
gases cannot equilibrate, and the wood might not be completely gasified.
Further indications that fluid mixture in the batch reactor is an issue
were gained from experiments with gases, see section 6.4.3. Nevertheless,
other non-ground granular catalysts performed much better, while the
same mass transfer limitations must have existed for these catalysts as
well. To conclude, 3 wt % Ru/C (Alfa Aesar) cannot be a catalyst of
choice for the hydrothermal gasification of wood.

2 wt % Ru on granular carbon from coconut shell (Engelhard) performed
quite well. Coconut shell carbon is reportedly one of the most stable car-
bons [125]. Three experiments were conducted: R14A, R14B, and R14C.
The first run was carried out with a wood-to-catalyst ratio of 2, while
R14C had a ratio of 1 (to test the influence of mass transfer limitations).
R14B was crushed in an agate mortar to increase the surface area of the
carbon. However, the crushing might flake off the ruthenium, which could
counterbalance the increased surface area. The mixture was held in super-
critical water for a longer time than in the tests with skeletal nickel cata-
lysts. While a steady state in pressure was reached rather quickly with
skeletal nickel catalysts, the pressure was still slowly increasing after one
hour with 2 wt % Ru/C, indicating the lower activity of the supported
ruthenium catalysts. The rate of pressure increase/decrease is displayed
in Figure 6.18 for a gasification experiment with 2 wt % Ru/C, and an
experiment with a skeletal nickel catalyst, with which a steady state in
pressure was reached after 25 minutes. The residence time for gasification
experiments with 2 wt % Ru/C was therefore adapted to around 90
minutes. The results of these experiments are depicted in Figure 6.19.
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Figure 6.18:Difference in pressure per minute (rate of pressure increase/decrease)
for a wood gasification experiment with a skeletal nickel catalyst
(R16A) and a Ru/C catalyst (R14C). Data points averaged over 40
seconds to smooth recorded values.

Figure 6.19:Gas phase composition, gasification efficiency and methane yield of
wood gasification using 2 wt % Ru/C (Engelhard).

The crushing or the decreasing of the wood-to-catalyst ratio had nearly
no effect on the product gas composition. Only slightly less methane was
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detected with the crushed catalyst. However, the gasification efficiency
was increased to 93 % by decreasing the wood-to-catalyst ratio to 1. In
terms of GE, the performance of this Ru/C catalyst is comparable to the
one of skeletal nickel catalysts. The low hydrogen content was addition-
ally favorable, resulting in a methane yield of 0.29 . The
crushed catalyst yielded slightly more carbon dioxide and less methane,
probably due to abrasion (the crushing process produced some carbon
dust from attrition, which could be gasified to CO2). To conclude, 2 wt %
Ru/C (Engelhard) turned out to be a promising candidate for the process
and was chosen for tests in the continuously operating catalyst test rig to
assess its long-term stability and performance (see section 7.1.5).
Three catalysts were synthesized in-house with potassiumpentachlororu-
thenate(III) as precursor, K2RuCl5, with the anion-deposition method
described by Hoffer et al. [119], for which the resulting dispersion is
reported to be high. The preparation of the three catalysts is outlined in
appendix A. Three different supports were chosen:

(i) A graphitic type carbon in powder form from Timcal (SBET

500 m2/g, research grade, yielding the catalyst used in run

no. RGA).

(ii) An activated carbon from coconut shell in powder form
(SBET 1000 m2/g, received from Engelhard, yielding the
catalyst used in run no. R18A).

(iii) An activated carbon from coconut shell in granular form
(SBET 850 — 1000 m2/g, received from Engelhard, yielding
the catalyst used in run no. R19A; this support is identical
to the support used by Engelhard to manufacture their 2
wt % Ru/C catalyst).

The catalysts were prepared with 7 wt % Ru loading for both RGA and
R18A, and with 2 wt % Ru loading for R19A (to have a 1:1 comparison
to the industrially manufactured catalyst, as it used the same support).

gCH4
/gwood
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7 wt % Ru/Cgraphite (in-house) performed quite poorly, despite its high
precious metal loading (run no. RGA). The residual carbon in the aque-
ous product phase was high (8.4 g/L, most probably originating from the
catalyst support and not from the carbon contained in the wood, see the
blank tests described in section 6.3.3). The low methane content of the
product gas, accompanied by almost 20 vol % of hydrogen are indications
of its low selectivity towards SNG. This catalyst is not suited for the
hydrothermal gasification of wood due to its low activity and gasification
efficiency (although present as a powder), which leads to a methane yield
of only 0.13  (40 % of the maximum thermodynamic yield).

7 wt % Ru/Cpowder (in-house) yielded similar results (run no. R18A): the
dissolved organic content of the aqueous product phase and the amount of
tars were lower than in RGA, with a similar gasification efficiency and
methane yield. Slightly more methane and substantially less hydrogen
were formed, with equal amounts of CO2. The ethane detected at the end
of this experiment probably stems from wood decomposition products,
and not via Fischer—Tropsch synthesis. C2H6 was typically detected in
long-term runs in the continuously operating test rig, but only during the
start-up phase. Hence ethane is assumed to be an intermediate product
(not being further decomposed while the catalyst was adapting to the
environment). Also Sharma and co-workers reported ethane to be a
decomposition product of phenol degradation, rather than a Fischer
—Tropsch synthesis product [68]. However, Ru is known to catalyze the
Fischer—Tropsch reactions as it catalyzes hydrogenation steps.

2 wt % Ru/Cgranules (in-house) was tested in run no. R19A and per-
formed worse than the other two catalysts synthesized in-house. The
product gas was nearly identical to the one obtained in R18A, but had a
lower content of CO and no ethane, and therefore produced a methane
yield of 0.09  despite the poor gasification efficiency of only
34 %.

gCH4
/gwood

gCH4
/gwood
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One of the reasons for the poorer performance of the catalysts prepared
in-house, compared to the commercially available ones, could be the non-
ideal reduction temperature, at which the deposited RuCl3 was reduced
under flowing hydrogen to Ru(0) and HCl. The applied temperature was
150 °C; at a later stage of the project, however, Engelhard revealed that
the reduction temperature should be 170 to 220 °C [179]. Thus, the reduc-
tion could have been incomplete and thus, the catalyst less active. Disper-
sion and ruthenium crystallite size distribution are other important
parameters where the commercial catalysts might be better.

To sum up, supported ruthenium catalysts are suitable for the hydrother-
mal gasification of wood to SNG. While 1 wt % Ru/TiO2 (Degussa) was
not active enough, some Ru/C catalysts performed well and produced a
methane yield almost as high as skeletal nickel catalysts. The best cata-
lyst was 2 wt % Ru/C (Engelhard), which was therefore selected for tho-
rough testing in the continuously operating rig, see section 7.1.5.
Figure 6.20 shows an activity versus selectivity plot for the tested Ru/C
catalysts.

Figure 6.20:Activity (in terms of gasification efficiency) vs. selectivity (ratio of
methane to hydrogen in the product gas) of the various tested Ru/C
catalysts. Despite its moderate precious metal loading, 2 wt % Ru/C
(run R14C) performed best.
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6.3.3 Stability Experiments with Supported Ruthenium Catalysts and 
Carbon Supports in the Batch Reactor

Although some Ru/C catalysts gasified wood quite well, they are all
prone to self-gasification. Before carrying out rather time-consuming long-
term stability tests in the continuously operating test rig, initial clarifica-
tions with short-term batch experiments were made. For this, four blank-
tests with catalysts (support plus active metal), and four blank tests only
with carbon supports were carried out.
For each experiment, about 300 mg of sample were loaded into the reac-
tor, together with 6 g of water. The reactor was then pressurized with
around 20 MPa Ar after its evacuation. This loading is comparable to the
amount used when gasifying wood with a wood-to-catalyst ratio of 2. The
mixture was heated to 400 °C (within 6 — 7 min., at ~53 °C/min.) and
held at this temperature for 45 minutes. The resulting pressure was
between 26.8 and 27.7 MPa.
The results of this hydrothermal treatment are displayed in Table 6.18.
Due to the low amount of gas formed (GE < 10 %), the products were
highly diluted in argon. Thus, the actually measured absolute gas concen-
trations were much lower than the values reported here, which were calcu-
lated on an argon-free basis. The detection limit for hydrogen by TCD
using N2 as the carrier gas, however, is around 2 vol %. Thus, in those
experiments where the absolute hydrogen concentration was lower, no H2
was detected at all, although it is assumed to have been present to some
extent as well.
As can be seen, the catalysts are, as expected, more prone to self-gasifica-
tion than the supports alone (e.g. GE is 6 % for T—RGA and 2.1 % for its
support T—CGA; 2.9 % for the commercial catalyst tested in T—R14A
and 2.6 % for its support T—C14A). The amount of Ru loading seems to
have an adverse effect on self-gasification (the key parameter is believed
to be the surface area of active sites, which is a function of metal loading,
dispersion, and crystallite size distribution). As shown, the difference in
self-gasification efficiency of the most promising 2 wt % Ru/C (Engel-
hard, T—R14A) and its support (T—C14A) is only 0.3 %. Most probably,
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mainly carbon from attrition due to storage, shipping, etc. was gasified
and had led to an increase in DOC. This is also indicated by repetitive
usage: a second hydrothermal treatment for the catalyst synthesized in-
house showed that the self-gasification decreased (GE from 6.0 % in
T—RGA to 3.5 % in T—RGB). Also the dissolved organic content of the
residual aqueous phase decreased substantially from 4.55 g/L to 0.11 g/L.
This behavior could thus exemplify the adaptation to the hydrothermal
environment. Interestingly, the dissolved organic content as well as the
content of tars was always larger after the blank-test of the supports than
after the blank-test of the corresponding catalyst, see Table 6.19. This
behavior was expected, since the presence of the active noble metal
gasifies the dissolved organic carbon and tars. The support for the com-
mercially available catalyst used in T—RCA was not available for testing.
To conclude, self-gasification in absence of a gasifyable feed can be an
issue for Ru/C catalysts. From the pressure signal of T—R14A for
instance, an average increase of 3.6 kPa/min. was recorded from the time

Table 6.18: Gas phase analysis after self-gasification experiments of different
Ru/C catalysts and carbon supports.

run no. sample
GEa

%
CH4
vol %

CO2
vol %

H2
vol %

CO
vol %

Ygas
b

L/g

ca
ta

ly
st

s 
(T

—R
xx

) T—RCA 5 wt % Ru/Cpwd. (Aldrich) 5.0 14 86 N/D 0 0.07

T—RGA 7 wt % Ru/Cgrph. (in-house) 6.0 4 38 56 2 0.22

T—RGB solid residue of T—RGA 3.5 9 29 62 0 0.13

T—R14A 2 wt % Ru/Cgran. (Engelhard) 2.9 26 25 49 0 0.06

su
pp

or
ts

 (
T

—C
xx

) T—CGA graphite (Timcal) 500 m2/g 2.1 23 77 N/D 0 0.03

T—C3A graphite (Timcal) 100 m2/g 1.2 49 50 N/D 1 0.02

T—C14A activated Cgran. (Engelhard) 2.6 9 30 61 0 0.10

T—C18A activated Cpwd. (Engelhard) 1.7 50 50 N/D 0 0.02

a. carbon gasification efficiency based on carbon input by catalyst or support, as determined in
advance by DC-190 (boat module), i.e. nC,gas/nC,sample.

b. gas yield in L/gsample (dry), at 1 atm and 0 °C.
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when a steady state in temperature was reached (~20 min.) to the
quenching (after ~50 min.). Small temperature variations during this
period were accounted for. By application of the ideal gas law (for sim-
plicity), this amount corresponds to ~0.019 mmolgas/min. For a gas phase
with 1/4 of CH4, 1/4 of CO2, and 1/2 of H2 (as measured), the pressure
increase corresponds to an average decrease in carbon over the period
recorded of 0.114 mg/min., or 0.39 ‰/min. of the initital carbon fed to
the reactor. Hence, 10 % of the catalyst would be gasified within 4 — 6
hours (shrinking core model).
However, it must be pointed out that 2 wt % Ru/C (Engelhard) was
thoroughly tested in the continuously operating rig, and there, self-gasifi-
cation was not identified as a problem at all. Thus, heat-up, adaptation
to the new environment, and quenching might be factors which are much
more important (and can lead to a certain degree of gas production) than
the steady state behavior in supercritical water itself. Moreover, carbon
catalysts can adsorb a substantial amount of CO2 from the air (activated
carbon is used in pressure swing adsorption to free gases from CO2). If
the catalyst was not stored moist, it is possible that a significant amount
of the CO2 obtained from the blank-tests originated from adsorbed car-
bon dioxide.

Table 6.19: Analysis of the liquid residue phase after self-gasification blank-tests
carried out with Ru/C catalysts and carbon supports.

catalysts supports

T—RCA T—RGA T—RGB T—R14A T—CGA T—G3A T—C14A T—C18A

DOCa 0.12 4.55 0.11 0.36 1.72 1.04 2.31 0.58

tarsb 6.3 0.3 0.9 1.0 2.7 0.1 1.9 1.1

a. dissolved organic carbon content in g/L.
b. content of tarry compounds (methanol solubles), in % of feed carbon (nC,tars/nC,feed).
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6.4 Experiments using Gas Mixtures as Reactants 
Instead of Biomass

6.4.1 Overview of the Experiments

Several experiments were carried out where water and catalyst (or sup-
port only) were filled into the batch reactor, after which it was flushed
three times with Ar before being pressurized with reactant gas, e.g. with
CO, or with gas mixtures, e.g. CO2 and H2 to ~1.2 MPa (2.0 MPa for
mixtures). The experimental matrix for these experiments can be seen in
Table 6.20.

The molar amount of the added gas reactants was calculated from the
pressure signal, using the ideal gas law with the addition of compressibil-
ity factors. The carbon dioxide dissolution in the water, if applicable, was
accounted for using Henry’s law. The ratio of carbon from reactants to

Table 6.20: Matrix of experimental conditions for batch reactor experiments
using gaseous reactants (or formic acid). Tmax. = 405 °C.

run 
no.

CO
mmol

CO2
mmol

H2
mmol

solid (dry)a

mg

a. 2 wt % Ru/C (Engelhard) was used as catalyst; in run no. G4 only its carbon support was
used.

nC/nRu
b

—

b. based on 2 wt % (of dry catalyst) as stated by the manufacturer. 

H2O
mmol remarks

G1 10.1 — — 218 234 404

G2 9.7 — — 25 1972 398 10 × less catalyst

G3 9.6 — — 2312 21 404 10 × more catalyst

G4 9.6 — — 2312 N/A 403 support only

G5 10.8 — 8.8 222 204 468

G6 — 8.4 12.6 228 161 422

A1 — — — 228 339 468 705.4 mg HCOOH as feedc

c. 705.4 mg HCOOH (included water traces were accounted for) corresp. to 15.3 mmol CO and
H2O each, or CO2 and H2 each, resp. (by decarbonylation or decarboxylation of the formic
acid, resp.). 0.76 MPa Ar were added.
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ruthenium on the catalyst was roughly the same as in the wood gasifying
experiments. The gas reactant’s total concentration was 4 — 5 wt %. The
residence time of the reactor in the hot fluidized sandbath was 60 min.

6.4.2 CO/CO2, (H2), Ru/C (or support)

Run no. G1 was expected to shift the CO with water over the catalyst to
CO2 and H2, which would then be methanated (0.25 CO2 + H2 = 0.25
CH4 + 0.5 H2O). The resulting gas phase should thus be composed of 75
vol % CO2 and 25 vol % CH4, with some traces of hydrogen (thermody-
namic equilibrium). The actually measured product gas, however, con-
tained only a small amount of H2 (8 vol %) and CO2 (11 vol %), and
traces of CH4 (< 0.1 vol %), while the majority of the product gas was
unreacted CO, see Figure 6.21.

Figure 6.21:Gas concentrations before (calculated based on pressure) and after
reaction (measured by gas chromatography).

Decreasing the amount of catalyst tenfold (run no. G2) did not lead to a
significant change in the product composition. Increasing the amount of
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catalyst by a factor of 10 (run no. G3) produced more CO2 and less H2,
but still, virtually no CH4 was detected.
The non-catalytic (neglecting the wall effects of the stainless steel reac-
tor) water gas shift experiment in run no. G4 interestingly produced more
hydrogen and more carbon dioxide than by using 2 wt % Ru/C.
Supplying both carbon monoxide and hydrogen to the reactor prior to
heat up (run no. G5) should increase the methane yield, and indeed some
CH4 was formed (2 vol %). Nevertheless, 79 % of the initial carbon mon-
oxide had neither shifted to carbon dioxide nor was it methanated. Start-
ing from CO2 and H2 (run no. G6) also produced some methane, but to a
lesser extent (only 1 vol %) than by using CO and H2, despite the higher
H2/COx ratio.

6.4.3 Mixing Problem of the Batch Reactor

These findings can only be explained by mass transfer limitations. Up to
these experiments, it had always been believed that, although the reac-
tor’s content was not actively mixed by a stirrer or by a tumbling mecha-
nism, the convective streams inside the vessel would suffice to provide a
significant mixing. Especially when a supercritical state is reached, there
are supposedly only one fluid (water and gas) and a solid catalyst phase.
Thus, the gases should be well solubilized in the hydrothermal environ-
ment, and readily react over the noble metal catalyst.
Before these experiments with gaseous reactants were started, the lower,
hot part of the reactor (making about 82 % of its total volume), which is
immersed into the fluidized sand bath, contained water and catalyst. The
gases are in the upper, cold part of the reactor (18 % of the reactor’s vol-
ume), as well as in the residual volume of the lower part which is on top
of the water phase (water + catalyst occupy about 1/3 of the lower part
at room temperature). Now, during the heat-up phase, the water vapor
pressure rises, the water expands in the lower part of the reactor, and
compresses the gases (which do not significantly expand as they are not
heated) in the upper, cold part, so that the pressure is equal in every part
of the apparatus. The density in the lower part of the reactor decreases as
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the water is heated to 400 °C. However, the density of the cold gases in
the upper part of the reactor is always lower than the one of the super-
critical water phase in the hot part: At a pressure of 30 MPa, the density
(at 50 °C as in the upper cold part) is 190 kg/m3 for CH4, 275 kg/m3 for
CO, and only 19.2 kg/m3 for H2. In contrast, the density of the supercrit-
ical water phase in the lower, hot part is 357 kg/m3 at 400 °C (and larger
at lower temperatures) [35]. Thus, there is no real driving force leading to
the mixing of the two compartments in direction of the hot part, only in
direction of the cold part. However, if water is transferred to the upper,
cold part, it condensates, because T << Tc (even if p > pc). Hence, the
capillary connecting the lower, hot part of the reactor to the upper, hot
part acts like a reflux cooler, and as a consequence the fluid phase from
below is not being sucked into the upper part (it only happens to some
degree when one of the high-pressure valves is opened to withdraw a sam-
ple of the reactor’s content, which induces a large pressure difference).
Thus, while the lower, hot part is assumed to be mixed by convective
streams within the supercritical fluid, gas molecules which are not already
dissolved in this phase (e.g. in the upper, cold part) have no tendency to
go there, are not in contact with the catalyst, and remain unreacted.

6.4.4 Formic Acid, H2O, Ru/C

If the reacting gases (CO, H2, CO2) were formed in-situ, out of a dis-
solved compound, inside the aqueous part of the reaction media, then the
gas would not be separated from the liquid phase from the beginning, and
much more methane should be formed. As formic acid can decompose to
CO, CO2, H2, and H2O, it was used at a concentration of 10 wt % in run
no. A1. To always keep a dense phase inside the reactor and avoid dry-out
during heat-up, the reactor was pressurized with 0.76 MPa of Ar before
its immersion into the fluidized sandbath. During the heat-up, the formic
acid certainly went preferentially into the gas phase, compared to water
(vapor-liquid-eqilibrium), but nevertheless, when starting from
HCOOH(aq.), much more gas should be present in the fluidic phase when
a supercritical state has been reached. Furthermore, formic acid is a reac-
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tion intermediate of the CO2 methanation, as pointed out in section 2.2.5
on page 33. And in fact, the gas phase at the end of the experiment was
composed of 39 vol % H2, 52 vol % CO2, and 9 vol % CH4. Still, the com-
position was not in eqilibrium, but the methane yield was significantly
higher (more than 10 times as high compared to starting from CO2 and
H2 in the gas phase). Considering the methanation mechanism, where
several neighboring adsorbed hydrogen atoms are required, it follows that
still some CO2 and especially H2 (large diffusion coefficient) must have
escaped into the upper, cold part of the reactor, while the reaction mix-
ture in the lower, hot part must have been in equilibrium.

6.4.5 Conclusions of the Experiments Using Gas Mixtures as Reactants

In light of these experiments, it can be deduced that the mixing of the
reactor’s contents by free convection is insufficient, and that gases, once
in the cold part of the reactor, are not easily mixed back with the hot
content in the lower part of the reactor. This may also explain why it
takes so long to reach equilibrium in the batch reactor.
The larger and heavier the catalyst particles are, the less are they carried
with fluid streams in the hot part. Certainly, catalysts in powder form
such as skeletal nickel catalysts, or some of the Ru/C, are expected to be
better mixed due to their small particle size. Especially in the early stage
of gasification, where still unconverted wood and a viscous wood hydroly-
sis phase coexist, the larger particles such as 2 wt % Ru/C (Engelhard)
are expected to be more impeded to travel through the reactor compared
to catalyst particles in powder form.
The separation of the reactor into two compartments which are barely
mixed explains why with 2 wt % Ru/C (Engelhard) as catalyst, the pro-
duct gas composition after the batch gasification experiments did not cor-
respond to the thermodynamic equilibrium composition, while the same
catalyst gasified synthetic liquefied wood in the continously operating test
rig (see section 7.1.5) completely to a gas which actually did correspond
to the equilibrium condition.
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Therefore, for experiments carried out in the batch reactor, only those
with catalysts having similar physical properties can be one-to-one com-
pared to another, e.g. skeletal nickel catalysts in powder form, Ru/C in
powder form, Ru/C in granular form. Nonetheless, the commercially
available supported granular ruthenium catalyst was, despite its mixing
impediment, better than Ru/C in powder form, and the preliminary cata-
lyst evaluations presented in section 6.3 are still valid.

Unfortunately, these experiments with gases were conducted at an
advanced stage of the project, when most of the batch experiments had
already been carried out.

6.5 Comparison of the Reactivity of Wood to Synthetic 
Liquefied Wood

Instead of actual wood slurries, a mixture of five organic liquids, so called
synthetic liquefied wood (refer to section 5.2 for its composition), was
used as the organic feed in the continuously operating catalyst test rig.
Although the composition of the synthetic liquefied wood was based on
the outcome of wood slurry liquefaction experiments, its five substances
(acetic and formic acid, ethanol, phenol, and anisole) are small molecules,
whereas wood consists of (hemi-)cellulose and lignin, i.e. of macromole-
cules, whose linkages must be broken before the constituents can access
the catalytic sites and be gasified. Thus, the synthetic liquefied wood is
expected to exhibit a higher reactivity, as the hydrolysis steps in which
the linkages are broken had already been taken. To assess the reactivity of
synthetic liquefied wood (SLW) in comparison to the one of real wood
slurries, gasification experiments were carried out in the batch reactor.
To have information about the evolution of gas concentrations, gas phase
samples should be taken during the reaction. The most elegant way to
achieve this goal would be to continuously withdraw a small amount of
the reactor’s content and analyze it with a mass spectrometer (which has
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a much faster measuring time than a gas chromatograph, for instance).
However, the mass spectrometer needs a continuous input gas flow (ide-
ally ~5 mL/min), which is difficult to achieve when the pressure inside
the vessel changes from 2 MPa at immersion into the fluidized sandbath
to around 30 MPa after the reaction.

6.5.1 Possibilities to Take Samples During Reaction

A capillary, connected to the upper cold part of the reactor, could gener-
ate a pressure drop so that on its other end, the pressure is reduced to a
slightly higher level than the atmospheric pressure. However, the pressure
inside the batch reactor is not constant during the heat-up phase (and
during gas-evolution), and so the pressure at the end of the capillary
would vary, and with it the gas flow out of the system.

The pressure drop Δp of a pipe with laminar flow can be described by
[180]:

(6.8)

with η being the dynamic viscosity of the gas mixture, v its velocity
through the pipe, and L and di the length and internal diameter of the
pipe, respectively. Splitting the calculation into sections of 1 MPa pres-
sure drop under the condition that at the end of the pipe, a throughput of
5 mL/min. is given at atmospheric pressure, the total length L increases
impressively with the inner diameter di, see Table 6.21 for examples.

The limiting factor is not so much the inner diameter than the ability to
withstand a pressure of 30 MPa. The smallest high pressure tubings avail-
able have an inner diameter of 508 μm (HiP Company, USA). HPLC steel
capillaries have a typical inner diameter of 100 μm (Supelco), which
would still lead to a tube 44 m long, where significant backmixing phe-
nomena would take place over time.

Δp 32 η v L⋅ ⋅ ⋅
di
 2

-----------------------------=
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These preliminary calculations led to a different approach: the sampling
over a hatch, see Figure 6.22.

Figure 6.22:Gas sampling section added to the batch reactor.

During the experiment, both high pressure valves are first closed, and the
transfer line had previously been evacuated. Then, high pressure valve 1
was opened, and gas flowed into the transfer line. Hereby, the pressure
dropped slightly and so did the temperature (due to expansion), see
Figure 6.23. At higher pressures, hot reactor content was sometimes
sucked into the upper cold part, which was inevitable especially after the
critical point had been reached. After the filling of the transfer line, high
pressure valve 1 was closed, and valve 2 opened. The gas expanded into
the previously evacuated gas sampling bag (Grab Foil Bag, SKC Inc.,

Table 6.21: Capillary length to generate a pressure drop of 30 MPa for various
pipe inner diameters di.

inner diameter di
μm

length L
m

50 3

100 44

500 27’300

1000 437’000
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USA). Its content was then analyzed by gas chromatography (injection by
a syringe through the septum port of the PP valve attached to the bag)
and its volume determined by evacuation into a plastic syringe with a
scale in mL. The dead volume of the system was accounted for as well.

Figure 6.23:Pressure and temperature diagram of an exemplary wood gasi-
fication experiment with simultaneous high-pressure sampling.

6.5.2 Comparison of Spruce Slurries to Synthetic Liquefied Wood 
(catalyst: 2 wt% Ru/C)

The comparison of wood gasification experiments (conc. 10 wt %) and
experiments with synthetic liquefied wood (SLW, conc. 10 wt %) is
depicted in Figure 6.24 in a gas phase concentration vs. time plot, and in
Figure 6.25 in a gas phase concentration vs. temperature plot. All gasifi-
cation experiments were carried out with 2 wt % Ru/C (Engelhard).
Prior to reaction, the reactor was flushed two times with Ar (instead of
being evacuated), and then subjected to around 1.5 MPa of Ar before
reaction. For these experiments, the sandbath was preheated to 350 °C.
Upon immersion of the reactor, a new setpoint temperature (405 °C) was
selected. This ensured a gradual heat-up time of around 25 min., which
facilitated the sampling procedure.
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Figure 6.24:Comparison of the product gas composition as a function of time.

The general trend is quite comparable, justifying the use of synthetic
liquefied wood for real wood slurries to test for the long term activity of
catalysts in the continuously operating test rig. However, the gasification
of SLW starts at slightly lower temperatures. While skeletal nickel cata-
lysts started to produce gas from real wood slurries at 250 °C (compare
section 6.1.7), no gas was formed below 270 °C using Ru/C as catalyst.
With SLW, the hydrogen concentration increases faster than the methane
concentration, whereas with wood as feed this behavior is less distinct.
This can be explained by the faster reforming to the primary gases
CO/CO2 and H2, while the methanation from these gas molecules is car-
ried out equally fast in both systems.
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Figure 6.25:Comparison of the product gas composition as a function of
temperature inside the hot, lower part of the reactor.

The difference in concentration from the last measuring point which was
taken after cool-down of the reactor and the second last one, which had
been taken at 405 °C, just before the quenching of the reactor, illustrates
the problem of the component distribution within the batch reactor sys-
tem outlined in section 6.4.3. During hot sampling, the Ar fraction in the
gas was significantly lower than after cool-down, indicating that Ar pre-
ferentially stayed in the supercritical water, while the lighter gases, espe-
cially hydrogen, stayed preferentially in the upper, cold part of the
reactor. Thus, the hydrogen content during hot sampling was larger than
the average hydrogen content inside the whole apparatus.
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If the Ar were equally distributed in the reactor, both in a cold and a hot
status, then molar amounts could have been backwards calculated by
reference of argon. However, as the sampling was not equally representa-
tive for all gas components, this approach failed. Thus, only concentration
evolutions could be drawn and compared. Nevertheless, as gasification
with real wood slurries and with synthetic liquefied wood were both car-
ried out in the same system, the comparison of the product gas composi-
tion as a function of temperature and/or time is valid, although the
actually measured concentration might be affected by an error due the
distribution of the individual gases at specific conditions.

6.5.3 Conclusions of the Comparison Experiments

• Despite the non-ideal distribution of product gases inside the hot and
cold part of the reactor, gas sampling during reaction permitted a
comparison of reactivity between spruce slurry and synthetic liquefied
wood.

• Synthetic liquefied wood exhibits a slightly higher gasification reac-
tivity over Ru/C, starting at lower temperatures (250 °C for SLW vs.
270 °C for spruce), but leads to a product gas very similar in compo-
sition.

• The evolution of the product gas composition is comparable, indicat-
ing that SLW is a valid liquid substitute biomass for real wood slur-
ries which are exceedingly difficult to pump continuously on a
laboratory scale.
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6.6 Batch Gasification of Palm Oil Pyrolysis Condensate 
with Ru/C

As pointed out in section 5.4, palm oil pyrolysis condensate is an abun-
dant waste stream in Malaysia, and can be used as feed for the continu-
ously operating process demonstration unit that was built (see section 8).
To assess its reactivity and to test for its gasification, a batch experiment
was carried out with the pyrolysis condensate (concentration 28.3 wt %)
using 2 wt % Ru/C (Engelhard) as catalyst.
For this experiment, 2.8500 g of pyrolysis condensate were premixed with
0.7610 g of water and 2.3085 g of moist catalyst, and loaded into the reac-
tor. The catalyst-to-organics ratio on a dry basis was 1.10. Prior to heat-
up, the reactor was flushed with Ar twice before being pressurized with
the same gas to 1.1 MPa.
The heat-up time to 405 °C was 10 minutes, with a subsequent residence
time at this temperature of 62 min. In contrast to gasification experi-
ments with wood, the pressure rose steadily during the isothermal resi-
dence time, from 26.1 MPa at t = 25 min. to 28.1 MPa at t = 72 min.,
when the system was quenched. The rate of pressure evolution versus
time is depicted in Figure 6.26, together with the rate of a wood gasifica-
tion experiment. The pyrolysis condensate (PC) was almost three times
more concentrated, however.
The reason for this reduced reactivity could be in the content of inorga-
nics present in the pyrolysis condensate. Sulfate was later determined to
act as a catalyst poison (see section 7.2). The sulfate-to-ruthenium ratio
of this experiment was 0.72. The gasification efficiency GE was merely
72.4 %. However, the carbon balance did not close well (only to 74 %).
The scaled gasification efficiency GE100 was 97.8 %. Only 7.6 mg (or 1 %
of the feed’s carbon) were found in tars, and 4.5 mg of carbon (or 0.6 %
of the feed’s carbon) were found in the residual liquid phase with a TOC
of 1.2 g/L. As the catalyst’s support was coconut shell carbon, the carbon
content of the residual solid phase was not determined. Since the carbon
balance did not close that well, a certain amount of the feed’s carbon
might have been transformed to coke and deposited on the catalyst,
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where it was not measured and accounted for. However, coke formation
had not been observed so far in catalytic hydrothermal gasification. The
product gas was composed of 48.7 vol % CO2, 45.9 vol % CH4, 1.2 vol %
C2H6, 3.7 vol % H2, and 0.5 vol % CO.

Figure 6.26:Difference in pressure per minute for a wood gasification experiment
(R14C) and the pyrolysis condensate gasification experiment (PC).

Based on this batch experiment, the catalytic hydrothermal gasification
of palm oil pyrolysis condensate with 2 % Ru/C yields a product gas close
to the equilibrium composition, with very few tars, and an aqueous pro-
duct phase with a low carbon content.

6.7 Experiments using Quartz-Capillaries as Micro-
Reactors

6.7.1 Capillary Gasification Experiment with Wood Slurry and Raney 
2800 Nickel

The onset of wood gasification was visualized in a catalytic quartz capil-
lary experiment, carried out by S. Rabe, PSI [181]. The visual results are
depicted in Figure 6.27.
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Figure 6.27:Formation of a gas bubble at 295 °C from wood slurry above a
catalyst grain (skeletal nickel). Time elapsed between image 1 and 4
is about 1 min.

About 70 mg of wood slurry and 20 mg of Raney 2800 Ni (Grace Davi-
son) were loaded into a quartz capillary (i.d. = 1.4 mm, o.d. = 6 mm, L
= 145 mm) and sealed by welding, as described in section 3.4. The capil-
lary was put into the heating block and heated to 350 °C. The first gas
bubbles were formed at 295 °C, when the pressure inside the capillary was
around 8 MPa (calculated based on the feed amount with data of pure
water). In contrast, gas formation was observed in the batch reactor
already at 250 °C (refer to section 6.1.7). However, in the batch reactor,
the pressure at this temperature was slightly higher, and thus hydrolytic
power of the water was higher. The gasification continued, and more and
more wood was converted. However, at a certain time, the capillary
exploded and the experiment had to be stopped.
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6.7.2 Capillary Experiment with Pure Water

The transition of pure water from the two phase region into the supercrit-
ical one phase region was visualized with the capillary technique by film-
ing the process. Some snapshots of this movie are displayed in
Figure 6.28.

Figure 6.28:Capillary experiment with pure water (magnification of one of the
tips). A: 372 °C, two phases: liquid below the meniscus, vapor above
it. B: 375 °C: the meniscus moved towards the capillary tip. C:
378 °C: one phase, with commotion and cords on the upper side of
the capillary.

During the heat up phase, the water evaporated, and the meniscus of the
liquid phase boundary slowly moved towards the capillary tip. When the
brass heating block reached a temperature of 378 °C, the phase boundary
inside the quartz tube disappeared, and the content became less transpar-
ent, as if it turned into a haze. There was heavy commotion inside the
quartz tube from one second to the other, made visible by quickly moving
cords on the upper side of the capillary. Probably, the upper side was
slightly cooler, as it was not in contact with the heating block, and some
of the supercritical water might have condensed on the glass at these

meniscus cords

A B C
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locations, because there, the temperature was locally below Tc. Unfortu-
nately, the transition is not as nicely and clearly visible on these snap-
shots as it is in the movie. The movie can be downloaded at:
http://cpe.web.psi.ch/scwg_movie.html.

6.7.3 Capillary Experiment with 5 wt % NaCl in Water

The addition of salts is reported to shift the critical point of the mixture
typically to higher temperatures [182]. To confirm this phenomenon visu-
ally, 200 mg of a solution of NaCl (conc. 5 wt %) were sealed into a
quartz capillary (i.d. = 2.0 mm, o.d. = 6.0 mm), and heated in the heat-
ing block. The visual observations made during the experiment are tabu-
lated in Table 6.22 on page 167.
The vapor phase (with possibly entrained air) moved to the middle sec-
tion of the capillary, and was surrounded by two liquid phases on either
side, forming two menisci. However, only one is visible on the snapshots
taken from the corresponding movie, see Figure 6.29.

Figure 6.29:Snap shots from capillary heating movie with 5 wt % NaCl solution.
Images A1 — A2: 381 °C, time between snap shots: 6 sec. B1 — B4:
404 °C, time between snap shots: 1 sec. C1 — C2: 445 °C, salt brine
sticking to the upper wall; very hazy. D1 — D2: 393 °C, time between
snap shots 2 sec. Bubbles reappeared.

B1 B2 B3 B4

A1 A2

C1 C2 D1 D2
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Interestingly, up to 390 °C, neither chords on the upper side of the tube
were visible, nor commotion, nor did the content turn hazy, in contrast to
the experiment with pure water described in the previous section. At
around 400 °C, some sort of streamlines were observed. At 404 °C, sud-
denly some intense commotion was detected, with gas bubbles swirling
around: the images B1 — B4 are taken over a period of only 4 seconds,
and depict the rapid change inside. However, still two phases were present
at these conditions. In the bulk fluid phase in the middle of the tube,
some sort of threads or cords were formed (they could be salt brine), best
visible on snapshot B2.
When the capillary was further heated, the bubbles disappeared at
430 °C, the mixture became more hazy, and some sort of brine cords were
visible on the upper side of the capillary. At 445 °C, the brine cords
became more distinct (snap shots C1 — C2); they almost seemed to build
a crust at 455 °C so that the contrast of the images deteriorated.
When the heating was switched off, and the capillaries were allowed to
cool, the bubbles reappeared at around 415 °C, and the brine was com-

Table 6.22: Visual observations during a capillary experiment with a 5 wt %
aqueous NaCl solution.

Tblock
°C observations

≤ 381 slow movement of the meniscus and an entrained air bubble (A1 — A2)a

400 streamlines of some internal current visible

404 heavy commotion, gas bubbles swirling around (B1 — B4)

414 the solution gets hazy; gas bubbles still present

430 only now dissapearance of the meniscus; no gas bubbles visible anymore

445 precipitated salt cords are visible on the upper side of the capillary
(C1 — C2)

455 salty cords become more numerous and thick / heating switched off

393 all salty cords have redissolved, the fluid is clear again; bubbles are visible 
(D1 — D2)

a. A1, A2, B1, etc. refer to the snap shots depicted in Figure 6.29.
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pletely redissolved at 393 °C (snapshots D1 — D2). The solution inside the
capillary stayed a bit hazier than at the beginning of the experiment.

These observations are congruent with the data presented by Armellini,
who stated that sodium chloride solutions form from the one-phase fluid a
vapor-liquid phase at 387 °C and 25 MPa, which has its boundaries then
at around 450 °C and sodium chloride contents of 0.03 wt % [182]. Based
on the mass of water inside the capillary (95 % of the feed), the pressure
at 404 °C (onset of the commotion) was 23 MPa. According to Armellini,
the sodium chloride solubility decreases nearly asymptotically around
390 °C: from several wt % at 388°C to around 0.1 wt % at 400 °C. It
decreases further to 400 ppm at 430 °C and 300 ppm at 450 °C (all data
at 25 MPa) [182]. Based on this data, the threads and cords that
appeared around 405 °C could well have been the visualization of salt
brine.

6.7.4 Conclusions of the Capillary Experiments

• Capillary experiments served as visual confirmation of the hydrother-
mal gasification of wood slurries in the presence of a skeletal nickel
catalyst.

• The transition into the supercritical state could be nicely visualized.
It differed quite impressively between pure water and a sodium chlo-
ride solution (5 wt %).

• Despite the advantages of visualizing the processes, it took numerous
attempts to carry out these experiments. Only about 20 % of the
capillaries did not explode during heat-up. When they exploded, the
capillary frequently destroyed also the protecting quartz disk, as well
as any other capillaries inside the block. Thus, filling all eight notches
with capillaries did not make sense as long as the failure rate was so
high.

• Catalyst stability experiments (catalyst and water sealed into the
capillary) were attempted for Ru/C catalysts in powder form. Unfor-
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tunately, all tests failed due to explosion, either because of gas pro-
duction from self gasification, or from tensile stress of the quartz
tube. Plans for any further tests were then abandoned due to safety
reasons.
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Chapter 7: Catalyst Testing and 
Characterization

7.1 Towards a Hydrothermally Stable Catalyst

7.1.1 Starting Point and Aim of The Experiments

The gasification efficiency (GE) and selectivity towards methane ( ,
methane yield) could be tested for with the catalyst screening experi-
ments run in the batch reactor (as outlined in section 6.3), but no infor-
mation about long-term stability in the hydrothermal environment could
be gathered, as typical reaction times were only around 1 hr. Thus, expe-
riments with the most promising catalysts were carried out in the conti-
nuously operating test rig presented in section 3.3.
As it is very difficult to pump slurries containing solids (e.g. wood saw-
dust slurries) reliably on the laboratory scale (i.e. at small throughputs,
< 1 L/hr), synthetic liquefied wood (see section 5.2 for its analysis),
SLW, approximating the chemical composition of real spruce and fir slur-
ries, was chosen as an alternative feed for most of the experiments. The
comparability of synthetic liquefied wood and real spruce slurries had
been justified in experiments in the batch reactor, refer to section 6.5.2.
For long-term experiments with low carbon conversion, the phenol frac-
tion of SLW was replaced by adding more anisole to avoid excessive expo-
sure to phenol vapors (during sampling and temperature profiling).
Preliminary experiments that were carried out at a time when SLW was
not available yet were run with aqueous ethanol solutions as feed. Ethanol
is cheap, abundant, pure, and the pathways of its gasification reaction are
well-defined.
In order to reach high methane yields and to be able to transfer know-

YCH4
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ledge gained with this test rig to a pilot plant, high concentrations (10 —
20 wt %) were endeavored.

7.1.2 Gasification of Synthetic Liquefied Wood over Raney 2800 Ni

Synthetic liquefied wood with a concentration of 17.5 wt % was gasified
with Raney 2800 Ni (Grace Davison) in a 50 hrs experiment, at 30 MPa
and with a weight hourly space velocity1 (WHSV) of 4.4 gorg./(gcat., dry

hr), at 400 °C (for 17 hrs), 425 °C (for 24 hrs), and 450 °C (for 11 hrs).
The experiments with skeletal nickel catalysts were carried out at a time
when it was not yet clear that this type of catalysts deactivated quickly
over time due to chemical sintering.
The resulting gas production rate was nearly independent of temperature,
being equal to 5.55 L/hr at atmospheric temperature (25 °C) and pres-
sure (~980 hPa), or 0.377 L/gSLW fed, see Figure 7.1.

Figure 7.1: Total volume of gas produced during a 50 hours run with synthetic
liquefied wood as feed. The indicated temperature is the reactor’s
oven setpoint temperature; p = 30 MPa, WHSV = 4.4 hr—1, feed
concentration = 17.5 wt %.

1. The weight hourly space velocity is based on the mass of hydrocarbons in the feed, not on the total

mass of the feed. Its units will further be referred to as [hr—1] instead of [gorg./(gcat., dry hr)].
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Only at 450 °C, or after 41 hours, did the gas production rate increase,
due to a change in gas composition (more H2, leading to more moles of
gas). As can be seen in Figure 7.2, the product gas composition changed
over time, probably due to catalyst deactivation. At the beginning of the
experiment, the gas composition was 50 vol % CH4, 47 vol % CO2, and 3
vol % H2, thus very close to the equilibrium composition (at 400 °C, 30
MPa, and conc. 20 wt %: 50 vol % CH4, 48 vol % CO2, and 2 vol % H2).
The hydrogen content steadily increased to > 30 vol %, while the meth-
ane concentration decreased to ~25 vol %. The concentration of CO
remained always < 0.1 vol %.

Figure 7.2: Dry gas composition versus time on stream for the gasification of
synthetic liquefied wood with Raney 2800 Ni, p = 30 MPa.

The temperature profile along the reactor revealed information about the
location of endothermic reactions (Figure 7.3). The catalytic bed was
located between 3 and 18 cm from the reactor inlet with α-Al2O3 before
and after it. A cold spot of ~8 °C at the beginning of the catalytic bed
(oven setpoint 400 °C) indicated the predominance of endothermic
reforming reactions with CO2 and H2 as main products. The temperature
profile varied only very little over time. At the higher oven setpoints
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(425 °C / 450 °C) no distinct cold spot at the beginning of the catalyst
bed could be observed. This could indicate that the reforming reactions
were slowed down by catalyst deactivation. Interestingly, the profile at
425 °C (runtime 17 — 41 hrs on stream) did not change at all over time.
Additionally, the temperature profile did not show a moving front, as it
would be observed if the catalyst had deactivated due to poisoning (a
moving fron was detected with Ru/TiO2 as catalyst, outlined in
section 7.1.4). Thus, the deactivation of Raney 2800 Ni must have taken
place simultaneously and progressively in every part of the reactor; an
observation that could be explained by sintering. To remedy this pheno-
menon, the skeletal nickel catalyst should be stabilized (e.g. by co-doping
of Ru). Such a co-doped Raney catalyst was tested next.

Figure 7.3: Temperature profile along the reactor with Raney 2800 Ni as the
catalyst. Catalyst was located between 3 and 18 cm. Fluid flow is
from left to right.
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7.1.3 Gasification of Synthetic Liquefied Wood over Raney 2800 Ni/Ru

As a remedy to the loss of methanation activity over time, a ruthenium
stabilized Raney nickel catalyst2 was tested in a long-term SLW gasifica-
tion experiment (conc. 20 wt %, WHSV =2.3 hr—1). Elliott and co-work-
ers reported the co-doping of ruthenium to enhance catalyst stability by
suppressing the sintering of the nickel phase [175]. However, they used
rather high amounts of the precious metal, 1 — 5 wt %. Due to the high
price of ruthenium, the co-doped amount should ideally be lower, as for
these amounts, a supported ruthenium catalyst could be used instead of
co-doping this metal to nickel3. A co-dopant proportion of 0.25 wt % was
arbitrarily chosen. Grace Davison supplied a sample of Raney 2800
Ni/0.25 wt % Ru for this experiment. In addition to the on-line measure-
ment of the gas phase composition, samples of the liquid product phase
were taken and analyzed with respect to their organic and inorganic car-
bon content (by DC-190), as well as to their Ni content (by ICP).
This catalyst showed comparable performance and similar stability as
regular Raney 2800 nickel; despite the co-doping, it still deactivated
rather quickly, as can be seen from the product gas composition and car-
bon conversion XC, depicted in Figure 7.4.
After 22 hrs, problems with the backpressure regulator forced the test rig
to be stopped. After the replacement of the defective part, the plant was
flushed with distilled water prior to switching back to feeding SLW (start
of campaign 2). Again, product gas compositions close to the thermody-
namic equilibrium were reached (e.g. at run time 25 hrs; hydrogen was
only measured after 30 hrs on stream due to technical difficulties), but
over time, the hydrogen concentration increased towards ~30 vol %,
whereas the methane concentration decreased towards a stable level of
~30 vol %. The concentration of carbon monoxide was always below 2
vol %.

2. For the corresponding experiment in the batch reactor, refer to run no. R2C on page 126.

3. Thus, 1 wt % Ru/TiO2 was tested next, see section 7.1.4.
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Figure 7.4: Concentration of gaseous products (above) and carbon conversion
XC (below) during 120 hours gasification experiment with synthetic
liquefied wood over Raney 2800 Ni/Ru (3 campaigns with identical
process conditions: conc. = 20 wt %, WHSV = 2.3 hr—1, T = 400 °C,
P = 30 MPa.). At 102 hrs, the water flow rate was increased. CO
concentration was always below 2 vol %.

After another minor problem at 68 hrs on stream, the plant was again
flushed with distilled water. Also this time (begin of campaign 3), the
catalyst gasified the SLW completely during the first thirty to fourty
minutes, followed by a similar decrease in activity as before: The carbon
conversion XC dropped to 60 % within 20 hrs, and decreased further to
about 40 %. At 112 hrs, the water flow rate was increased by a factor of
ca. 2, leading to a reduced residence time of the feed in the reactor (no
decrease of the WHSV). The feed concentration was thereby lowered from
20 to 10 wt %. The carbon conversion dropped slightly more, due to the
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lowered residence time, to 30 %. The methane concentration decreased
from 27 to 17 vol %, and the hydrogen concentration increased from 25 to
45 vol %.
It can be clearly seen that the mixture did not spend enough time over
the catalytic bed in order for the methanation to be fully completed. In
addition, the diluting effect of increasing the water flow rate lead,
governed by thermodynamics, to an additional shift towards hydrogen
rather than methane (compare with Figure 2.1 on page 27, calculated for
wood as feedstock). However, the catalyst still exhibited residual metha-
nation activity, while it showed a decreased activity for the gasification
(  = 30 vol %, but XC only 40 % at 110 hrs on stream).
Post-reactionem analysis of the spent Raney 2800 Ni/Ru catalyst by
means of X-ray diffraction revealed the deactivation mechanism: chemical
sintering of the nickel crystallites, see Figure 7.5, as was already outlined
in section 6.3.1 on page 135. No nickel leaching was detected by ICP.

Figure 7.5: XRD of fresh Raney 2800 Ni/Ru (below) vs. XRD of the same
catalyst after 120 hrs of gasification of synthetic liquefied wood
(above). Crystallite growth and loss of BET surface area indicate
sintering.

The crystallites grew from an initial size of 9 nm to 45 nm. In addition,
the BET surface decreased from 29 m2/g to < 5 m2/g, i.e. below the
limits of the instrument and method employed. The timescale of sintering

yCH4
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is of the order of a few hours or less, as catalyst samples after batch
experiments with only 1 hr runtime showed similar crystallite growth
(refer to Table 6.15 on page 136).

7.1.4 Gasification of Ethanol over 1 wt % Ru/TiO2

As skeletal nickel catalysts sintered quickly in the hydrothermal environ-
ment, a noble metal catalyst was chosen. TiO2 (rutile) was reported to be
stable in supercritical water [65], thus suitable as support, and ruthenium
is known to catalyze both the gasification and the methanation reaction,
as outlined in section 2.3.1. Therefore, the commercially available 1 wt %
Ru/TiO2 catalyst (Degussa) was tested next. The catalyst was delivered
in the form of tablets, which were crushed to 125 — 250 μm prior to being
filled into the fixed bed reactor. In preceding experiments, this catalyst
had been tested in the batch reactor with wood slurries and performed at
a middle-rate level (GE = 53 %,  = 0.13 , see run no.
RuTi1 in Table 6.17 on page 138). As the focus of this test was on cata-
lyst stability rather than on good comparability to a real feed, ethanol
(conc. 30 wt %) instead of SLW was chosen as feed. The catalytic bed
ranged from 3 to 11 cm of the reactor tube, which was embedded within
zones of packed α-alumina (particle sizes 100 — 150 μm).
The total runtime was over 70 hrs, at three different gasification tempera-
tures to bracket the reactivity of the catalyst: first at 455 °C for 26 hrs,
then at 345 °C for 24 hrs, and last at 400 °C for 23 hrs.

Table 7.1: Results from ethanol gasification over 1 wt % Ru/TiO2.

avg. cat. temp.
°C

ΔTa

°C

a. temperature difference within catalyst bed between cold spot (entrance) and hot spot (exit).

t on stream
hrs

WHSV
hr—1

Vgas
L/gEtOH

CH4
vol %

H2
vol %

CO2
vol %

CO
vol %

455 — 440 73 26 35.1 1.09 65 13 22 1

345 15 24 35.2 0.11 66 19 9 4

400 24 23 18.5 0.58 60 20 17 4

YCH4
gCH4

/gwood
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The WHSV was quite large, 35.1 hr—1 and 35.2 hr—1 for 455 °C and
345 °C, respectively, and 18.5 hr—1 for 400 °C (see Table 7.1 for details).
Again, at the first part of the catalytic bed (entrance), the fluid was sig-
nificantly cooler than in the last section of the bed (exit), indicating the
location of predominating endothermic reactions followed by exothermic
reactions, as can be seen in Figure 7.6.

Figure 7.6: Temperature profile along the reactor with 1 wt % Ru/TiO2 as
catalyst. The catalyst was located between 3 and 11 cm. Fluid flow
is from left to right.

The temperature difference ΔT between the coolest part (entrance) and
the hottest part (exit) was 73 °C at the average catalyst temperature of
455 °C, due to the large WHSV chosen. Over time, ΔT became less pro-
nounced, and the hotspot shifted towards the end of the catalytic bed,
which indicates a decrease in activity which moves like a front, probably
due to a seasoning to the hydrothermal environment. However, it does
not seem like sintering, as was the case with skeletal nickel catalysts. An
explanation could be that the TiO2 rearranged in presence of hydrogen
and formed layers that partially covered the ruthenium crystallites, lead-
ing to a decreased activity4. A steady state in temperature was attained
only after some time. The average catalyst temperature decreased from
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456 °C (at time on stream = 1 hr) to 442 °C (at time on on stream =
19 hrs).
As expected, more gas was formed over time and higher carbon conver-
sions were achieved at higher temperatures. The accumulated gas volume
vs. time on stream is depicted in Figure 7.7.

Figure 7.7: Accumulated product gas volume over 70 hrs of ethanol gasification
over 1 wt % Ru/TiO2. P = 30 MPa, ethanol feed conc. = 30 wt %.

There was a problem with the gas/liquid separator after 4 hours, which
was only detected the next morning after 17 hours time on stream, lead-
ing to a gap in the graph. Although hydrogen is thermodynamically
favored at higher temperatures (leading to an increase in the total num-
ber of moles of gas), the concentration in hydrogen was lower at 450 °C
than at 400 °C, depicted in Table 7.1. An explanation for this could be
that the catalyst deactivated gradually and the methanation reaction was
suppressed. The deactivation is also indicated by the decreasing carbon
conversion over time: during the experiment, samples of the residual
liquid phase were collected and analyzed in terms of their carbon content,

4. The catalyst manufacturer recommended to reduce the catalyst only at temperatures below 150 °C,
and stated that such a rearrangement might take place in presence of hydrogen at temperatures
exceeding 300 °C (not in the hydrothermal environment).
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see Table 7.2 (sampling times are depicted in Figure 7.7). However, as the
activity of the catalyst depended largely on the temperature, a decrease
of 15 °C (i.e. from sample 1 to sample 2 and 3) can significantly lower the
carbon conversion. The decreased temperature itself, however, can only
be explained by a reduced methanation activity, which in turn produced
less heat of reaction (methanation is exothermic).

No post-reactionem analyses of the catalyst were conducted, as this
experiment was carried out before the infrastructure for such an analysis
was available. According to thermodynamics, the lowest possible tempera-
ture is best for the production of SNG, as the methane-to-hydrogen pro-
duct gas ratio decreases with increasing temperature. However, the
reactivity decreases with decreasing temperature, and in addition, solid
carbon formation might occur at low temperatures. Thus, an intermediate
temperature around 400 °C represents a good trade-off. At these condi-
tions around 400 °C, the activity of 1 wt % Ru/TiO2 was too small to
yield full conversion of ethanol. Either the flow rate (WHSV) has to be
decreased, or the loading in noble metal has to be increased to get full
conversion at these desired conditions. Elliott and co-workers for instance
used a higher ruthenium loading of 3 wt % on rutile—TiO2 when gasifying
an aqueous phenol solution (conc. 10 wt %) at 350 °C and 21 MPa in a
microscale tubular fixed bed reactor during 19 weeks (Vreactor = 39.8 mL,
LHSV = 1.47 hr—1, corresponding to a mass flow rate of 58.5 g hr—1, or a
WHSV5 of 0.1 hr—1) [176]. They attained a carbon conversion of 99.99 %,
however their WHSV was 180 — 360 times lower.

Table 7.2: Carbon content in the residual liquid phase of ethanol gasification
over 1 wt % Ru/TiO2.

sample
no.

T
°C

DOCaq.
g/L

XC
%

sample
no.

T
°C

DOCaq.
g/L

XC
%

sample
no.

T
°C

DOCaq.
g/L

XC
%

1 455 3.5 97.8 4 345 123.7 20.7 6 405 75.0 51.9

2 440 15.5 90.1 5 345 125.9 19.3 7 400 89.7 42.5

3 440 15.4 90.1 8 400 86.7 44.4
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The low dispersion of the catalyst used here (fresh, before reaction), mea-
sured with the oxygen chemisorption method outlined in section 4.8 on
page 75, is a likely cause for the rather low activity at temperatures below
450 °C (and especially when real biomass, such as wood slurries, was used
in batch reactor experiments). The chemisorption results are presented in
Table 7.3, together with a summary of the physical properties of this
catalyst. Possibly, a minimum active metal loading is necessary to gasify
biomass at high feed concentrations and WHSV (the residence time τ
inside the reactor was < 1 min, thus much lower than in Elliott’s case) or
a minimum of active sites surface area As is needed, which itself is cou-
pled to the metal loading and the dispersion D. Thus, another way to
improve the results would be to change the catalyst’s support (for a
higher dispersion and better accessibility of reactants, etc.), which was
tried next.

7.1.5 Gasification of Synthetic Liquefied Wood over 2 wt % Ru/C

Guided by the previous experiments, an alternative support, possibly
with better stability and better catalyst performance for real feeds, had

5. Assuming the reactor was completely filled with Ru/TiO2 with a bulk density of 1420 kg/m3 as

reported in Table 7.3, yielding mcat. = 56.5 g.

Table 7.3: Physical properties of the 1 wt % Ru/TiO2 catalyst (Degussa).

property (meas.) value property (calc.) value

dispersion Da 0.25 solid density 2323 kg/m3

Sa 135 m2/gRu skeletal densityb 4339 kg/m3

As
a 1.35 m2/gcat. bulk density 1420 kg/m3

avg. crystallite size la 3.6 nm avg. particle diameter 185 μm

SBET 9.44 m2/gcat. bed porosity ε 0.39

a. measured by oxygen chemisorption at room temperature.
b. calculated from tabulated literature values ( ).wRu ρs, Ru wTiO2

ρs, TiO2
⋅+⋅
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to be found. The most promising ruthenium system tested in batch expe-
riments with wood as feedstock was 2 wt % Ru/C (Engelhard). The
results of its oxygen chemisorption and BET analysis are presented in
Table 7.4. The ruthenium dispersion D found by the O2-chemisorption
method was >95 %, with an average Ru crystallite size l of ~0.9 nm, cor-
responding nicely to the findings by HAADF-STEM, shown later
(page 187). The BET surface area was 890 m2/g, with a macro- and
mesopore area of 170 m2/g (i.e. 80 % of the surface lies within the
micropores), measured by nitrogen adsorption. The specific Ru surface
area As, determined by the proposed oxygen chemisorption method, was
11 m2/gcat. (thus roughly 10 times as large as in 1 wt % Ru/TiO2 tested
in section 7.1.4). The average pore size (by BET) was very small, only
1.9 nm.

For the tests, a wider reactor tube was used (12 mm i.d. instead of 5.2
mm i.d.), and no temperature information was available along the first
30 mm of the bed, as the thermowell did not reach the entry of the reac-
tor tube. Synthetic liquefied wood at a concentration of 20 wt % was used
as feed. The experiment was divided into two phases:

In a first phase, the plant was run for 120 hrs at a comparably small
WHSV of 1.56 hr—1. The average temperature in the catalytic bed was

Table 7.4: Physical properties of the 2 wt % Ru/C catalyst (Engelhard).

property value property value

dispersion Da

a. measured by oxygen chemisorption at room temperature.

>0.95 SBET
b

b. measured by nitrogen adsorption at —195.8 °C.

890 m2/gcat.

total metal surface Sa 550 m2/gRu avg. pore sizeb 1.9 nm

specific metal surface As
a 11.0 m2/gcat. micropore areab 80 %

avg. crystallite size la 0.9 nm bulk density (dry)c

c. calc. based on tapped bulk density (0.45 g/cm3) and water content (42 %, measured).

260 kg/m3
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around 400 °C (entrance ~380 °C, outlet 410 °C). The temperature when
feeding pure water varied from 395 °C to 405 °C. The gas production over
time was constant in terms of volumetric flow (1.06 L/gorg.), and in terms
of composition, near the chemical equilibrium composition (54 vol %
CH4, 42 vol % CO2, 4 vol % H2, <0.1 vol % CO, no higher hydrocar-
bons). The CO2 fraction in the gas was thus slightly lower than predicted
by equilibrium calculations. Possibly, this was not exclusively due to dis-
solved CO2 in the aqueous phase (usually ~200 mgC/L, measured with
DC-190, corresponding to 16.7 mmol CO2 per L, in contrast to ~5.2 mol
CO2 in the gas phase per L effluent produced). The methane yield was
0.36 /gSLW, thus 10 % above the expected thermodynamic equilib-
rium yield of 0.33 /gSLW. One possible explanation is that the gas
was not in the equilibrium state; more likely, however, there was a sys-
tematic measurement error in the GC when measuring methane for this
run, as the next campaign showed more sensible concentrations, see
below. Nevertheless, no signs of catalyst deactivation were detected.

After the successful completion of this 120 hrs run, where no catalyst
deactivation was detected, a second phase of 100 hrs was started without
changing the catalyst, to study the effect of variations in the WHSV and
the temperature. The gas composition and applied WHSV vs. time on
stream is shown in Figure 7.8, and the gas production over time is
depicted in Figure 7.9 and Table 7.5 (for various WHSVs and for identical
WHSVs overnight). A mixture of ~50 vol % CH4, 2 — 3 vol % H2, and 47
— 48 vol % CO2 was formed. CO was always below 0.1 vol %, and no
higher hydrocarbons were detected, except during start-up of the rig
when ~1 vol % C2H6 was measured. The composition corresponded to the
chemical equilibrium composition. Increasing the WHSV from 1.56 hr—1

to 4 hr—1 did not change the gas composition. At WHSV above ~7 hr—1, a
slight decrease in the methane concentration was observed, but even at
WHSV equal to 22 hr—1, the methane concentration was still 47 — 48
vol %.

gCH4
gCH4
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Figure 7.8: The dry product gas composition of SLW gasification over Ru/C
(above) was nearly independent of the WHSV applied (below), up to
22 hr—1. At runtime 193 hrs, the temperature was increased from
400 °C to 450 °C and then to 500 °C. Pressure = 30 MPa. CO was
always < 0.1 vol %.
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Figure 7.9: The gas production from SLW over Ru/C was strictly linear in time
and WHSV, indicating no signs of catalyst deactivation. Left: gas
production at various space velocities. Right: Overnight runs with
reproducible gas production.

Table 7.5: Hourly and specific gas volume produced from synthetic liquefied
wood gasification over Ru/C at various WHSV (right side: overnight
runs).

WHSV
hr—1

dV/dt
L/hr

Vgas, spec.
L/gSLW night

WHSV
hr—1

dV/dt
L/hr

Vgas, spec.
L/gSLW

3.16 29.47 1.02 1 1.59 14.73 1.01

4.08 38.68 1.03 2 1.58 14.58 1.01

5.06 48.10 1.04 3 1.57 14.72 1.02

6.68 63.78 1.04 4 4.41 40.24 0.99

7.49 70.81 1.03

9.64 91.79 1.04

12.99 124.10 1.04

15.22 146.28 1.05
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Increasing the temperature to 500 °C produced a gas consisting of 45 — 46
vol % CH4, 7 — 8 vol % H2, and 47 vol % CO2, again in accordance with
the calculated equilibrium values. Switching back to 400 °C at a WHSV
equal to 4 hr—1 produced the same gas composition as before. At all these
operating conditions, the carbon conversion in terms of dissolved organic
carbon was > 99.9 %. In order to obtain a gas composition indicative for
incomplete conversion, the WHSV was increased drastically to 28 — 33
hr—1 at 400 °C. Since for reaching these high space velocities, the water
flow rate could not be increased to the same proportion as the organic
flow rate, the concentration in organics was 30 wt %, and 35 wt %,
respectively during this period. Only at these conditions did the carbon
conversion decrease to 99.2 %, and 98.5 %, respectively. Interestingly, the
gas composition remained almost unaffected. This might be an effect of
the higher concentration counter-balancing the shorter residence time, or
the methanation reactions are much faster than the gasification to pri-
mary gaseous products. Overnight, the rig was run without changing the
WHSV (3 nights at ~1.58 hr—1).

Figure 7.10:HAADF-STEM images of both fresh (A) and 220 hrs hydrothermally
used (B) 2 wt % Ru/C catalyst. Some sintering was detected, with
particle growth from 0.7 — 1 nm to 2 — 3 nm.

Comparison of HAADF-STEM images of both fresh and 220 hrs hydro-
thermally used catalyst showed some weak sintering effects, see
Figure 7.10. The particles grew from 0.7 — 1 nm at a uniform, nearly
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monodisperse distribution to 2 — 3 nm. As no ruthenium was detected in
the reactor’s effluent phase by means of ICP, all Ru must have remained
on the catalyst and formed less finely distributed crystallites. Assuming
that by scanning transmission electron microscopy, their projection area
is seen, a growth in detected size (the diagonal of a side surface of the Ru
cubes) by the factor 2.5 represents a volumetric growth by the factor 15.6.
Thus more than 15 times fewer crystallites should be seen on an image of
the same size. This criterion is fulfilled for the tested catalyst, again cor-
roborating the hypothesis of no ruthenium leaching. According to the
manufacturer, the sintering phenomenon in a less harsh aqueous environ-
ment is known to stop at a certain level, which barely affects the catalytic
performance in that particular application, which seems also to be true
for the hydrothermal gasification of synthetic liquefied wood.

Figure 7.11:XRD scans of fresh (below) and 220 hrs hydrothermally used (above)
2 wt % Ru/C catalyst. Two non-identifiable sharp peaks of low
intensity arose.

XRD measurements showed no distinct (broad) peaks, as the concentra-
tion of metal was low (2 wt %), and the average crystallite size had to be
very small (e.g. < 4 nm), being another indication that no severe sinter-
ing took place, see Figure 7.11. There were two additional, sharp peaks
present in the diffractogram of the used catalyst, but the signal intensity
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was small, and no known compound could be attributed to the peaks
(corrosion products neither).

The surface of the catalyst was analyzed by XPS. The results are pre-
sented in Table 7.6. As for all XPS results, the fraction of specific atoms
identified are scaled to 100 % of all atoms found, a 1:1 comparison
between samples is not straightforward. Some corrosion products were
detected on the used catalyst, mainly iron and nickel. The sulfur 2p band
corresponded to the signal of sulfate. Sulfate was present as a contami-
nant in the synthetic liquefied wood, originating from formic acid, where
up to 5 ppm SO4

2— and up to 10 ppm SO3
2— were present. If one considers

iron to be in the form of Fe2O3 and nickel both in NiO and Ni2O3 (1:1
proportion assumed), 14.8 atom % of the oxygen stem from sulfate, iron
and nickel oxide. Subtracting the contribution of these substances leaves a

Table 7.6: XPS analysis of fresh and 220 hrs hydrothermally used catalyst.
Some traces of Na were detected as well.

atom 220 hrs used, 
scaleda

atom %

a. to have the same basis for comparison, the results were scaled to the atomic sum of elements
present in the fresh sample (98.2 atom %).

O in oxides

atom %

w/o oxides

atom %

without 
oxides, scaleda

atom %

fresh

atom %

C1s 43.8 0.0 43.8 73.4 77.8

O1s 38.6 0.0 12.7 21.3 18.6

Ru3p3/2 0.8 1.7b

b. not accounted for in subtracting corrosion oxides as RuO2 is also present in the fresh sample.

0.8 1.4 1.1

Fe2p3/2 4.8 7.3 — — —

Ni2p3/2 6.1 7.6 — — —

Cl2p 1.3 0.0 1.3 2.1 0.7

S2p 0.3 1.3 — — —

P2p 2.4 9.7 — — —

sum 98.2 58.6 98.2 98.2
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"corrected" amount of ruthenium, allowing for better comparison between
fresh and used catalyst. Considering measurement errors and errors by
random selection of catalyst grains, the amount of ruthenium before and
after hydrothermal usage is identical, again indicating no leaching. The
corrosion products were also visualized with SEM, see Figure 7.12.

Figure 7.12:Scanning Electron Microscopy images of fresh 2 wt % Ru/C catalyst
(above) and 220 hrs hydrothermally used catalyst (below). The used
catalyst was covered with chunks and needles containing P, N, and
corrosion products such as Fe, Ni, Cr.

The SEM images revealed some severe deposition of corrosion products,
possibly from the superheater, the mixing cross, and the reactor walls.
While the fresh catalyst (Figure 7.12 above) was rather free of impurities,
the catalyst after 220 hrs of hydrothermal gasification (Figure 7.12 below)
was covered with blocks and needles of different sizes, ranging from 1 to
50 — 100 micrometers. They consisted of Fe, Ni, P, and N. Na, Mg, and

200 μm

50 μm

20 μm

500 μm
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Cr were found in traces (< 2 atom % without C, analyzed by EDXS. In
order to calculate the percentages, carbon was disregarded, as the support
consisted of carbon, and the samples had to be treated with a carbon
spray). It is suspected that the feed water was not pure (the ion
exchanger that was used to purify the desalinated water was due to be
replaced by that time) and contained some phosphate and nitrate, which
co-precipitated with corrosion products such as Fe2O3 or NiO/Ni2O3,
deposited on the outer shell of the catalyst. It should be noted that the
catalyst was still active at the time of sampling. Due to the presence of
these corrosion products, the oxygen chemisorption method could not be
applied to measure the dispersion of the used catalyst, as the corrosion
products would be oxidized and reduced as well. A remedy could be to
wash the corrosion products from the samples with acidic solutions prior
to the oxygen chemisorption. However, by crystallite growth in the hydro-
thermal environment from l = 1 nm to l = 3 nm, as observed by STEM,
the resulting dispersion D can be calculated: it is reduced from near 1.0
to 0.33, according to equation (4.10) and (4.11) presented in section 4.8.
All observations indicate that 2 wt % Ru/C (Engelhard) is a very suit-
able and stable catalyst for the hydrothermal gasification of organics at
high feed concentrations, which is an important milestone, as much effort
has been directed towards finding a stable catalyst by many researchers
[66-69, 79, 176], most of which operated at much lower organic feed con-
centrations, run times or space velocities. Applying low concentrations
(e.g. 4 wt %) and low space velocities (liquid hourly space velocity LHSV
= 1.7 hr—1) as for example Elliott and co-workers [176], the amount of
SLW fed during this 220 hrs run corresponds to a time on stream of over
2500 hrs.
The results gained from the gasification of synthetic liquefied wood con-
tradict the findings of Osada et al. who stated that their Ru/C catalyst
(5 wt % Ru, D = 51 % (fresh), Wako Pure Chemical Industries, Ltd.)
showed a decrease in gasification performance in two subsequent lignin
gasification experiments (conc. 3.2 wt %) in a stainless steel batch reac-
tor, where the catalyst was re-used (  = 37.1 MPa, T = 400 °C)
[183]. They did not suggest a deactivation mechanism, but it is conceiv-

pH2O



192 Chapter 7: Catalyst Testing and Characterization
able that the sulfur species within the lignin have poisoned the catalyst.
During the 220 hrs on stream of our long-term experiment presented here,
a total of 5005 g synthetic liquefied wood was successfully gasified over
9.183 g of catalyst (dry), thus the ratio of organics to catalyst was
morg./mcat. = 545, or morg./mRu = 27'250, with no signs of deactivation.
Thus, 2 wt % Ru/C (Engelhard) appears to be superior to other Ru/C
catalysts, confirming the trend that had already emerged from the batch
reactor catalyst screening experiments presented in section 6.3.2.

7.1.6 Blank Test Gasification of Synthetic Liquefied Wood over α-Al2O3

To assess the carbon conversion and decomposition of synthetic liquefied
wood (conc. 10 wt %) in a non-catalytic6 experiment at 400 °C and
30 MPa, the tubular reactor was filled with α-Al2O3 beads only (1 mm
diameter, 99.8 % metal basis, Alfa Aesar). The phenol fraction in the
SLW was replaced by anisole (to avoid excessive exposure to phenol
vapors), which then made 31 wt % of the synthetic liquefied wood. The
flow rates corresponded to a WHSV from previous experiments of 27.2
hr—1 for 1.5 hrs on stream, and 7.1 hr—1 for 2.3 hrs on stream. As there
was no catalyst present, the numbers represented a pseudo space velocity,
meaning the fluid spent the same amount of time in the reactor as during
the corresponding catalytic experiments (equal fluid residence time τ).
The product gas composition was similar for both space velocities: 39
vol % CO2, with less than 0.2 vol % CH4 and C2H6. The hydrogen con-
tent at the higher WHSV was higher, while the opposite was the case for
carbon monoxide, see Table 7.7.
This could indicate that for higher space velocities, the reverse water gas
shift reaction becomes less pronounced, or just slightly less feed was
gasified to the primary product carbon monoxide, resulting in a lower CO
concentration. However, the carbon conversion was in both cases ~27 %,
invalidating the above option. The aqueous product effluent from the

6. The stainless steel reactor walls and the bed filling material α-Al2O3 might exhibit some catalytic

activity, despite the term “non-catalytic”.
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plant at this low carbon conversion was a two-phase mixture and needed
to be largely diluted for analysis (anisole is very poorly miscible with
water). HPLC analysis showed that there was no formic acid present in
the effluent anymore, thus 20 % of the carbon conversion originated from
formic acid gasification7, while the other 7 % mostly stemmed from etha-
nol and anisole gasification. About 0.3 % (at WHSV = 27 hr—1), or 0.9 %
(at WHSV = 7 hr—1) of the anisole molecules were hydrolyzed to phenol.
Acetic acid, however, was measured at nearly the feed concentration. For
a completely deactivated catalyst, the above effluent and gas phase com-
positions at the outlet of the test rig would be expected, as they were
received with only the bed-filling material α-Al2O3.
The formic acid in the feed can either decarbonylate/dehydrate to CO
and water (7.1), as already outlined in section 2.2.7, and then shift with
water to CO2 and H2, or it can decarboxylate to form CO2 and H2, which
can then form CO and water via the reverse water gas shift reaction (7.2):

HCOOH  CO + H2O  CO2 + H2 (7.1)

HCOOH  CO2 + H2  CO + H2O (7.2)

Which way is more pronounced depends mostly on the temperature and
the pH of the reaction medium [108, 184]. Based on this background, the
carbon monoxide in the gas phase would not only be a primary product
gas out of the synthetic liquefied wood, but also a secondary one via the

Table 7.7: Carbon conversion XC and product gas composition of “non-catalytic”
gasification of SLW. Only α-Al2O3 was present in the reactor.

WHSV
hr—1

XC
%

CO2
vol %

CH4
vol %

C2H6
vol %

H2
vol %

CO
vol %

27.2 26.9 39 < 0.2 < 0.2 41 20

7.1 27.2 39 < 0.2 < 0.2 38 23

7. Formic acid represents 20 wt % of the SLW’s carbon content, refer to Table 5.4 on page 86.

WGSR

rWGSR
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reverse water-gas shift reaction (rWGS) from CO2 and H2 formed. If one
assumes 100 % conversion for the decomposition of HCOOH, which is
reasonable as no formic acid was detected in the outlet phase, then the
gas phase would be composed of 100 vol % CO for case (7.1), or 50 vol %
CO2 and 50 vol % H2 for case (7.2). In order to end up with a gas phase
composition as obtained in the experiments (roughly 40 vol % CO2, 40
vol % H2, and 20 vol % CO), the subsequent WGSR in case (7.1) would
have to be carried out at 67 % conversion, but the subsequent rWGSR in
case (7.2) at only 33 % conversion. At the higher WHSV of 27 hr—1, the
CO content of the product gas phase was lower. It is reasonable that for
higher WHSVs, the conversion will be lower. Yet, more data at even
higher space velocities would be needed to corroborate this hypothesis, as
the difference in CO concentration was rather low (23 vol % vs. 20 vol %)
for the two WHSVs. The experimental evidence would support pathway
(7.2), but as the chemical equilibrium composition includes no CO, but
only H2 and CO2, there is no driving force for mechanism (7.2b), as the
primary products from (7.2a) are already CO2 and H2. Thus, the CO
must mostly stem from decarbonylation of HCOOH, and not via a reverse
water gas shift reaction. The two options are also depicted in Figure 7.13.

Figure 7.13:Possible reaction schemes of formic acid degradation to yield a
product gas composition as obtained in the experiments.

HCOOH CO + H2O(7.1a)

(7.1b) CO + H2O

X = 100 %

X = 67 %
CO2 + H2

HCOOH(7.2a)

(7.2b) CO + H2O

X = 100 %

X = 33 %

 50 vol % CO2

 50 vol % H2

gas phase

 20 vol % CO
 40 vol % CO2

 40 vol % H2

CO2 + H2

CO2 + H2

100 vol % CO

gas phase

 20 vol % CO
 40 vol % CO2

 40 vol % H2
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However, these considerations are not consistent with the theory pre-
sented in section 2.2.7, where it was outlined that the decarboxylation is
the dominating pathway of formic acid decomposition in supercritical
water.

7.1.7 Conclusions of the Long-Term Stability and Activity Experiments 
with Various Catalysts

• Skeletal nickel catalysts are not suitable for the hydrothermal gasifi-
cation of biomass. They exhibit high initial activity but sinter
rapidly, accompanied by loss of metal surface area. Stabilization by
doping of other metals such as Ru, (or Fe, Mo or Cu as investigated
in batch reactor experiments) was not successful.

• Ru/TiO2 can be a suitable catalyst in supercritical water, if it pro-
vides a sufficient active metal surface area. Generally, the dispersion
of Ru/TiO2 is lower than the one of Ru/C, and hence a higher metal
loading is needed to achieve the same surface area of active metal,
which negatively affects the overall price of the catalyst system.
Moreover, catalysts with higher metal loadings are usually less dis-
persed, so that the required increase of metal loading is dispropor-
tionate.

• 2 wt % Ru/C (Engelhard) was long-term active (220 hrs) in the
hydrothermal environment, for both gasification and methanation at
400 °C and 30 MPa, at high feed concentrations (20 wt %) and with
space velocities as large as 20 hr—1. The product gas corresponded to
the thermodynamic equilibrium composition (50 vol % CH4, 2 — 3
vol % H2, 47 — 48 vol % CO2, < 0.1 vol % CO).

• “Non catalytic” gasification of SLW in the test rig used for the long-
term experiments described in this thesis yielded around 27 % of car-
bon conversion, with a product gas composition of ~40 vol % CO2,
~40 vol % H2, and ~20 vol % CO.
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7.2 Methodology for Testing the Sodium Sulfate 
Tolerance of the 2 wt % Ru/C Catalyst

Real waste biomass streams contain inorganics such as metal oxides and
salts. As their solubility in water decreases sharply around the critical
point, most of them should precipitate and be separated in a device where
the fluid is quickly brought to the supercritical state (i.e. in a salt separa-
tor). Although such a stage could substantially reduce the salt load, there
will always remain a residual salt concentration entering the reactor, cor-
responding to the solubility at the pressure and temperature of the salt
separator. It is important to understand the possible interaction of dis-
solved salts with the catalyst. Separation studies with sodium sulfate
have been carried out previously (in phase equilibria studies [182, 185],
and recently with neutron radiography, carried out at the Paul Scherrer
Institute [30]). Hence, sodium sulfate was chosen as the model substance,
added to the synthetic liquefied wood, for the salt tolerance experiments
described in this section. In addition, sulfate is contained to ~1.1 wt % in
the dry matter of swine manure solids, and it is also present in many
other types of biomass.
The concentration of Na2SO4 was chosen so that it was presumably below
the maximum solubility at conditions within the reactor. All concentra-
tions (in mgNa2SO4/kgmixture, or ppm) refer to the mixed fluid phase that
entered the reactor, thus after the mixing of the cold model biomass
stream with the hot water stream in the cross of the test rig above the
tubular reactor. The solubility of sodium sulfate in complex mixtures
such as synthetic liquefied wood is not known. Only data at slightly lower
pressure (25 MPa) in pure water are presented in the literature for typical
reaction temperatures around 400 °C [182, 185-187]. The solubility is
exponentially dependent on temperature. Lower concentrations than
those reported on the solubility curve were chosen: typically 8 — 16 ppm
at 400 °C, and up to 40 ppm below 360 °C (the solubility at 25 MPa and
400 °C is reported to be ~200 ppm, and at 25 MPa and 360 °C to be ~3
wt %).
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7.2.1 Gasification of Synthetic Liquefied Wood with Increasing Sodium 
Sulfate Content

After the successful gasification experiments with 2 wt % Ru/C, sodium
sulfate (Merck, p.a., water free) was added to the synthetic liquefied
wood, and 23 gasification experiments were carried out (most of them
with SLW, some with ethanol or water and sulfate only). A list of these
experiments is presented in Table 7.8 on page 198f, where the process
conditions and some results are presented. Initial clarifications revealed
catalyst deactivation due to the addition of sulfate (exp. no. 1 — 5). Sub-
sequent experiments (no. 6 — 23) served to identify the mechanism of this
deactivation. Details to the individual runs are presented in the following
paragraphs.
Experiments no. 1 — 5 were carried out with a fixed WHSV of 4 hr—1.
9.2 g of catalyst (dry) were present in the reactor. After the initial gasifi-
cation of sulfate-free synthetic liquefied wood (conc. 10 wt %; 125 g SLW
fed within 3.2 hrs, exp. no. 1), sodium sulfate was added to yield a con-
centration of 4 /kgmixture, later referred to as ppm, at the
entrance of the reactor, after mixing with the water phase. To prevent the
sulfate fed with the cold SLW from precipitating in the mixing cross upon
contact with supercritical water (the local concentration before mixing
could exceed the solubility), the water phase was preheated to only
360 °C. The fluid was then heated to 400 °C within the first 11 cm of the
catalytic bed, after which the temperature was kept constant. The solu-
tion was fed for 2.1 hrs, with no identifiable effect (~100 % carbon conver-
sion, exp. no. 2). Overnight, the rig was flushed with cold water. The next
experiment (no. 3) was carried out at 8 ppm for 2.5 hrs, followed by
16 ppm for 2.9 hrs (exp. no. 4). The rig was then again flushed with cold
water overnight. After an additional 5.5 hrs at 16 ppm (exp. no. 5), the
carbon conversion decreased from 100 % to 98 %, with a distinct odor of
unconverted feed in the effluent.

mgNa2SO4
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Table 7.8: Experimental conditions of the 23 experiments carried out to identify the mechanism of deactivation for 2 wt %

Tcat.
°C

XC at end
%

0.00 400 99.9

0.01 400 99.9

0.03 400 99.8

0.07 400 99.5

0.13 400 98

0.24 400 98

0 400 99.4

0.83 400 ~45

0 400 ~50

0.00 350 — 400 99.3

0.44 355 ~40

0.00 396 80

n
SO4

2—

nRu
--------------
Ru/C, grouped into 4 campaigns.

exp. no. feed conc.
wt %

runtime
hrs

morg.
g

WHSV
hr—1

Na2SO4
ppm mmol

details: catalyst bed pos.: 0 — 18 cm | mcat., dry: 9.18 g | nRu: 1.82 mmol

1 SLW 10 3.2 125 4.3 0 0.00 2747

2 SLW 10 2.1 78 4.0 4 0.02 1714

3 SLW 10 2.5 105 4.1 8 0.06 2307

4 SLW 10 2.9 106 4.0 16 0.12 2329

5 SLW 10 5.5 215 4.04 16 0.24 4724

1 - 5 SLW 10 16.2 629 4.0 — 4.3 0/4/8/16 0.44 13821

details: catalyst bed pos.: 17.5 — 22.5 cm | mcat., dry: 2.22 g | nRu: 0.44 mmol

6 SLW 10 — 20 50.1 841 7 — 27 0 0 76417

7 SLW 10 5.8 323 25 16 0.37 29349

8 SLW 10 7.5 316 7 — 27 0 0 28726

details: catalyst bed pos.: 17.5 — 22.5 cm | mcat., dry: 2.02 g | nRu: 0.40 mmol

9 SLW 26.5 497 30/15/10/7.5 0 0.00 49620

10 SLW 10 19.6 311 7.8 8 0.18 31053

11 SLW 10 7.5 115 7.6 0 0.00 11529

n
SO4

2— nC, fed
nRu

----------------
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0.39 354 ~25

0.00 399 30

0.29 355 31

0.00 396 32

1.12 350 - 400 32

2.71 200 N/A

0.00 400 99.8

1.93 290 N/A

0 400/290 99/55

1.63 290 ~5

0.00 400 ~90

1.83 320 3

0.00 400 ~20

3.46 290/320/400 ~20

Table 7.8: Experimental conditions of the 23 experiments carried out to identify the mechanism of deactivation for 2 wt %

Tcat.
°C

XC at end
%

n
SO4

2—

nRu
--------------
12 SLW 10 18.1 279 7.6 8 0.16 27871

13 SLW 10 8.6 136 7.9 0 0.00 13629

14 SLW 10 13.4 206 7.6 8 0.12 20573

15 SLW 10 7.1 111 7.7 0 0.00 11073

9 — 15 SLW 10 100.8 1656 7.5 — 30 0 / 8 0.45 165346

details: catalyst bed pos.: 16.5 — 20.0 cm | mcat., dry: 1.97 g | nRu: 0.39 mmol

16 H2O N/A 25.5 N/A N/A 40.1 1.05 N/A

17 SLW 10 3.9 62 8.1 0 0.00 6298

18 H2O N/A 18.2 N/A N/A 40.1 0.75 N/A

19 EtOH 10 5.1 69 6.9 0 0.00 7677

20 EtOH 10 16.0 225 7.2 40 0.64 25103

21 EtOH 10 6.1 86 7.1 0 0.00 9532

22 EtOH 10 17.9 252 7.1 40 0.71 28074

23 EtOH 10 5.1 71 7.0 0 0.00 7940

19 — 23 EtOH 10 50.2 703 6.9 — 7.2 0 / 40 1.35 78326

Ru/C, grouped into 4 campaigns.

exp. no. feed conc.
wt %

runtime
hrs

morg.
g

WHSV
hr—1

Na2SO4
ppm mmol

n
SO4

2— nC, fed
nRu

----------------
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The test rig was flushed with hot water and depressurized while still at
400 °C to evaporate the liquids and keep any salts on the catalyst. After
cool-down, the catalytic bed was carefully removed from the reactor, split
into an entrance and an exit fraction, and analyzed with XRD, XPS, ICP,
and HAADF-STEM. The findings did not differ significantly from the
results gained after 220 hrs of gasification described in section 7.1.5, when
no sulfate had been deliberately added to the feed. Thus, the sulfate feed-
ing had to be prolonged until a significant decrease in carbon conversion
would be detected (the sulfate-fed-to-ruthenium ratio of this campaign,
exp. no 1 — 5, was /nRu = 0.24).

7.2.2 Possible Catalyst Deactivation Mechanisms

These findings suggest a deactivating effect of the sodium sulfate on the
Ru/C catalyst. Some sodium is present in the carbon matrix of the fresh
catalyst (EDXS analysis revealed the amount to be roughly one third of
the amount of ruthenium, thus corresponding to ~0.5 — 1 wt %). Sodium
must be continuously extracted in the hydrothermal environment over
time, as in used samples its quantity had decreased by orders of magni-
tude (measured with XPS and EDXS). During this sodium leaching,
sodium must have been present in solution, and passed the vicinity of the
active ruthenium sites on its way out of the reactor, without affecting
macroscopic variables such as carbon conversion or gas composition.
Thus, the deactivating effect of the addition of sodium sulfate had to be
attributed to the anion sulfate, and not the sodium cation. This deactiva-
tion process could be governed by several mechanisms:

(i) regular usage and exposure to hydrothermal water that dis-

solves ruthenium and carries it out of the system,

(ii) possible dissolution with re-precipitation, accompanied by a
loss of dispersion and metal surface area over time,

(iii) precipitation of sodium sulfate which physically blocks the
active ruthenium sites, or

nSO4
2—
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(iv) chemical bonding of a sulfur species to the ruthenium sites
(sulfate as ligand is conceivable as well as a preceding reduc-
tion of sulfate to sulfide, which then acts as a ligand for the
ruthenium sites; both possibilities will be discussed in
section 7.2.6).

These four possible deactivation mechanisms are visualized in
Figure 7.14. The following experiments were carried out to identify the
governing mechanism.

Figure 7.14:Four possible catalyst deactivation mechanisms: (i) dissolution of
ruthenium and carry-out of the system, (ii) sintering of the
crystallites and loss of active metal surface area, (iii) precipitation of
sodium sulfate leading to physical blockage of the active sites, or (iv)
irreversible chemical bonding of sulfate to RuIII (or sulfide to RuII),
masking the active sites.

7.2.3 Identification of the Governing Deactivation Mechanism — 
Hypothesis of Deactivation due to Ru Leaching (i)

To verify that the deactivation was not due to regular usage leading to
Ru leaching (i), the reactor was filled with fresh catalyst (amount ~4
times less) and experiment no. 6 was carried out. A total of 76'400 moles
of carbon per mole of ruthenium were gasified within 50 hours, with com-
plete feed conversion and the gas phase corresponding to the chemical
equilibrium composition. In the previous 220 hrs stability experiment
(section 7.1.5), a total of 109'900 moles of carbon per mole of ruthenium
were completely gasified. Therefore, if deactivation takes place in the fol-

(iii) (iv)

(i) (ii)
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lowing experiment no. 7 (which it did indeed), the deactivation effect has
to be attributed to an interaction with sulfate, and option (i) can be ruled
out, as the catalyst should be capable of gasifying at least an additional
33'000 moles of carbon. Furthermore, no Ru was detected by ICP in the
effluent phase, which also speaks against hypothesis (i).

7.2.4 Hypothesis of Deactivation due to Loss of Active Metal Surface 
Area (ii)

Thus, without changing the catalyst, experiment no. 7 was carried out:
By adding sodium sulfate in a concentration of 16 ppm at the reactor
entrance, the catalytic performance at 400 °C decreased steadily within
only 6 hrs towards a carbon conversion of 50 %. Total exposure to hydro-
thermal water was 56 hrs until deactivation, 4 times less than in the 220
hrs stability experiment. STEM images of the catalyst differed not from
the images of the catalyst after 220 hrs of gasification without sulfate.
Mild sintering did occur during exposure to hydrothermal water, as was
depicted in Figure 7.10 on page 187, but no additional loss of surface area
was detected due to the co-feeding of sulfate, and option (ii) was dis-
proved.

7.2.5 Hypothesis of Deactivation due to Physical Blockage by 
Precipitated Sodium Sulfate (iii)

The plant was flushed overnight (17 hrs) with cold water. In case sodium
sulfate had precipitated and masked the ruthenium crystallites, these pre-
cipitates should have been re-dissolved and carried out of the system dur-
ing this flushing procedure applied between experiment no. 7 and 8. The
subsequent gasification experiment (no. 8, 400 °C, SLW fed, no sulfate
added) showed no increase in catalytic performance, but no further
decrease either. The product gas composition of these two experiments is
depicted in Figure 7.15. After three hours on stream, the methane con-
centration started to drop, and decreased steadily towards 20 vol % after
six hours, when the SLW/sulfate feeding was switched off, and pure water
was fed to the plant (at the end of exp. no. 7).
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The methane concentration decreased even further in experiment no. 8,
from 20 to 15 vol %, accompanied by an increase of the hydrogen concen-
tration, which indicates reduced methanation activity. The CO concentra-
tion did not reach the level of the blank test described in section 7.1.6 (20
vol %), thus some residual gasification and water gas shift activity
remained.

Figure 7.15:Product gas concentration of SLW gasification in experiments no. 7
and 8. The flushing procedure with water did not recover the
catalyst’s activity.

While the product gas composition changed over time, the carbon conver-
sion XC decreased to ~45 % during experiment no. 7, and stayed at this
level throughout experiment no. 8 at WHSV 27 hr—1. It only increased to
~50 % after reduction of the weight hourly space velocity to 7 hr—1. Also
the methane concentration increased by reducing the WHSV, and the
hydrogen concentration decreased, again indicating some residual cata-
lytic activity. The content of carbon monoxide in the gas, however, was



204 Chapter 7: Catalyst Testing and Characterization
not affected.
As the washing procedure with pure water between experiments no. 7 and
8 did not regenerate the catalyst, option (iii) — deactivation by physical
blockage due to salt precipitates — was unlikely: the precipitates should
have been re-dissolved and washed off the catalyst. However, if the
sodium sulfate precipitated inside the pores of the carbon support rather
than on the catalyst surface, the time required for re-dissolution might
exceed the flushing time applied (slow pore diffusion of cold water), and
further investigation was needed.
The campaign with experiments no. 9 — 15 was carried out to gain clearer
evidence to exclude option (iii) as the governing catalyst deactivation
mechanism. The aim was to operate the plant during these runs at condi-
tions where precipitation would certainly not occur, and check for a
decrease in activity. If the catalyst still deactivated, then precipitation
could not be the cause for it. However, since the exact solubility of
sodium sulfate in a complex biomass-water-mixture is not known, a safety
margin has to be applied to the concentration of sulfate and the tempera-
ture of the catalyst bed.
Precipitation is influenced by temperature and concentration, and can be
avoided by lowering both (in the temperature range of 300 — 400 °C, the
solubility of sulfate is decreasing with increasing temperature). Yet the
co-presence of organics influences the solubility, as was shown in a sulfate-
water-methanol system at ambient temperatures of 10 — 50 °C: the solu-
bility of sulfate in 20 wt % MeOH was reduced by a factor of 3 [188]. In
addition, the production of gas at the catalyst surface additionally lowers
the local solubility, and precipitation might still take place at these loca-
tions, whereas in pure water, the salts would still be dissolved. These con-
siderations again speak for a margin of safety, which should be added to
the solubility data of sodium sulfate in pure water that was taken from
the literature.
As the activity of the catalyst depends on temperature, a reference tem-
perature of 400 °C was chosen to identify the degree of deactivation in the
following experiments; a completely active catalyst is then expected to
yield full conversion. However, at 400 °C, precipitation of sodium sulfate
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can take place. To avoid this, the temperature was always lowered to
max. 355 °C before sodium sulfate was added to the feed. At this tempe-
rature, the solubility of Na2SO4 in pure water is about 5 wt % [182] (at
25 MPa, no data at higher pressures is available; however, at 30 MPa, the
solubility is possibly even higher due to the denser fluid phase). Even in a
complex biomass-water-mixture (biomass conc. 10 wt %) and with on-
going gas production, the sulfate (conc. 8 ppm, factor 6200 lower than
reported solubility in pure water) is expected to be completely dissolved
at these conditions. Thus, by lowering the temperature to 355 °C prior to
sulfate addition, precipitation can be prevented, and if deactivation takes
place, it cannot be attributed to option (iii). This approach was followed
in the next experiments (no. 9 — 15).
At first, the carbon conversion of synthetic liquefied wood at a tempera-
ture of 355 °C was assessed (in experiment no. 9), as it would certainly be
lower than at 400 °C. A plot of XC vs. time on stream is depicted in
Figure 7.16, covering experiments no. 9 — 15. At 400 °C, XC was 100 %,
as expected. By reducing the temperaure to 355 °C, it decreased from
80 % (initially) to ~60 % (overnight). The reason for the difference
between the conversion at the beginning and at the end of the period was
due to the slow response of the system; the first effluent samples were
taken shortly after the temperature reduction. In addition, the effluent at
incomplete conversion was a two phase mixture (anisole is hardly miscible
with water at ambient conditions), and the samples had to be strongly
diluted prior to analysis in DC-190. A scatter of 5 — 8 % in the data
points was observed. Exp. no. 9 showed that after a period at 355 °C, the
conversion settled back to 100 % when raising the temperature back to
400 °C (at around 22 hrs on stream, compare Figure 7.16).
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Figure 7.16:Catalyst deactivation with SLW (conc. 10 wt %) and sodium sulfate
(conc. 8 ppm at reactor entrance). Gasification yielded ~60 % carbon
conversion at 355 °C, and ~100 % at 400 °C (without sulfate). After
exp. no. 10, conversion at 400 °C was reduced to ~80 %, while after
exp. no. 12, conversion was near the value expected without catalyst
(~27 %), because of SO4

2—.

In the following experiments 10 — 15, feeding SLW with sulfate (always at
355 °C to avoid precipitation) and without sulfate (at 400 °C) was alter-
nated. During the sulfate feeding experiments no. 10, 12, and 14, the car-
bon conversion steadily decreased over time. After each experiment, the
feed was switched to sulfate free SLW, and after a holding time of 2 hrs,
the temperature was raised again to 400 °C (experiments no. 11, 13, and
15). By doing so, it was ensured that no more sulfate was present in the
fluid phase before the temperature increase. The conversion at 400 °C was
higher than at 355 °C (as expected), but only up to experiment no. 12.
There, the catalyst seemed to be fully deactivated (XC was reduced to 20
— 30 %). A carbon conversion around 27 % can be expected even with
only α-Al2O3 packed in the tubular reactor, without any Ru/C, as
described in section 7.1.6. Also, the composition of the gaseous product
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phase slowly progressed from the chemical equilibrium composition
towards the gas composition measured with an α-alumina packing only,
see Figure 7.17.

Figure 7.17:Catalyst deactivation by sulfate (conc. 8 ppm at reactor entrance)
during gasification of SLW. Above: the progressive deactivation is
seen by a shift of the product gas composition away from the
chemical equilibrium composition towards the primary products CO,
CO2, and H2. Below: molar sulfate-to-surface-ruthenium-ratio.

The molar sulfate-to-ruthenium-ratio after experiment no. 12 was 0.83.
Considering a reduction of the dispersion from 1.0 to 0.33 by seasoning to
the hydrothermal environment (as outlined on page 191), the molar ratio
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of sulfate fed to surface ruthenium, , was around 2 after
experiment no. 12, as can be seen in Figure 7.17. Hence, enough sulfate
was fed to irreversibly bind to all ruthenium surface sites, even at a stoi-
chiometry of Rusurface—(SO4

2—)2. The fluid properties at 355 °C and
30 MPa ensured that no precipitation of the salts could take place. Thus,
the deactivating effect of sodium sulfate was due to an irreversible inter-
action of sulfate with the catalyst (iv), and not due to physical blockage
of the sites by precipitates.

7.2.6 Hypothesis of Deactivation due to Chemical Interaction of Ru with 

a Sulfur Species (iv), i.e. SO4
2— or S2—

To study this deactivating effect in more detail, fresh catalyst was loaded
into the reactor, and experiments no. 16 to 23 were conducted. First, in
experiment no. 16, pure water with sodium sulfate (conc. 40 ppm at the
reactor's inlet) was fed at 200 °C catalyst bed temperature. The molar
ratio of sulfate-to-ruthenium of 2.71 surmounted the ratios of preceding
deactivation experiments. After this conditioning, SLW was gasified in
exp. no. 17 at 400 °C with nearly 100 % carbon conversion. The proce-
dure was repeated in exp. no. 18, where again water and sulfate were fed
at a higher temperature of 290 °C. The effluent's electrical conductivity
was measured (Schott pH-LF Handylab 12). The conductivity leveled off
at 84 μS/cm within 2.2 hrs after the response lag of the rig (see
Figure 7.18), corresponding to the level of the sulfate feed solution. After
having switched to feeding pure water, the conductivity dropped over a
similar period of time. If sulfate bonded to the catalyst, a lower conduc-
tivity would be expected until saturation, followed by an increase of the
conductivity to the level of the feed solution after saturation of the cata-
lyst.

nSO4
2—/nRusurface
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Figure 7.18:Measurement of the reactor effluent's electrical conductivity (after
the cooler, at 25 °C) of experiment no. 18, where Na2SO4 was fed
(conc. 40 ppm), and of the catalyst regeneration experiment with
H2O2 (conc. 1 wt %).

After this sulfate-in-water conditioning at 290 °C, ethanol was gasified in
experiments no. 20 — 23. The feed was changed to ethanol as the effluent
is then a one phase mixture even at low conversions (in contrast to aque-
ous solutions of anisole, a major component of SLW). To monitor the
progress of the deactivation, the temperature was, as in the previous cam-
paign, periodically increased to 400 °C (with no sulfate fed, experiments
no. 19, 21, and 23) where complete gasification is expected as long as the
catalyst is fully active.
After gasification of ethanol + sulfate at 290 °C (exp. no. 20), no severe
loss in catalytic activity was detected (XC in exp. no. 21 still > 90 %),
although 1.63 times more sulfate was fed than ruthenium present. In
experiment no. 23, however, the carbon conversion was significantly
reduced (XC around 20 %). The reason for this must be connected to the
temperature inside the reactor: from exp. no. 20 to 22, the temperature
was raised from 290 °C to 320 °C. It can be assumed that at 290 °C, bio-
mass gasification did not take place (XC after cool-down to 290 °C over-
night ~5 %), while at 320 °C, biomass conversion did indeed take place
until the catalyst deactivated. The difference in activity can be estimated



210 Chapter 7: Catalyst Testing and Characterization
from the initial level of conversion before complete cool-down of the reac-
tor (55 % at 290 °C vs. 65 % at 320 °C). This behavior is shown in
Figure 7.19.

Figure 7.19:Carbon conversion (above) and average catalyst bed temperature
(below) during experiments 19 — 23. After the first conditioning with
sulfate at 290 °C, the conversion at 400 °C was still near complete. In
contrast, catalyst deactivation took place after conditioning at
320 °C (exp. no. 22).

Biomass (here for simplicity CH2O) is assumed to be oxidized by reduc-
tion of Ru(IV) to Ru(II), as outlined in (7.3). Ru(II) is then re-oxidized
to Ru(IV) by reduction of water to hydrogen (7.4) [25]:

CH2O + Ru(IV)O2  Ru(II)O + CO + H2O (7.3)

Ru(II)O + H2O  Ru(IV)O2 + H2 (7.4)

As long as this postulated redox cycle is inactive (i.e. at low temperatures
or in the absence of biomass as reducing agent), sulfate has no deactivat-
ing effect on the Ru/C catalyst. Ru is then present as Ru(IV), and sulfate
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is not known to act as a ligand for Ru(IV). However, sulfate is known to
form stable compounds with Ru(III) [189], which is expected to exist as
an intermediate in the redox cycle. No evidence was found in the litera-
ture that Ru(II) does not form stable sulfate complexes such as RuSO4 as
well. Another possible route is the reduction of sulfate to sulfide (e.g.
catalyzed by the reactor’s steel walls and the hydrogen that is produced
by gasification, or reduced by the biomass itself). In a high temperature
gasification system, there was recently evidence found at PSI that cal-
cium sulfate could be reduced to calcium sulfide with biomass (CxHy) as
the reducing agent, according to (7.5) [190]:

CaSO4 +CxHy  CaS + CO2 + H2O (not stoichiometric) (7.5)

It is not clear, however, if this reduction by 8 oxidation states from S(+6)
to S(—2) can take place also in supercritical water, which itself is more of
oxidative nature. Elliott et al. found similar poisoning of a ruthenium
catalyst when processing waste water that contained residual amounts of
sulfate [191], but they did not carry out systematic experiments as pre-
sented here. They suspected without experimental evidence that sulfate is
reduced to sulfide which then poisoned the catalyst due to its strong
interaction with ruthenium, which is also a conceivable mechnism. Kritzer
summarized in a review on corrosion in high temperature and supercriti-
cal water that both sulfate might be reduced to sulfide, but also sulfide
oxidized to sulfate in the hydrothermal environment, without stating pro-
cess conditions or prerequisites where each pathway is favored [37].
Therefore, in-situ EXAFS experiments are planned at the Paul Scherrer
Institut to study this mechanism in more detail, beyond the scope of this
thesis. The current hypothesis is that the sulfate bonds irreversibly to
Ru(III) and thereby interrupts the redox cycle, which deactivates the
catalyst, or that sulfate is precedingly reduced to sulfide by either the
biomass itself or evolving hydrogen, which then irreversibly bonds to
Ru(II) with the same effect of interrupting its redox cycle.
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7.2.7 Catalyst Regeneration with Hydrogen Peroxide Solution

To regenerate the catalyst, the sulfate—ruthenium8 bond needs to be bro-
ken, and the sulfate has to be extracted from the system. Either a reduc-
tive or an oxidative treatment of the catalyst is conceivable. Here, the
oxidative treatment was selected: an aqueous solution of hydrogen per-
oxide (conc. 1 wt %) was fed into the reactor with the completely deacti-
vated catalyst at 30 MPa, at a temperature of 50 °C for 3 hrs, and 90 °C
for an additional 3.3 hrs (in total 776 g solution fed, corresponding to
0.23 mol H2O2). The temperature was chosen low to prevent the oxida-
tion of the carbon support and of the ruthenium to RuO4, which is vola-
tile and would therefore be extracted out of the system. The electrical
conductivity of the effluent was measured. It increased quickly to 105
μS/cm, and dropped back to below 20 μS/cm within one hour, as
depicted in Figure 7.18 on page 209. This pulse-type response indicates
that an ionic species had been released and carried out of the system. As
the electrical conductivity dropped back to the baseline conductivity, the
regeneration was assumed to be complete after ~2 hours. After three
hours, the temperature was increased to 90 °C and the feeding prolonged
for another 3.3 hrs to check for the release of more ionic species at higher
oxidation temperatures, but the effluent’s conductivity stayed below
10 μS/cm.
After this mild oxidation with diluted peroxide, the plant was flushed
with water for 3 hrs. Then, ethanol (conc. 10 wt %) was fed at 400 °C to
estimate the catalytic activity after the regeneration step. Initially, the
carbon conversion was near 100 %, with the product gas close to the
chemical equilibrium composition (68 vol % CH4, 28 vol % CO2, 4 vol %
H2, no CO). Then, the carbon conversion steadily decreased to 80 %
within 24 hrs at a WHSV of 7 hr—1. The product gas changed slightly in
composition to 62 vol % CH4, 26 vol % CO2, 10 vol % H2, 1 vol % CO,
and 0.5 vol % C2H6.

8. or sulfide-ruthenium-bond, depending on the actual sulfur species acting as catalyst poison.
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It seems that after the initial regeneration, a slow re-deactivation took
place. A possible reason could be that some of the sulfate was not com-
pletely washed off the catalyst, but stayed inside the porous matrix of the
activated carbon. Therefore, sulfate was in the vicinity of the ruthenium
sites and could quickly re-bond as soon as ethanol was gasified and the
redox cycle again active.

7.2.8 Catalyst Characterization after Sulfate Deactivation and H2O2 

Regeneration

To support the hypothesis of deactivation by a strong sulfate-ruthenium
bond rather than any of the other hypothesized deactivation mechanisms,
the catalyst was analyzed with various techniques, the results of which
are presented here.
HAADF-STEM imaging was carried out at the Laboratory of Inorganic
Chemistry at ETH Zurich for catalyst samples after experiment no. 5
(slight deactivation), 15 (full deactivation), and after the treatment with
H2O2. Representative high-angular annular dark field scanning transmis-
sion electron microscopy images are shown in Figure 7.20 on page 214.
As the images were taken from several areas and different catalyst gra-
nules, they are assumed to be representative. As can be seen, the crystal-
lite size distribution did not change with deactivation. It seems that by
regeneration with hydrogen peroxide, the crystallites might have slightly
grown, about 10 — 20 %. However, as the catalyst samples experienced
different conditions during their campaigns, such a difference in size
might not be a sole effect of the H2O2 treatment. Most crystallites were 2
— 4 nm in size, while a few larger particles had diameters of up to 10 nm.
Even though these images cannot explain the catalyst deactivation, they
provide the visual proof that neither ruthenium leaching took place, nor
severe sintering, which would have led to a loss in active metal surface
area.
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Figure 7.20:STEM images of 2 wt % Ru/C samples. Top row: Catalyst after exp.
no. 5 (partly deactivated). Middle row: Catalyst after exp. no. 15
(fully deactivated). Bottom row: Catalyst after regeneration with
H2O2.

In addition to the HAADF-STEM analysis, TEM imaging was conducted
for catalyst samples after experiment no. 15. On these pictures, even the
lattice layers of a ruthenium crystallite could be visualized, see
Figure 7.21.

20 nm 40 nm

5 nm

40 nm10 nm 80 nm

20 nm 40 nm10 nm



Chapter 7: Catalyst Testing and Characterization 215
Figure 7.21:Transmission electron microscopy images of 2 wt % Ru/C after
experiment no. 15. At the largest magnification, the lattice layers of
a ruthenium crystallite are visible.

The catalyst samples were also examined with a stereo microscope (Leica
Wild M3Z). The images show significant differences between fresh and
used catalyst, depicted in Figure 7.22.

Figure 7.22:Microscope images of 2 wt % Ru/C. Left: fresh catalyst, shiny and
glimmering. Right: used catalyst after exp. no. 8. The catalyst is
matt, with brown stripes (iron oxide, EDXS) and white dots
(aluminum oxide, EDXS).

The used catalyst had two brown stripes, white shiny dots on one corner,
and was generally matt, whereas the fresh catalyst was glimmering and
uniform in color. The stripes were later analyzed by EDXS as layers of
corrosion products, and the white dots as areas of alumina, see

5 nm10 nm40 nm

brown
stripes

white dots
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Figure 7.23. It is not clear whether these products have deposited out of
dissolved species in the fluid phase during reaction, or whether they got
there from direct contact with the walls of the reactor, or whether the
corrosion products had been in dissolved form during the process and
deposited only when the plant was stopped and the water evaporated (by
pressure reduction at 400 °C). The alumina on the catalyst most probably
originated from the α-Al2O3 bed upstream of the Ru/C catalyst bed.
While the Fe, Cu, Co, and Al signals were related to specific areas of the
sample, the ruthenium was dispersed over the whole catalyst grain, as
was expected (HAADF-STEM showed no severe sintering, thus the active
metal should be evenly distributed over the whole sample). The sulfur sig-
nal, however, was also distributed over the whole sample. Therefore, it is
likely that the sulfur species was either adsorbed on the carbon matrix of
the catalyst, or bound to the ruthenium sites, both leading to a similar
coverage as Ru. Elliott and co-workers showed EDXS analyses of a
cleaved Ru/C pellet after subcritical gasification of manure slurries at
350 °C and 20 MPa in a series of tubular reactors [65]. In that applica-
tion, both the ruthenium and the sulfur signal were distributed over the
whole radius of the pellet, and both elements were surface enriched, indi-
cating a strong correlation of the two (e.g. due to a chemical bond).

Figure 7.23:EDXS mapping of the Ru/C catalyst grain photographed in
Figure 7.22 (after exp. no. 8). The brown stripes consisted of Fe, Cu,
Co, and O (thus corrosion products), while the white dot in the
lower right corner consisted of Al and O (likely Al2O3). Ruthenium
and sulfur were equally distributed over the whole grain.

Fe Cu Co

O Al Ru S
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The α-Al2O3 beads from the layer upstream of the Ru/C catalyst bed
showed some minor coverage with brownish stripes, as depicted in a pho-
tograph in Figure 7.24. The α-Al2O3 beads from the layer downstream of
the Ru/C bed, however, were covered with layers of black, hard material.
Some particles showed even signs of pitting. By EDXS analysis, the pre-
dominating elements found on these particles were Fe (3.15 atom %) and
Cu (0.26 atom %), besides the original material Al (34.88 atom %) and O
(60.76 atom %). However, the SEM image of the Al2O3 particle did not
show any dark spots, and thus these dark spots are likely made of carbon
dust (giving a much weaker signal than the heavier metals), originating
from the carbon matrix of the catalyst (e.g. due to attrition in the cata-
lyst bed; during the first experiments with Ru/C in the process demon-
stration unit, attrition of the carbon support was detected as well). This
could explain why only the alumina particles downstream of the catalyst
were covered with such a black layer, but not the ones upstream. These
findings were also supported by XPS (see Table 7.9), where the black
spots were identified as a mixture of carbon and different metal oxides,
and the alumina bead downstream of the catalytic bed showed an
increase in Fe and Cu.

Figure 7.24:Microscope images (left, middle) and SEM image (right) of α-Al2O3
beads from the reactor tube after exp. no. 8. Left: particle from the
bed upstream of the Ru/C catalyst bed. Middle and right: particle
from the bed downstream of the Ru/C catalyst bed.

As outlined before, iron was found on the alumina beads downstream of
the Ru/C bed, but not upstream. Thus, biomass gasification (inside the

1.5 mm 1.5 mm 1.5 mm
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catalytic bed) seems to have an adverse effect on corrosion (e.g. due to
the presence of H2, etc.). Otherwise, also the alumina beads upstream of
the Ru/C would be covered with corrosion products, as also there, super-
critical conditions were present.

SEM/EDXS analysis was carried out for Ru/C catalyst samples after exp.
no. 8, 15, and after the H2O2 treatment. The catalyst sample after exp.
no. 8 (deactivated after sulfate feeding) was covered with corrosion pro-
ducts, depicted in Figure 7.25. The coverage was similar to the catalyst
sample after 220 hrs of hydrothermal gasification, where no sulfate had
been deliberately added to the feed yet (compare to Figure 7.12 on
page 190).

Table 7.9: XPS analysis of a Ru/C catalyst grain and two α-Al2O3 beads
upstream and downstream of the Ru/C catalyst bed after exp. no. 8.

element α-Al2O3 bead
upstream Ru/C grain

α-Al2O3 bead
downstream

atom % atom % atom %

C1s 15.0a

a. The alumina beads were glued on an alumina sample holder with carbon tape, which
possibly influenced the measurement.

39.1 22.4a

O1s 53.2 44.8 48.4

Al2p 28.3 5.7 20.1

Ru3d5/2 / Ru3p3/2 0.4b

b. As the sample upstream already seemed to contain Ru, this quantification is consid-
ered to be affected with some error.

0.2 0.5b

S2p 0.8

Fe2p3/2 1.0 7.8 3.7

Ni2p3/2 0.7 1.7 0.6

Cr2p3/2 0.8 N/D 1.3

Cu2p3/2 0.3 N/D 2.6

Zn2p3/2 0.4 N/D 0.3
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Figure 7.25:SEM images of the used Ru/C catalyst after exp. no. 8. The white
dots in area A (left column) were identified by EDXS as aluminum
and oxygen (thus likely Al2O3), while area B (right column, brown
stripes) showed various deposits of corrosion products.

However, on the sample after exp. no. 8, neither nitrogen nor phosphorus
were found (most probably because the ion exchanger of the water puri-
fier had been exchanged). Many small dots of ~1 μm, and larger sites of
~10 μm were detected, consisting of Fe, Ni, Al, and Cu. It is probable
that the catalyst after 220 hrs of gasification depicted in Figure 7.12 on
page 190 was covered with a comparable layer like this specimen after
exp. no. 8, but on top of that, it was additionally clogged with P and N,

A

B
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which masked the layer below. Taking this into account, both catalyst
samples were covered with similiar layers of corrosion products, and these
products could not be responsible for the deactivation, as one catalyst
was still active, while the other was deactivated. As a matter of fact, the
active catalyst was more severely covered than the deactivated one.
Besides, it is assumed that the corrosion products stuck only on the outer
surface, but not within the pores of the carbon matrix, where they could
lead to a physical blockage of the ruthenium sites that are inside the
pores. The majority of the ruthenium sites, however, lies on the outer
shell of the catalyst [179], as sketched in Figure 7.26. Otherwise, the pores
(determined to be of an average size of 1.9 nm by nitrogen adsorption)
would be easily blocked by ruthenium crystallite growth within the pores
from 1 to 3 nm (as depicted by HAADF-STEM), and the catalyst would
lose its activity much faster, independent of sulfate addition to the feed.

Figure 7.26:Qualitative location of the ruthenium over a Ru/C catalyst grain.

More importantly, apart from these corrosion products, an increase in sul-
fur content was detected from fresh catalyst to the catalyst after 220 hrs
of hydrothermal gasification, to the ones recovered after the sulfate deac-
tivation exp. no. 8 and 15, as depicted in Table 7.10 (determined both
with EDXS and ICP). Thus, the sulfur species indeed did interact with
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the catalyst. The ICP data produced huge scatter and showed signs of
systematic errors or sulfur contamination from one sample to the other.
Moreover, the chemical digestion method prior to analysis might need to
be revised. Therefore, the conclusions were primarily drawn from the
EDXS analysis.

The fresh catalyst already contained some traces of sulfur, stemming
most likely from the carbon support. After 220 hrs of hydrothermal gasifi-
cation of synthetic liquefied wood, the ratio of sulfur-to-ruthenium had
increased to ~0.2 (by EDXS analysis), probably due to the trace sulfate
present in formic acid. After exp. no. 8, where a molar ratio of 0.83 SO4

2—

per ruthenium had been fed, the molar S/Ru ratio determined by EDXS
was ~0.9, or ~0.5 by ICP, or even 4 by XPS (see Table 7.9 on page 218).
Assuming some loss of dispersion due to the sintering described before
(e.g. only 30 % of the ruthenium contributed to the active metal surface

Table 7.10: Measurement of the S/Ru ratio with EDXS averaging and ICP.

EDXSa

a. averaged with reference spectra over a representative area of the catalyst grain (ca. 250 ×150
μm).

ICP ICP ICP

catalyst (2 wt % Ru/C) status
S/Ru

(molar) 
S/Ru

(molar)
Ru

wt %
S

wt %

fresh active 0.06 246±99b

b. The ICP measurement produced huge scatter, and these values need to be reconfirmed. From
the original ICP data, a sulfur contamination of the device is probable: after one sample, the
Ru content of all succeeding samples was very low, and the S content very high. Also the
chemical digestion method prior to analysis might need to be revised.

0.55±0.06b 5.89±0.42b

220 hrs hydrothermal gasifi-
cation (no SO4

2— added)
deactivated

0.19 25.06b 1.99b 15.80b

after exp. no. 8
(  = 0.83) deactivated

0.91 0.51 2.68 0.44

after exp. no. 15
(  = 1.12) deactivated

1.00 13.71b 1.79b 7.76b

after H2O2 treatment reactivated 0.30 0.29 2.73 0.25

nSO4
2—,fed/nRu

nSO4
2—,fed/nRu
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area), every ruthenium surface site was blocked by sulfate, and the cata-
lyst had become deactivated. These findings support the hypothesis that
the redox cycle was interrupted due to the bonding of the sulfate to the
active sites, or the sulfide, which ever is the sulfur species that is present
in-situ. By XPS analysis, the sulfur species on the catalyst corresponded
to sulfate. However, this cannot be judged as clear indication for sulfate
being the actual poisoning species, as after the unloading of the catalyst,
sulfide could have been re-oxidized to sulfate, as the samples were
exposed to air before analysis; then, the sulfur species detected by XPS
would correspond to sulfate, even if in-situ, the deactivating agent was
sulfide, instead of sulfate.
The molar S/Ru ratio after the H2O2 regeneration step was significantly
reduced, indicating that the method had worked. However, there was still
more sulfur on the catalyst than on fresh or 220 hrs hydrothermally used
Ru/C, indicating that the regeneration step was not complete, which
could explain the slow decrease in catalytic performance from 100 % car-
bon conversion towards 80 % when gasifying ethanol after the hydrogen
peroxide treatment.
While the EDXS mapping of the deactivated catalyst after exp. no. 8
(Figure 7.23 on page 216) showed a clear overlap of the Ru and S signal,
this correlation could not be found for the regenerated catalyst, see
Figure 7.27 below, which is another indication that much of the sulfate
was extracted from the system. The so called bulb of penetration of the
electrons shot onto the sample to produce the SEM image and the EDXS
analysis is about 30 — 50 μm deep at 30 kV; thus the amount determined
by EDXS originates from the outer shell of the catalyst. As the molar
S/Ru ratio determined by EDXS and ICP is ~0.3 for the regenerated cat-
alyst by both methods, it seems that the sulfur left on this species origi-
nated from the outer shell. To clarify this assumption, a catalyst grain
could be cut in halves (difficult as carbon from coconut shell is extremely
hard), glued into a sample holder and polished, which was not deemed
necessary for the scope of this analysis.
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Figure 7.27:EDXS mapping of a 2 wt % Ru/C catalyst grain after deactivation
by SO4

2— (in exp. no. 19 — 23), followed by H2O2 treatment. The
sulfur signal in the lower right corner is a measurement artifact, as
there was no catalyst surface (see upper left image).

7.2.9 Conclusions

• The results presented here are consistent with the redox mechanism
for biomass gasification postulated by Park and Tomiyasu [25].

• The tolerance of the 2 wt % Ru/C catalyst towards sulfate was
rather low. The hypothesis of catalyst deactivation due to the forma-
tion of a stable ruthenium sulfate complex, most probably with
Ru(III), or a stable ruthenium sulfide complex, and not due to physi-
cal blockage by precipitation of Na2SO4(s), was consistent with the
experimental evidence.

• Catalyst characterization with ICP, HAADF-STEM, and SEM-EDXS
supported the proposed deactivation mechanism (hypothesis (iv)).

• To clarify the exact mechanism of deactivation with identification of
the oxidation states of the interacting species involved, i.e. sulfate vs.
sulfide, in-situ EXAFS experiments would be needed.

O

Ru

S

Fe Ni
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Chapter 8: Process Demonstration 
Unit (PDU)

8.1 Introduction

The batch reactor system was suitable and sufficient for carrying out
experiments with real biomass slurries as feed (chapter 6). However, the
setup was not designed for long term studies, and typical feed amounts
were very small.

The continuously operating catalyst test rig could be used to test cata-
lysts for their stability and activity in the hydrothermal environment over
extended periods of time (chapter 7). However, only liquid biomass model
substances could be used as feed. Ideally, a plant should be capable of
running continuously and process real biomass slurries. Therefore, a pro-
cess demonstration unit (PDU) was built. There, the biomass is pumped
to high pressure, liquefied in a liquefaction unit, freed from its inorganic
constituents in a reverse-flow vessel, the so called “salt separator”, and
gasified in a catalytic reactor. Then, the product phases should be sepa-
rated, ideally under pressure, in order to take advantage of the high solu-
bility of carbon dioxide in water.

The basic requirements for this laboratory scale process demonstration
unit were:

• Small throughputs, 0.5 — 1 kg/hr, up to a pressure of 35 MPa (which
leads to a gas production of ~200 L/hr for a feed concentration of 20
wt %, or ~400 L/hr for 40 wt %, respectively).
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• Liquefaction of the feed should be on a continuous basis (no pre-
liquefaction and storage)

• Incorporated salt separation

• 120 hrs experiment possible (“long-term” test)

• Continuous on-line gas sampling

• Incorporated option for liquid high-temperature sampling (e.g.
upstream and downstream of the salt separator)

A basic block diagram of the process is depicted in Figure 8.1.

Figure 8.1: Basic block diagram of the process demonstration unit.

The most critical parts of such a plant are the pump (it turned out to be
a real challenge to find a suitable pump on the laboratory scale), the salt
separating vessel, and the exhaust gas treatment (initially, the safety pol-
icy required a catalytic oxidation reactor to convert all gas to CO2 and
H2O in contrast to a simple torch). At the beginning of the project, wood
and manure slurries were typical target biomass types, selected for their
abundant nature in Switzerland. Based on these considerations, spruce
and fir liquefaction was studied in the batch reactor, with the goal to
bracket suitable conditions and residence times to dimension the liquefac-
tion unit of the PDU (presented in section 8.2). However, due to pro-
longed problems with the pumps (outlined in section 8.4), the feed had to
be replaced by a liquid in the course of the project (i.e. ethanol for start-
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ing experiments of the plant, and palm oil pyrolysis condensate for the
actual process demonstration, as soon as the basic operability of the plant
is ensured).
For the salt separating vessel, the reverse flow principle was selected,
which was invented by Modar, Inc., USA, for an SCWO (supercritical
water oxidation) application [192]. This system was preferred because pre-
liminary experiments with this type had already been carried out [30].
A fixed bed system was chosen for the reactor due to its low cost and
simplicity. The experience gained in the continuously operating catalyst
test rig (100 % conversion of SLW at 20 wt % at a WHSV of 20 hr—1 over
Ru/C) was used to dimension the reactor. As hydrolyzed biomass is
expected to be harder to gasify (outlined in section 6.5), the maximum
WHSV was assumed to be lower than 20 hr—1 as with SLW. It was chosen
well low enough, i.e. 4 hr—1; it could then still be increased by diluting the
catalytic bed with α-Al2O3. For a mass flow rate of 1 kg/hr (assuming
ρ=1.0 kg/dm3), 50 g Ru/Cdry are required. The moist catalyst has a mea-
sured bulk density of 0.74 kg/dm3. Thus, for a reactor tube (i.d. =
12 mm) with a concentric thermowell (o.d. = 3 mm), the catalyst bed has
to be 105 cm long. As the upper and lowest part of the tube could not be
easily heated, a tube length of 135 cm was selected, with 15 cm of non-
heated sections on both ends.
In larger applications, monoliths are preferable, as they are less suscepti-
ble to plugging, but they require an advanced coating technology for the
selected catalyst (stability in the hydrothermal environment). A continu-
ously stirred tank reactor, CSTR, is also conceivable, where the catalyst
could be placed in a basket. However, due to the residence time distribu-
tion in a CSTR, secondary coking of tar-precursor molecules (i.e.
polyphenols) might occur, if they spend too much time inside the vessel.
A supercritical fluidized bed as targeted in micro-reactors by Potic et al.
is still far from an application stage [76].
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8.2 Experiments to Identify Suitable Conditions for the 
Non-Catalytic Liquefaction of Wood (Batch 
Reactor)

8.2.1 Starting Point and Aim of The Experiments

There are several reports describing (non-catalytic) liquefaction of bio-
mass [87, 91-93, 105, 171-173, 193, 194]. One problem for the comparison
of these reports is that either the pressure level is different (possibly oper-
ating in the steam region rather than in a condensed phase), or the bio-
mass itself is of another nature. Thus, the liquefaction problem had to be
tackled in own experiments, carried out in the batch reactor system.
The experiments were conducted at a time when the goal was still to feed
wet-milled spruce slurries into the process demonstration unit. At a later
stage of the project, it turned out that our pumping system was not able
to handle wood-containing slurries. Nevertheless, a crucial experiment
showed that liquefaction and gasification can be carried out in two sepa-
rate consecutive steps, leading to near complete gasification of the wood
(up to then, liquefaction and gasification had been carried out in one
step, in presence of a skeletal nickel catalyst).
To reach the desired pressure of ~30 MPa, a larger amount of argon (10
MPa) than for the wood gasification experiments described in chapter 6
had to be pressed into the reactor prior to heat-up. During liquefaction,
there should ideally no gas be formed that would then additionally con-
tribute to the pressure evolution.
Two phases of the experiments could be distinguished:

• heat up phase: the time from the immersion of the reactor into the
preheated sandbath until the reaching of the desired temperature.
Typical heat-up times were ~6 minutes.

• holding phase: as soon as the desired temperature was reached, the
holding time started. Three holding times were applied: 0, 10, or 20
minutes. After this, the reactor was quenched to room temperature in
the water bath.
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8.2.2 Experimental Details and General Observations

A total of 12 experiments were carried out (wwood = 10 wt %). The cor-
responding experimental conditions are displayed in Table 8.1. For two
experiments, zinc oxide was added (mZnO/mwood = 1.4) to test its influ-
ence on the liquefaction of wood. In previous experiments at PSI, the
addition of zinc oxide to manure yielded very little solid residues [195]. As
a consequence, it was concluded that ZnO could act as a liquefaction
catalyst.

Ideally, most of the organic carbon should be liquefied and then collected
either in the aqueous phase (as dissolved organic carbon), or in the meth-
anolic phase (as gasifyable tarry compounds) at the end of the experi-

Table 8.1: Conditions of wood liquefaction experiments carried out in the batch
reactor.

Tmax. heat-up time holding time additive GE LE

run no. °C min. min. % %

HB240V01 240 6 120 — 5.2 13

HB300V02 300 7 10 — 3.8 42

HB300V03 300 8 23 — 6.5 33

HB315V01 315 8 10 — 8.4 35

HB330V01 330 8 13 — 11.1 29

HB330V02 330 10 4 — 5.4 51

HB330V03 330 10 21 — 4.5 34

HB350V01 350 6 0 — 5.1 56

HB350V02 350 6 7 — 8.9 52

HB330Z01 330 9 12 ZnO 12.4 59

HB400Z01 400 10 40 ZnO 8.7 53

HB330/400R01 330/400a

a. 330 °C during non-catalytic liquefaction, 400 °C during catalytic gasification.

8/11 13/19 —/RaNib

b. Raney nickel 2800/Ru (GraceDavison).

6.2/84 N/A
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ment. As a measure for this quantity, the carbon liquefaction efficiency
LE was introduced:

(8.1)

A problem herewith is that polyphenols tend to solidify at temperatures
lower than ~80 °C. Hence, in a real, continuous process, these substances
would be present in the liquid form, they could pass the salt separator
and enter the catalytic reactor, where they would be gasified. In the
batch reactor, however, they solidify during the quenching procedure at
the end of the experiment, are dissolved in methanol during the recovery
and accounted for in the methanol soluble fraction (i.e. tars after evapora-
tion of the methanol). Similar values of LE were reported by Yilgin and
Pehlivan, who liquefied poplar wood in presence of formic acid [92]. They
received almost 40 % of gas, however (possibly due to decomposition of
the formic acid).

Figure 8.2: Liquefaction efficiency (LE, black bars, left y-axis) and gasification
efficiency (GE, striped bars, right y-axis) of the wood liquefaction
experiments.

LE
nC H2O, nC, tars+

nC, feed
--------------------------------------------=
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A description of the visual observations of the product phases is displayed
in Table 8.2. At 240 °C, virtually no liquefaction took place despite the
long holding time, but approximately 5 % of the feed carbon were gasified
to CO2. The liquefaction and gasification efficiency for the individual
experiments are depicted in Figure 8.2. The carbon content in the resi-
dual aqueous phase was around 8 g/L in almost all experiments (excep-
tions: at 240 °C, it was below 2 g/L and with ZnO at 330 °C, it was 11

Table 8.2: Visual description of the product phases after the liquefaction of
wood slurry in the batch reactor.

run no. aqueous residue MeOH fraction solid residue

HB240V01 transparent, golden-
yellow

light yellow dark brown, no black 
spots, clumped to chunks

HB300V02 inhomogeneous, dark 
yellow

very dark, yellow 
greenish

light brown, homoge-
neous, fine

HB300V03 inhomogeneous, dark 
yellow

more transparent, 
reddish

slightly darker, homoge-
neous, fine

HB315V01 brownish, reddish, 
fine particles

milky, dark, red-
dish

brown olive, soft, black-
ened spots

HB330V01 yellow, dark particles 
suspended

dark, yellow 
green, fine parti-
cles

brown olive, soft powder

HB330V02 copper, light brown 
particles

milky brown, dark 
particles

brown olive, soft powder

HB330V03 yellow, dark particles 
suspended

dark yellow green, 
fine particles

brown olive, soft powder

HB350V01 copper, fine particles 
suspended

dark brown very fine, black shiny 
powder

HB350V02 copper, fine particles 
suspended

dark brown dark brown and black 
chunks

HB330Z01 brown, golden, trans-
parent

dark brown whitish, green olive with 
brown spots

HB400Z01 yellow light brown whitish, greyish

HB330/400R01 clear, transparent clear, transparent catalyst (grey) with dark 
spots
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g/L, indicating the activity of zinc oxide as liquefaction catalyst). Differ-
ences in LE were mostly due to an increased or decreased amount of tarry
substances. The amount of carbon in the solid fraction was between 30 %
and 12 % of the feed carbon in the non-catalytic experiments (best values
at 350 °C), or around 8 % with ZnO. These results are better than in
experiments reported in the literature for non-catalytic liquefaction at
350 °C by Fang et al. (57 %) [105], or by Karagöz and co-workers (42 %)
[91]. However, with the addition of potassium carbonate, Karagöz could
reduce the solid residue to as little as 4 %.
The carbon content of the solid residue and the tars increased with tem-
perature and residence time, from ~50 to over 70 %, indicating that either
secondary polymerization took place, or more phenolic compounds with a
higher C/H and C/O ratio were liquefied. Similar findings are reported by
Minowa et al., who liquefied cellulose in the presence of sodium carbonate
[173]. They found that the C/H ratio was increased from 0.56 in cellulose
to 1.1 in the solid residue, and C/O was even increased from 1 in cellulose
to 5 in the solid residue.

Figure 8.3: Weighted liquefaction to gasification ratio LE2/GE of the wood
liquefaction experiments.
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Generally, the liquefaction efficiency in the experiments was larger at
higher temperatures, but then also more carbon gasified, which is unde-
sirable. Thus, the ratio of liquefaction efficiency to gasification efficiency,
LE/GE, is a suitable measure to quantify this trade-off. As the actual tar-
get quantity was the liquefaction of the wood, LE/GE was weighted with
the liquefaction efficiency itself, i.e. LE2/GE was the measure of choice to
quantitatively describe the quality of liquefaction. It is displayed in
Figure 8.3.
The product gas was typically composed of more than 90 vol % CO2, and
about 5 to 10 vol % CO, except for the experiments with ZnO, where at
330 °C, 4 vol % CO and 2 vol % CH4 were formed, and at 400 °C, 6 vol %
CO, 10 vol % CH4 and 19 vol % H2 were formed. Zinc oxide thus not only
acted as a liquefaction catalyst, but also enhanced the gasification of the
feedstock.
As can be seen in Figure 8.3, short residence times (accompanied by large
heat-up rates) are favorable for the liquefaction of wood, which is in
agreement with literature reports [88]. However, at 350 °C, where
LE2/GE is maximized, the solid residue was black and shiny (compare
Table 8.2), which is an indication of the formation of char. It is not clear
whether the char would be properly gasified when carried into the cata-
lytic reactor in the real process, or whether it would be separated from
the fluidic phase in the salt separator, together with the salt brine. Thus,
a temperature between 330 and 350 °C should be chosen, and the quality
of liquefaction should be verified in the process demonstration unit by
high-temperature sampling (minimum 90 °C, to avoid the solidification
problem). As outlined in section 6.4.3, the mixing inside the batch reactor
is not guaranteed by free convection, as was previously assumed. More-
over, the feed could segregate to an aqueous phase and a solid phase (see
Figure 8.4 on page 239). The wood which was in direct contact with the
reactor’s walls might preferentially form char when not readily solubilized
by water. Thus, the results can be largely affected by mass transfer limi-
tations (e.g. leading to more char for longer residence times). The lique-
faction experiments should therefore be repeated in a stirred vessel to
exclude the effect of unsatisfactory mixing, if more data is needed.
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The addition of zinc oxide led to higher values of LE. However, if added
to the milled wood for an improved liquefaction behavior, ZnO would
probably be separated out of the system in the salt separator, and would
contaminate the salt brine. Additionally, the biomass-ZnO-mixture was
very sticky, and also the residues after liquefaction were very clammy. As
a consequence, it was quite difficult to retrieve them out of the reactor.
However, used as a fixed bed catalyst with larger particle size, or coated
onto a monolith, the addition of zinc oxide is feasible due to its favorable
nature for liquefaction, as long as plugging problems can be avoided.

8.2.3 Successful Liquefaction with Subsequent Gasification

A crucial experiment was HB330/400R01: it confirmed the possibility to
carry out liquefaction and gasification in two separate steps, as it will be
done in a continuously operating plant using real biomass slurries as feed.
Up to this run, all gasification experiments were carried out by heating
biomass in presence of a gasification catalyst (such as Raney Ni 2800),
and simultaneously gasifying it to SNG.
In HB330/400R01, wood (conc. 10 wt %) was loaded into the batch reac-
tor and liquefied at 330 °C, by applying the same procedure as in
HB330V01 (8 min. heat-up, 14 min. holding time). After this liquefaction
stage, the reactor was quenched and depressurized (about 6 % of the ini-
tial carbon was gasified to CO2), and Raney Ni 2800/Ru (Grace Davison,
0.25 wt % Ru) was added to the reactor content (mcat./mwood = 1).
The previously liquefied wood was then successfully gasified (t(T<Tc) =
9 min., t(T>Tc) = 21 min.). The residual carbon content in the aqueous
phase was very low (0.36 g/L), the methanolic phase was free from tars,
and the solid fraction at the end of the experiment was low in carbon
(6.2 % of the initial carbon of the wood). The gasification efficiency was
84 %, or more than 90 % if the carbon dioxide formed during the lique-
faction step is accounted for as well.
The product gas composition was very close to the composition obtained
when wood was gasified in one step, without the quenching after the
liquefaction (1 vol % more H2): 39 vol % CO2, 45 vol % CH4, and 16
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vol % H2, with no CO detected. Hence, the liquefaction can be carried
out non-catalytically, with subsequent catalytic gasification. The yielded
gas is very similar to the gas composition received from the one step pro-
cess.

8.2.4 Basic Dimensioning of a Preheater for the Liquefaction in the PDU

For a process demonstration unit, the preheater should be built as simple
as possible. The simplest system is an electrically heated and insulated
pipe, where the biomass is heated while flowing through. On the way
from the inlet to the outlet of this preheater, the biomass’ temperature
will increase, and its viscosity and density decrease. Thus, the volumetric
flow rate will increase along the pipe, and its residence time for a given
pipe length will decrease. Given the mass flow rate  and total time ttot
from the inlet to the outlet of the preheater (ttot = theat + thold, theat =
time to heat the fluid to the desired temperature Tend, and thold = resi-
dence time at Tend), the length L of the pipe can be calculated as follows:

(8.2)

with di the internal diameter of the pipe, ρ(T) the density of the fluid as
a function of temperature (and hence of time, via T = f(t)), and ε the
void fraction of the preheater (1.0 for an empty pipe, 0.85 to 0.9 if static
mixing elements are used). As a first estimation for the length of such a
preheater, the following assumptions were made: 

(i) The initial density of the feed at room temperature is 900

kg/m, hence ρ(25 °C) = 0.9 · ρwater(25 °C). The density of

the mixture is assumed to behave at all temperatures as

ρ(T) = 0.9 · ρwater(T). All data are calculated at 30 MPa.

(ii) The desired heating temperature is Tend = 350 °C.
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(iii) The biomass is assumed to be heated from 25 °C to Tend
within 5 minutes (theat = 300 sec, temperature ramp linear
in time, i.e. T(t) = (Tend — 25)·t/theat), and then to be held
at Tend for 2 minutes (thold = 120 sec), after which it leaves
the preheater. Thus, ttot = 7 min.

(iv) The inner tube diameter is 12 mm, as most tubular units
used in the PDU are made of this size.

Based on these assumptions, the length of the preheater is 1.45 m for an
empty tube, or 1.65 m for a tube with static mixing elements (ε = 0.88).
The actually measured temperature profile of the preheater is depicted in
Figure 8.16 on page 261, justifying the above estimations.

While in a small process demonstration unit, the preheater can be made
of a simple tube due to its simple nature and large wall area per volume
of slurry ratio, for larger plants, static mixing elements should be used to
improve the heat transfer from the pipe’s wall to the fluid, as well as to
prevent coking on the walls (which in turn impairs the heat transfer). A
suitable system is available from Sulzer ChemTech in Switzerland: the
static mixing system SMF (the thinner SMX-L is not suited for fluids
containing solids). Besides the function of mixing, it also ensures plug
flow of the feed. The smallest commercially available version has an inner
diameter of 21 mm.

8.2.5 Conclusions of the Wood Liquefaction Experiments

• Wood could be liquefied non-catalytically in the batch reactor at con-
centrations of 10 wt %.

• Good liquefaction parameters are high heating rates to temperatures
between 330 and 350 °C (e.g. within 5 min.), accompanied by short
residence times at these temperatures (e.g. 2 min.) before the cata-
lytic gasification to avoid secondary polymerization as well as coking.
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• Non-catalytic liquefaction and catalytic gasification could be carried
out separately, leading to results nearly as good as in a one-step pro-
cess. This is the basis for the operation of a continuous plant without
a significant loss in utilization of the heating value of the feed.

• For larger process demonstration units, static mixers should be used
to improve the heat transfer to the fluid and to prevent local coking.

8.3 Feed Conditioning (Milling)

The conditioning of the biomass has an impact on several stages of its
transformation to SNG. A crucial process step is the milling, especially on
a laboratory scale, where the size of the apparatuses is generally small.
The finer the feed is milled, the less prone it is to lead to plugging prob-
lems in the pump. Also the liquefaction step is somewhat dependent on
the particle size, as smaller particles have a larger surface to volume ratio,
and are thus more easily attacked by water in the hydrolysis step. In
larger process demonstration units, a trade-off between good liquefaction
and pumpability, and energy consumption for milling should be chosen.
On the laboratory scale, however, the milling should be carried out to
yield a minimal particle sizes with a narrow distribution if ever possible.
It turned out that wood needed to be milled wet in order to yield a sus-
pension that did not segregate over time. For this, bark-free spruce and
fir chips were pre-milled at PSI to a size of 1 — 2 cm with a knife mill, and
then moisted with water to a dry matter content of about 25 wt %. Mill-
ing experiments with these tapped chips were then carried out at Romaco
FrymaKoruma (Neuenburg, DE). Good milling parameters were identified
as follows (the setpoints of the mills are tabulated in Table 8.3):

• An initial size reduction was achieved by milling with a toothed col-
loid mill (FrymaKoruma type MZ—110).
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• A further size reduction was achieved by milling with a perforated
disk mill (FrymaKoruma type ML—180): 1st pass with a disk with
hole diameter 40 mm, 2nd pass with a disk with hole diameter
20 mm.

• A last size reduction was achieved by milling with a corundum stone
mill (FrymaKoruma type MZ—180), in 2 — 4 passes.

During the milling process, water was added to avoid plugging of the
mills. The final water content of the wood suspension was around 96
wt %, but could be lowered to 90 — 70 wt % by decanting and heating the
slurry to 50 °C.

While suspensions of dry-milled wood segregated rather quickly (depend-
ing on the water content within minutes), the wet milled wood from the
above milling campaign was stable for months. Photographs of wood dry
and wet milled wood slurries are depicted in Figure 8.4. No measurement
of the particle size distribution was carried out as the device was tempo-
rarily unavailable at FrymaKoruma; however, the experienced process
engineers suspected an average size below 100 μm upon visual inspection
with a microscope.

Table 8.3: Mill types used and applied for the wet milling of wood chips.

pass no. mill type milling milling gap Tin Tout

elements mm °C °C

1 toothed colloid mill MZ—110 N/A +2U 30 41

2 perforated disk mill ML—180
hole ∅ 40 mm 20/20 —0.1 30 40

3 perforated disk mill ML—180
hole ∅ 20 mm 20/20 —0.3 40 59

4 corundum stone mill MZ—180 20/20 —0.1 22 29

5 corundum stone mill MZ—180 20/20 —0.3 29 45

6 corundum stone mill MZ—180 36/46 —3.0 40 56
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Figure 8.4: Comparison of dry milled wood slurries (left, xD = 300 μm) to wet
milled wood slurries (right, xD < 100 μm). The dry milled slurry
segregated within minutes, while the wet milled was stable for
months.

8.4 Suitable Pump Systems for the PDU

Several types of pumps were evaluated. Most of them failed due to the
combination of requirements: very low throughput (~1 kg/hr), high pres-
sures (up to 35 — 40 MPa), and the ability to pump solids, such as wood
slurries, that can be of abrasive or corrosive nature, or tend to segregate.
Some of the evaluated pumping systems are described in the following
section, together with an overview of their advantages and disadvantages.

8.4.1 Gear Pumps

Both the low throughput and the desired pressure level can be achieved
with a gear pump, but the pump requires the feed to have automatic
lubrication character in order to work properly. The addition of oil resi-
dues or rapeseed oil to the biomass was not considered an option, since
their greasing properties are not sufficient [196]. Bitumen, in contrast, has
such greasing characteristics, but its hydrothermal decomposition would
have to be examined prior to its application, and therefore, this option
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was dismissed. It would be better to choose a pump which does not need
any additive to the feed. In addition, the fibres of the wood and the sand
inside the manure can cause significant problems to the gear-wheel. For
these reasons, the gear pump was not chosen.

8.4.2 Twin-Screw Extruders

Twin-screw extruders, especially counter-rotating models, are less suscep-
tible to plugging than many other types of pumps. However, most extru-
ders are used in food and plastics applications, and are thus often not
specifically protected against corrosion and abrasion (manure slurries con-
tain sand). Moreover, at pressures exceeding 20 MPa, bearing problems
are common, leading to a short lifetime of the affected parts of the pump
(increasing running costs). Usual throughputs are also much larger, start-
ing at 100 kg/hr. Mini models do exist, but all tested models failed.

8.4.3 Eccentric Screw Pumps

Eccentric screw pumps are widely used for conveying solid containing
slurries. Typically, either small screws or low rational speeds result in low
throughputs. However, small screws often lead to blockage und plugging,
and low rotational speeds to segregation of the feed (see Figure 8.5). They
are conceivable as primary pressure pump (i.e. to generate a certain pres-
sure level often required on the intake side of a high pressure pump), but
also as high pressure pump. For the latter, a multiple-stage pump was
proposed by process engineers. However, for 30 MPa design pressure, the
pump would have consisted of about 5 individual stages with a total
length of several meters, at a price that exceeded the budget by far. Thus,
eccentric screw systems were mainly considered as primary pressure
pumps.

8.4.4 Piston Diaphragm Pumps

Piston diaphragm pumps are reliable systems to pump slurries with high
solid fractions including aggressive and abrasive media, due to their sepa-
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ration of the feed from mechanical parts by a diaphragm. However, pres-
sures exceeding 30 MPa can commonly only be obtained in combination
with large throughputs (larger than 50 kg/hr). Smaller units are more
prone to plugging, and thus such a type is only recommended for a larger
process demonstration unit, beyond the laboratory scale, as no manufac-
turer was willing to design a high pressure diaphragm pump for our appli-
cation at a reasonable price.

8.4.5 Piston / Plunger Pumps

Plunger pumps are quite reliable and common in laboratory scale applica-
tions. Piston pumps produce pressure surges, which need to be absorbed
by a pulsation damper in order for the controlled back-pressure regulator
and the salt separator to work; however, pulsation dampers might plug
with slurries. In addition, the check valves must not be susceptible to
plugging. Due to their availability, scale and simplicity, this type of pump
is relatively low priced (e.g. Novados N-P31 around € 7’000).

8.4.6 Evaluation Process towards a Suitable Pump for the PDU

The evaluated pump systems are tabulated in Table 8.4. Generally,
extruders are the pump system that is ideally suitable to handle slurries
with high concentrations of solids; however, for throughputs of 1 kg/hr,
the number of revolutions of the screw would have to be reduced to below
10/min., even for small pumps, which lead to segregation of the wood
slurry inside the storage funnel or the screw itself. This behavior was
observed even for low pressure pumps (evaluated as primary pump for the
high pressure pump, see section 8.5 and Figure 8.5 on page 244).

After an extensive evaluation phase of numerous pump manufacturers (a
total of 18 enterprises were inquired), and a few pumping tests of wet
milled wood slurries at various concentrations (5, 7.5, 10, and 15 wt %,
respectively, 50 — 100 μm particle size), Bran+Luebbe GmbH, Germany,
was willing to develop a plunger pump specifically designed to convey
wood slurries with solid concentrations of up to 10 wt %, at a pressure of
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max. 40 MPa (model Novados N-P31). This plunger pump was selected
as feed pump for the PDU, since it was the only affordable solution to the
problem that had been offered.

It has to be noted that for a larger process demonstration unit with mass
flow rates of 50 — 100 kg/hr, several commercially available pumps could
have been selected (e.g. Feluwa piston diaphragm pump, Abel SH solid
pump); the pumping is only a problem on the laboratory scale at which
this PDU had to be designed.

Table 8.4: Pump types considered.

pump type pro contra

gear pump — pressure level reachable
— relatively low priced

— min. throughput > 10 kg/hr
— automatic lubrication needed
— slurries with solids problematic

twin-screw 
extruder

— conveying generally reliable — corrosion resistance low
— short lifetime at 35 MPa
— at small throughputs extremely 

low rotation speed
— feed segregation possible

piston dia-
phragm pump

— abrasive and highly viscous 
slurries with high solids con-
centrations possible

— min. throughput > 50 kg/hr
— price around € 50’000

piston pump — small thoughputs possible
— relatively low priced

— pressure surges
— sealing problems with solids
— feed segregation possible

double piston 
with positively 
controlled valves

— non-sensitive towards vari-
able solid concentrations

— no plugging
— reliable, up to 50 wt % solids

— min. throughput 50 — 100 kg/hr
— costly
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8.5 Novados N-P31 Plunger Pump Testing

The plunger pump Novados N-P31, constructed by Bran+Luebbe, SPX
Process Equipment, Germany, was designed to convey wood slurries using
cone valves up to a solid concentration of 10 wt %, at a maximum operat-
ing pressure of 40 MPa. However, the pump required a primary pressure
of 0.5 MPa on the intake side. Thus, a second low-pressure pump was
needed. The extruder-type pumps are best suited for this task.
Tests with an eccentric screw pump (stator: NBR, rotor: stainless steel
1.4571) to provide this primary pressure failed due to segregation of the
feed, leading to a build-up of biomass dry matter and blockage, as
depicted in Figure 8.5 on page 244, even with atmospheric pressure at the
exit (in contrast to 0.5 MPa for the application with the Novados N-P31
high pressure pump).
The major problem with eccentric screw pumps and very low mass flow
rates is the low rotation speed of the screw (i.e. only 8/min. during the
test). An alternative would be to use eccentric screw pumps with higher
screw rotation speeds, leading to higher throughputs, e.g. 10 kg/hr, and
the application of a by-pass, so that only 1/10 is fed to the high pressure
pump. However, this by-pass might also lead to a segregation and struc-
tural change of the wood slurry, thus only shifting the problem from the
pump to the by-pass system.
Therefore, this alternative was not followed, but another approach used:
The wood slurry was filled into a discus shaped pressure expansion vessel
(butylrubber bladder, Pneumatex statico PND8, volume 4 L), which is
frequently used in household heating systems. By pressing gas (e.g. Ar)
into the vessel between its shell and the bag, the latter is scrunched and
its content forced into a tube which was previously filled with water and
attached to the intake side of the high pressure pump. Unfortunately,
feeding could only be sustained for about 3 hours with this method, but
at least this allowed to test the high pressure pump.
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Figure 8.5: Eccentric screw pump test as primary pressure pump for wood
slurries (conc. 7 wt %). Conditions: n=8 rev./min., pressure at exit
p2 = 1 atm., feed in funnel above the extruder. A and B: Feed segre-
gation in the supply funnel, caused by dewatering in the entry
section of the rotor/stator. C: Dewatering of the feed inside the
compounding area. D: Build-up of the feed’s dry matter in the entry
section of the stator.

A short test with this pressure vessel connected to the Novados N-P31
high pressure pump revealed that the pump was not capable of feeding
the wood slurry (conc. 4.5 wt %) at all; as soon as the first wood particles
were sucked into the valves of the pump, the pressure could not be held,
and the pump stopped conveying. The slurry inside the valve had been
dewatered, and wood fibres were deposited on the seatings of the cone
valve.

The manufacturer tried to fix the pump by exchanging its head with a
model using ball valves instead of cone valves, and by increasing the
throughput to 4 — 5 kg/hr. Only then was the pump able to convey the
slurry, at a throughput of 3.6 kg/hr, compared to 4.6 kg/hr when feeding

A B

C D
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pure water. The throughput could not be varied down, as the pump
would immediately stop conveying. But also when running the pump at
maximum throughput, a segregation of the feed on the inlet side was visi-
ble after 55 min., and the pump stopped working, having acted as a sepa-
rating unit.

8.5.1 Alternatives to the Novados N-P31

In the form as delivered, the Novados N-P31 pump was useless for pump-
ing slurries containing solids (e.g. manure, wood, sewage sludge, etc.).
Therefore, alternatives had to be evaluated:

One possibility was the stabilization of the wood slurry with corn starch,
which was reported in the literature to yield very stable suspensions [61].
To test this, a suspension of dry-milled wood sawdust in water was used
(the typical feed for wood gasification experiments in the batch reactor)
instead of wet-milled wood: the former type segregated within minutes
when not stirred, while the latter was stable over months. Indeed, by add-
ing corn starch (conc. 4 wt %) to boiling water, and then adding wood
sawdust to it to get a wood concentration of 10 wt %, the feed did not
segregate within the observation period of three days. However, prelimi-
nary pumping tests with this stabilized feed using an eccentric screw
pump (Netzsch Mini pump, Häny AG, Switzerland) had failed, as the bio-
mass still segregated in the pump, and biomass dry matter was built up
in the stator area. Apart from that, the wood-starch-mixture turned very
hard and sticky when dried; so it was expected to cause severe problems
inside the plant (e.g. plugging of parts). Considering this, a test of the
high pressure pump by filling the biomass into the butylrubber bladder
did not make sense.

Another option was to replace the high pressure pump by a pressurized
vessel, in which the feed was filled batch-wise, providing material for
about 10 hours on stream (depending on its volume). Thus, for long-term
experiments, a second vessel would be needed, with the possibility to
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switch between the two. A 35 MPa bladder accumulator (Olaer AG, Swit-
zerland) is an example of such a pressurized vessel, of which a cross sec-
tion can be seen in Figure 8.6.

Figure 8.6: Cross section of a high pressure bladder accumulator (Olaer).

A problem could be the outlet system with a disk, which is susceptible to
plugging when using biomass with solids; thus, a tailored version would
be needed, which in turn would boost its costs. The Novados N-P31 high
pressure pump could be used as a means to press a suitable medium into
the bladder, e.g. oil or water. However, the start-up of the plant would be
difficult, as the plant would have to be filled with water prior to switching
to one of the pressurized vessels, making manipulations or an additional
pump neccessary.

A similar idea was proposed by H. Bieri Engineering GmbH, Winterthur,
Switzerland: the biomass is filled into a cylinder with a piston. The piston
is moved by pressing oil against it, pumped by the existing Novados N-
P31 pump. There is a stirrer integrated into the cylinder to mix the bio-
mass and avoid segregation, and a low-pressure pump, whose only task is
the conveying of the biomass, but not the simultaneous establishment of a
pressure level, which is realized externally by the oil acting on the piston.

chamber for pres-
sure medium, e.g. 
water, oil, gas.

chamber for biomass

outlet with disk system



Chapter 8: Process Demonstration Unit (PDU) 247
Given the small pressure difference inside the vessel, commercially avail-
able low-priced pumps could be used. The setup is depicted in Figure 8.7.

Figure 8.7: Conveying unit proposed by H. Bieri Engineering GmbH.

Unfortunately, this device was rather costly (€ 20’000) and could not be
considered for the process, as the conveying would be limited to one fill-
ing of the cylinder, providing biomass for about 10 hours on stream, only.
A second unit and switching between them would have exceeded the bud-
get by far.

8.5.2 Final Solution

The only alternative left was to change the biomass so that it could be
pumped with the existing Novados N-P31 pump. Wood slurries would
have the advantage of representing an abundant feedstock, being well
characterized and analyzed, having low salt concentrations, and prelimi-
nary experience from the batch reactor could have been used. With the
change of the biomass, the liquefaction experiments described in
section 8.2 had thus no direct application anymore. The disadvantages of
wood slurries — its fibers, its non-greasing character, and the occurring
phase separation — clearly outweighed the advantages. After the wet-

1.2

1.3

1.4

1.5

1.1

1.6

1.7

1

2

3

4

high pressure vessel, pmax. = 40 MPa

volumetric pump

piston

agitator

cylinder tank for biomass

pressure medium (oil)

drive system for agitator

pump motor

Novados N-P31 high pressure pump

oil reservoir

feed line to liquefaction unit

4

1.7

1.6

2
3

1.1

1.5

1.4

1.2

1.3



248 Chapter 8: Process Demonstration Unit (PDU)
milled wood stock was used up, and a new milling campaign had failed (a
new batch of spruce wood could only be milled to a coarser size distribu-
tion, despite the application of the same procedures), the feed was
changed to a liquid: palm oil pyrolysis condensate. With this feed, the
original pump head (with throughputs from 0.5 — 1.0 kg/hr and cone
valves) could be used again. However, due to the high biomass concentra-
tion (around 40 wt %), a larger gas production of around 400 L/hr for a
gas corresponding to the chemical eqilibrium had to be expected, or up to
600 L/hr for a gas produced over a partly deactivated catalyst (assuming
100 % conversion and a gas rich in hydrogen, carbon dioxide and monox-
ide). But the process could still be demonstrated, as a real biomass waste
stream served as feed. While rather unknown in Europe, it is very com-
mon in Indonesia, and contains inorganics so that the salt separation can
also be studied.

8.6 Setup and Process Flow Sheet

The PDU consists of several units, each of which is assigned to a specific
task. It was assembled by E. De Boni, PSI, and could be controlled over a
WAGO system with a LabView® interface (P. Hottinger, E. De Boni,
PSI), of which screenshots are presented in Figure 8.8.

The units of the PDU are tabulated in Table 8.5, and the process flow
sheet is depicted in Figure 8.9 on page 250.



Chapter 8: Process Demonstration Unit (PDU) 249
Figure 8.8: Screenshots of the LabView interface (total 3 layers).

Table 8.5: Units of the PDU.

unit type material dimensions

feed tank stirred Dewar vessel — i.d.=29 cm, H=75 cm,
V=40 L

conveyance 1a) gear pumpa

1b) peristaltic pump
2) piston pump

a. The gear pump was later replaced by a peristaltic pump.

— —

liquefaction heated pipe stainless steel 1.4435 12×18 mm, L=1.70 m

salt separation reverse flow vessel titanium grade 5, 
brass heating block

12×50 mm, 
L=694 mm

reactor tubular fixed bed stainless steel 1.4435 12×18 mm, L=1.35 m

condensation two helix coolers in 
series

stainless steel 1.4571 coiled tube,
L=2 m each

pressure control 
and letdown

pneumatic control 
valve (Kämmer) + 
spring loaded relief 
valve (SITEC)

stainless steel 1.4571 kvs=3.9×10—4 m3/hr

phase separation laboratory equipment glass V=0.5 L

exhaust gas 
treatment

burner/torch — not installed yet
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Figure 8.9: Flow sheet of the process demonstration unit.
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water, 40°C
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laboratory scale PDU for the hydrothermal gasification of real biomass (free
from solids), with integrated salt sepration, two phase pressure control valve,
low pressure phase separation, and burning of the product gas with a torch.
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8.6.1 Storage and Conveying

The storage and conveying section of the plant is shown on photographs
in Figure 8.10. 

Figure 8.10:Storage and Conveyance section. Left: feed tank B1 (Dewar) with
stirrer R1. Middle: primary feed pump P1, brine dissolution pump
P3, water tank B2, feed switching valve V1. Right: section
downstream of the high pressure pump. Flushing water ball valve
V03, ball valve V05, check valve R02, pressure sensor PIR1,
manometer PI2, and pulsation damper B3.

The feed is filled batch-wise into a stirred Dewar vessel B21 (KGW Iso-
therm, volume 40 L; stirrer R1: IKA RW 28 basic, RI 1388 propeller stir-
rer). It was first pumped with a gear-type pump P1 (Ismatec BVP), later
with a peristalic pump P1 (Cole Palmer Masterflex 77390-00) through a
polytetrafluoroethylene (PTFE) tube (i.d. = 4 mm, o.d. = 6 mm) over an
overflow spring relief valve V02 (Swagelok, preset to 0.5 MPa) to the inlet
section of the high pressure pump P2 (Bran+Luebbe Novados N-P31,
pump direction vertically up, due to the design of its cone valves requir-
ing gravity), which was built on a wood block screwed onto the floor. The
second exit of the overflow spring relief valve is connected to the feed

1. The abbreviations of some of the components (e.g. P1, W2, V06, etc.) correspond to the symbols
used in the process flow sheet on page 250.

B3 PI2 PIR1

V05

R02

V03

P1

P3

B2

B1

R1

V1
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tank, acting as a by-pass. Thereby, the two pumps do not need to have
exactly the same mass flow rate, and minor fluctuations can be balanced.
The pressure side of the high pressure pump is connected over a cross to a
vertically mounted pulsation damper B3 (Olaer, OLG0,1-690/00-RF,
nitrile bladder, gas volume 0.1 L at 23 MPa), to a pressure sensor PIR1
(WIKA LR110686-1) and to a manometer PI2 (WIKA EN 837-1).

8.6.2 Preheater

Vertically above the cross is the preheating tube (SITEC, i.d. = 12 mm,
o.d. = 18 mm, L = 1.50 m, 1.4435 stainless steel), heated on a length up
to 1.30 m by heating bands (Hillesheim HSQ60, 600 W/m) and insulated
by mineral wool (thickness: 42 mm). The preheating tube is connected to
a cross (SITEC, 1.4571 stainless steel) with a high-temperature pressure
sensor PIR2 (Dynisco MDT462F, Inconel 718, with optional NaK brine,
type B171), where over a tube (SITEC, i.d. = 12 mm, o.d. = 18 mm, L =
40 mm, 1.4543 stainless steel) a second, identical cross is connected, to
which a high-temperature sampling port is attached, consisting of 2
valves V06, V07 (SITEC, 1/4 " micro, ASI 316.Ti 1.4571 SS) connected
by a tube (i.d. = 1/16 ", o.d. = 1/4 ", L = 50 mm).

Figure 8.11:Upper (non-heated) part of the preheater, consisting of two crosses
and two high-temperature valves V06 and V07 for sampling.
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A thermowell (i.d. = 1/16 ", o.d. = 1/8 ", L = 1.40 m ) is built from the
top part of the upper cross, into which a type K movable thermocouple
(d = 1 mm) can be inserted, allowing for the measurement of a tempera-
ture profile along the preheater. The upper part of the preheater is
depicted in Figure 8.11.

8.6.3 Salt Separator

The double cross is connected over a heated and insulated tube (i.d. =
1/8 ", o.d. = 1/4 ", L =30 cm, 1.4543 stainless steel) to the salt separator
(SITEC, titanium grade 5, i.d. = 12 mm, o.d. = 50 mm, L = 694 mm), of
which a cross section and a photograph can be seen in Figure 8.12. Its
design was deduced from a prototype used for the neutron imaging salt
separation studies carried out in another project at PSI [30].

The biomass stream enters the salt separator through a dip tube (i.d. =
1.4 mm, stainless steel 1.4543) which extends for 248 mm into the vessel.
The biomass reverses its flow direction inside the salt separator vessel and
leaves at the top part of the vessel, through a side part.

The vessel is jacketed by four brass heating shells (manufactured in-
house), heated with 8 heating cartridges (Probag, d =10 mm, L =
80 mm, upper part 4×400 W, lower part 4×315 W) and insulated by
mineral wool (thickness: 70 mm). The division into two upper, hotter
shells, and two lower, cooler shells (each 230 mm long) was necessary to
allow for the heating of the biomass stream to a temperature of around
450 °C in the upper region to induce precipitation (hereby, the salts pre-
cipitate depending on their solubility and are drawn by gravity to the
bottom), and for the re-dissolution of the salts in the lower section at
around 350 °C. The lowest section is not heated at all, but only insulated
(the heat conduction keeps it hot enough).
An optional water stream can be introduced by means of an HPLC pump
P3 (Waters 515) to the bottom side part of the separator, to enhance the
dissolution of the salts and ease their extraction out of the system. The
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salt stream leaves the salt separator at its bottom section through a stain-
less steel tube (i.d. = 1/8 ", o.d. = 3/8 ", L = 1 m), which is cooled by a
jacket cooler (o.d. = 1 ") over a length of 75 cm, and attached to an over-
flow spring relief valve (Swagelok), where the flow rate can be manually
adjusted.

Figure 8.12:Left: Sketch of the salt separator vessel, made of titanium grade 5
(SITEC, Switzerland), middle: isometric view, right: Photograph of
the non-insulated, mounted separator. A: biomass inlet, B: biomass
outlet, C: optional brine dissolution water inlet. D: salt solution
outlet, E: upper brass jacket, F: lower brass jacket, G: lowest section
for re-dissolution of the salts, H: top of jacket cooler.
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8.6.4 Reactor

A tubular transfer line (i.d. = 1/8 ", o.d. = 1/4 ", L = 12 cm) connects
the upper part of the salt separator via a cross (with a high-temperature
pressure sensor PIR3, Dynisco MDT462F, Inconel 718, with optional NaK
brine, type B171) to the fixed bed reactor tube (SITEC, i.d. = 12 mm,
o.d. = 18 mm, L = 1350 mm, stainless steel 1.4435, L/i.d. > 100, thus
plug flow can be assumed [74]). The tube is heated by heating bands
(Hillesheim HBQ05) and insulated by mineral wool (thickness: 45 mm).
In flow direction, the first 3 cm of the tube (top) and the last 14 cm (bot-
tom) were filled with α-Al2O3 beads (Alfa Aesar, 99.8 % metal basis, d. =
1 mm), with the 2 wt % Ru/C (Engelhard) catalyst bed in between (L =
118 cm, mcat.,dry = 61.2 g). A titanium mesh (grid distance 500 μm) is
inserted below the fixed bed to hold it. Downstream of the reactor tube is
a cross, with a thermowell (i.d. = 1/16 ", o.d. = 1/8 ") protruding into
the reactor tube from below, into which a type K thermocouple can be
inserted to allow the measurement of temperature profiles.

8.6.5 Cooling and Pressure Control + Letdown

The cross is connected to two helix type coolers in series (stainless steel,
coiled tube length = 2 m each, manufactured in-house). A safety separa-
tor F3 (SITEC, stainless steel tube, i.d. = 12 mm, o.d. = 18 mm, L =
20 mm) with a ball valve (Swagelok) is attached after the coolers to trap
possibly entrained particles (e.g. due to catalyst attrition), followed by an
overflow spring relief valve V12 (Swagelok, preset to 45 MPa for the case
of an overpressure situation), a pressure sensor PIR4 (WIKA LR110686-
1), a filter F4 (Nupro, 7 μm), a manometer PI3 (WIKA EN837-1), and
the pressure control valve V14 (Flowserve Kämmer, type 80000, DN6,
PN400, kvs = 3.9×10—4 m3/hr, actuated by Flowserve Kämmer 3712IP
using pressurized air), where an expansion of 5 MPa is achieved. The
residual expansion to atmospheric pressure is then achieved over a spring
relief valve V15 (SITEC, 1.4571 stainless steel, preset to 25 MPa). Sam-
ples of the liquid phase can be taken by redirecting the product phase
over a three-way valve V16 (Swagelok) into a glass vial (the product gas
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is rerouted to the phase separator). The section downstream of the reac-
tor to the sampling station is depicted in Figure 8.13.

Figure 8.13:Cooling and pressure control + letdown. Left: cross downstream of
the reactor tube, followed by two helix type coolers W2, W3 and a
safety separator F3 (hatch) with ball valve V11. Right: overflow
spring relief valve V12, pressure sensor PIR4, filter F4, manometer
PI3 with flushing water valve V13, and pressure control valve V14,
overflow valve V15, and three-way valve V16 with a sample vial.

8.6.6 Product Phase Separation (G/L Separator)

Gas/liquid phase separation is realized at atmospheric pressure (for rea-
sons of constructional and operational simplicity). A high pressure sepa-
rator was considered too elaborate and costly for a PDU of this size, as
the pressure is then usually controlled via the gas phase and the incorpo-
ration of a level control for the liquid phase, integrated in a high-pressure
vessel.
Here, the G/L phase separator consists of laboratory glassware: for the
upper part, a bulb reduction adapter is used; for the middle part a multi
neck adapter; and for the lower part a conical separating funnel (V = 0.5
L, NS29/32 neck) with a PTFE stopcock (V17). At its lower end, the liq-
uid flows through a PVC tube (i.d. = 6 mm, o.d. = 8 mm, L = 1 m) into
a collection tank, placed on a balance (Ohaus DP-60-XL-H). The liquid
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flow rate out of the separator can be manually adjusted by the opening of
the stopcock. In the top section of the G/L separator, the vapor is cooled
in a high efficient condenser on top of the adapter. A cooling liquid (50
wt % ethylene gylcol, 50 wt % water) of —20 °C is used (Lauda RC25 CS
edition 2000 cryostat, bath volume 27 L, coolant tubes insulated with
Armaflex AF M-12A). Thereby, the gas is dried and flows through a PVC
tube (i.d. = 12 mm, o.d. = 15 mm, L = 80 cm) over a test meter A1
(Wohlgroth, G4Type2.5) for the measurement of the accumulated gas vol-
ume. The G/L separator setup is depicted in Figure 8.14.

Figure 8.14:G/L separator consisting of laboratory glassware.

8.6.7 Product Gas Analysis and Treatment

A by-pass of the product gas stream was drawn by a gas pump P4 (KNF
Laboport, model 1393-86) to a gas chromatograph (Agilent 6890) where it
was analyzed for its constituents. The product gas is planned to be burnt
in a torch, as depicted in the process flow sheet presented in Figure 8.9.
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No experiences with this burner setup have been made yet, as it is just
currently being implemented.
In an earlier version of the PDU which was used for the preliminary start-
up tests of the plant, it had not yet been allowed (by the safety policy of
PSI) to burn the product gas. Instead, it had to be totally oxidized to
CO2 and H2O over a Pd/γ-Al2O3 catalyst in a fixed bed reactor, as shown
in a cut-out of the process flow sheet (Figure 8.15).

Figure 8.15:Catalytic total oxidation product gas treatment. This setup was only
installed in a preliminary version of the PDU.

Unfortunately, when the product gas volume had increased to more than
300 L/hr in one of the starting experiments with EtOH as feed, the heat
of reaction had led to a thermal runaway in the Pd-fixed bed (the tem-
perature increased to 1100 °C), which destroyed the catalyst (transforma-
tion of γ- to α-Al2O3, for details see section 8.7). In addition, the pressure
drop over the bed was too large (0.4 MPa). The TOX fixed bed reactor
could have been replaced by a monolith reactor, but it turned out to be
too costly if not synthesized in-house. Luckily, the option to burn the gas
in a torch was finally approved by PSI safety officers, and the PDU is
currently altered (February 2007).

8.6.8 Safety Considerations

The high pressure parts of the plant have an approximate total volume of
0.67 L. According to Swiss law, for pressure plants with volume Vplant at
pressure pplant, no technical approval by safety examiners is necessary as
long as (pplant·Vplant) is smaller than 100 MPa L. For the PDU, pmax. was
set to 40 MPa, and this product is (pPDU, max.·VPDU) = 27 MPa L.
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A HazOp (Hazards and Operability) study was carried out to identify
possible hazards, and operational problems. They were grouped to scena-
rios, each of which was weighted with an impact factor and a probability
to assess the risk of possible incidents. Countermeasures were then taken
to eliminate all risks that can lead to substantial personal or material
damage, to ensure the safety of the operators:

• Walls to protect from splinters are installed.

• An automatic emergency-stop if p > pmax. or T > Tmax. is installed.

• A manual emergency-stop button is placed near the operator.

• Adequate ventilation is installed.

• A CO sensor (VarioGard CO, Dräger Safety) and an EX sensor
(Polytron PEX 3000, Dräger Safety) are installed close to the test
meter, in case of a release of burnable or toxic gas into the room (i.e.
due to a leak).

• For redundancy, a portable CO/combustible gas/O2 detection device
(Crowcon TETRA 3) is always placed in the room when experiments
are carried out.

8.7 Preliminary Gasification Experiments

After successful pressure tests with water up to 40 MPa, ethanol (conc. 5,
10, 20, 40 wt %) was gasified at a catalyst bed temperature of around
400 °C and 30 MPa2. Prior to switching to ethanol, deionized water was
pumped into the plant, and the preheater, salt separator and reactor were
heated to the preset temperature setpoints (360, 450 — 470, and 400 °C,
respectively).

2. Experiments carried out by E. De Boni and M. Schubert, PSI.
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Then the feed was switched to the previously mixed ethanol-water-solu-
tion. It was fed at a mass flow rate of ~0.85 kg/hr. Samples of the liquid
product phase were taken on a regular basis (every 30 minutes). A tem-
perature profile of the preheater can be seen in Figure 8.16 (for pure
water only; no data was recorded during ethanol gasification).

Figure 8.16:Temperature profile of the preheater when feeding water (1 kg/hr) at
30 MPa. The setpoint was 360 °C (controlled at position 125 cm).
Three thermocouples measured the temperature Twall on the outer
side of the preheater. Fluid flow is from left to right (upward flow in
reality).

The movable thermocouple was frequently jammed inside the thermowell;
more so, the more it was inserted. Usually, the lowest position that could
be reached was around 60 cm from the bottom. Hence, no measurements
below that point could be obtained. But since the profile was almost
linear, the values were graphically extrapolated from 60 cm to the inlet at
0 cm. After the ethanol gasification campaign, the preheater was dis-
mounted and the thermowell replaced by a wider variant to ease the pro-
filing (1/16 "×1/32 " replaced by 1/8 "×1/16 ").
The temperature profiles along the reactor during ethanol gasification are
depicted in Figure 8.17 (here, data with pure water and 5 wt % EtOH
were not recorded).
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Figure 8.17:Temperature profile of the catalytic reactor during ethanol
gasification at various concentrations (10, 20, and 40 wt %).
TTIRC3 = controlled temperature at the bottom of the reactor;
TTIRC4 = controlled temperature of the salt separator (upper part).

During the ethanol gasification experiment with 20 wt %, a zone of
endothermic reactions, followed by an exothermic reaction is clearly visi-
ble in the temperature profile. This phenomenon was less distinct for 10
wt %, and not visible for 40 wt %. The temperature profiles were taken
about 15 minutes after the formation of gas. It is interesting that for a
concentration of 40 wt %, the reactor was about 30 °C hotter, despite
identical heating setpoints. It is probable that the increased heat of reac-
tion had caused an increased thermal conduction inside the tubular reac-
tor, which led to higher temperatures. Nonetheless, the qualitative
temperature profile was identical.

The gas production was linear with time and WHSV, as depicted in
Figure 8.18. Since the test meter reported the values only every 10 liters
to the computer, the graph shows a stepped curve. It can be seen that for
typical mass flow rates around 0.8 kg/hr, the response lag time from
switching between the feeds (from water to ethanol) until the detection of
gas at the outlet of the plant is around 25 min. The lag time after switch-
ing from ethanol to water was shorter (20 min.) because of the shorter
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feed line (water was fed out of a tank B2 right next to the pump, while
the ethanol solution was fed from the stirred Dewar vessel B1, which was
located further away).

Figure 8.18:Product gas evolution during an ethanol gasification experiment
(conc. 5 wt %).

In all experiments, the carbon conversion XC was ≥ 99.9 %, and the pro-
duct gas corresponded to the chemical equilibrium composition (70 vol %
CH4, 28 vol % CO2, < 2 vol % H2, no detected CO), independent of the
feed concentration up to 20 wt %. For the highest concentration of 40
wt %, however, a thermal runaway in the catalytic total oxidation (TOX)
reactor took place due to the exothermic reaction inside the bed, before a
reliable measurement of the gas phase by GC could be obtained. The
TOX reactor had not been specifically designed for this plant, but a reac-
tor that had formerly been used for another application at PSI was re-
installed instead (by T.-B. Truong, PSI). Apparently, the product gas
flow rate at a feed concentration of 40 wt % (around 12 /hr) gen-
erated too much heat when oxidized to carbon dioxide. The heat could
not be sufficiently extracted out of the TOX reactor anymore, despite the
addition of pressurized air to dilute the gas and cool the reactor (at split
ratio 1:20), and the catalytic bed reached temperatures exceeding
1100 °C. At these temperatures, the γ-Al2O3 support of the catalyst was

molCH4
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most probably transformed to α-Al2O3 (the catalyst beads had formed
clumps). In addition, the oxidation was not complete, leading to carbon
monoxide leaving the TOX reactor. Upon its detection, the plant was
immediately stopped.

For further gasification experiments, the installation of a burner instead
of a total oxidation reactor is currently under way.

8.8 Preliminary Salt Separation Experiments

8.8.1 Operating Conditions

The objective of the preliminary salt separtion experiments3 was to
bracket operating conditions for the later implementation of a control
feedback system to regulate the salt separator.
The setpoint temperature of the preheater was set to 300 °C, the one of
the upper part of the salt separator to 470 °C, and the one of the lower
part was switched off. The reactor was not heated either. A solution of
sodium sulfate (conc. 1 wt %) was fed at a mass flow rate of 1.0 kg/hr.
For this salt, solubility data (at 25 MPa) is available; in addition, this salt
had already been added to synthetic liquefied wood for the catalyst deac-
tivation studies presented in chapter 7. The electrical conductivity of the
feed was 12 mS/cm. The pressure was set to 25 MPa, and the auxiliary
HPLC pump P3 fed deionized water to the lower part of the salt separa-
tor at a flow rate of 0.12 kg/hr. The flow rate out of the salt separator
was manually adjusted by the spring relief valve V11 (which turned out
to be not ideal, as will be explained later), set to 0.3 L/hr (measured by
filling a cylinder, i.e. volumetrically; no determination of the density was
made).

3. Experiments carried out by E. De Boni and M. Schubert, PSI.
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8.8.2 Results

The electrical conductivity at the salt separator outlet V11 and at the
outlet of the PDU V17 as a function of sodium sulfate feed time for one
of the experiments is depicted in Figure 8.19, together with the volumet-
ric flow rates out of the salt separator and at the outlet of the PDU,
respectively. Other experiments showed similar results.

Figure 8.19:Volumetric flow rates and electrical conductivity of the leaving
streams at the salt separator outlet V11 and the sample port V17 at
the outlet of the PDU.

The electrical conductivity of the effluent out of the salt separator (V11)
was around 20 mS/cm, thus almost twice as large as the conductivity of
the feed stream. In contrast, the conductivity of the effluent leaving the
PDU at the outlet of the plant (V17) increased only slightly over time, to
around 0.3 mS/cm (less than tap water). Hence, this confirmed the func-
tioning of the separator. However, as can be seen, the volumetric flow rate
out of the salt separator decreased as soon as the electrical conductivity
increased; possibly due to the increased viscosity of the brine leaving the
system. When the spring relief valve V11 was reset at 0.9 hrs on stream,



266 Chapter 8: Process Demonstration Unit (PDU)
the conductivity at V11 dropped, and the pressure of the system
increased (not shown), indicating that the system was plugged. Hence,
the plant had to be stopped. Plugging by salt crystal formation at the
outlet valve V11 can be seen in Figure 8.20.

Figure 8.20:Salt crust and crystals of dried brine leaving spring relief valve V11.

While the reverse flow salt separation principle worked, it did so only over
a short period of time (1 — 2 hrs for 1 wt % Na2SO4). Minor improve-
ments by extracting the brine over two spring relief valves in series
instead of one led to a better controllability of the system. However, it
still plugged after a certain time. When the separator was dismounted, a
salt plug of 17 cm length was discovered inside the vessel. It is suspected
that the entry region around the dip tube is not well dimensioned (i.e. too
long, so that the salts can precipitate around the tube instead of further
downstream inside the vessel).

8.9 Problems, Conclusions and Outlook

• The pump setup is only capable of conveying liquids, no slurries as
planned originally.

• The preheater is adequately dimensioned.
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• Salt separation by reverse flow works. The co-feeding of brine dissolu-
tion water via an HPLC pump did not cause any problems. However,
fine tunings on the salt separator design are necessary. First steps are
the variation of the dip tube length and the arrangement of heating
zones. The salt separator brine outflow should be implemented by a
back-pressure regulator (e.g. as used in the continuously operating
catalyst test rig) rather than by spring relief valves.

• The reactor is well dimensioned for ethanol gasification up to 40
wt % (WHSV 6.55 hr—1 at 1 kg/hr mass flow rate). As soon as the
salt separator is working satisfactorily, experiments with palm oil
pyrolysis condensate can be carried out.

• After minor revisions, the phase separator worked properly.

• The TOX reactor for the exhaust gas treatment was not well dimen-
sioned; this led to a thermal runaway. The installation of a monolith
TOX reactor is too costly; hence it will be replaced by a torch. In
addition, the evolution of SNG is thereby nicely visualized.
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Chapter 9: Summary, Conclusions 
and Recommendations

9.1 Summary and Conclusions

• The hydrothermal route to convert wet biomass to SNG is a feasible
option. It can simultaneously solve the waste problem associated with
certain types of biomass (e.g. manure or sewage sludge, world wide,
or palm oil pyrolysis condensate, particularly in Malaysia).

• The distinction of organic and inorganic oxygen is crucial for the
determination of the heating value of the feedstock. For this reason, a
combination of several analytical tools (dry matter determination,
elemental analysis, incineration residue, Soxhlet extraction, HPIEC
and ICP analysis) was used to accurately determine the elemental
composition of swine manure.

• A wood to SNG reaction network was proposed, based on experimen-
tal evidence and literature: lignin and celluloses are decomposed in
hydrolysis reactions, and eventually converted to alcohols, carboxylic
acids, aldehydes, and ketones, which are reformed to the primary
gases CO2, CO, H2, and CH4 that equilibrate according to the ther-
modynamic equilibrium (assumption: active catalyst present).

• Knowledge about the gasification behavior of several types of biomass
was gained in three different reactors: a batch system for biomass
slurries (the need for active mixing became apparent), a continuously
operating catalyst test rig for liquid model substances, and a heated
quartz capillary micro-reactor setup for the visualization of the gasifi-
cation process.
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• Skeletal nickel catalysts exhibited high initial activity for the gasifica-
tion of wood (methane yield acc. to the thermodynamic maximum
yield, 0.33 /gwood), even at high feed concentrations (30 wt %).
Manure slurries were also quite well gasified to a methane rich gas (at
a gasification efficiency of 70 — 80 %). However, the skeletal nickel
catalysts sintered rapidly in the hydrothermal environment (with
crystallite growth factors around 5), and thereby deactivated. Stabili-
zation by co-doping of Ru, Cu, or Mo, or by altering the Ni/Al ratio
was not succesful.

• The onset of catalytic wood gasification was determined to be at 250
to 290 °C:

— 250 °C by pressure differential analysis in the batch reactor with
a skeletal nickel catalyst.

— 270 °C by gas sampling in the batch reactor with 2 wt % Ru/C
as catalyst.

— 290 °C, by visual observation in quartz microreactors with the
same skeletal nickel catalyst (there: p was lower, lowering the
hydrolytic power of the solvent).

• Supported ruthenium catalysts were evaluated for the biomass to
SNG process. While 1 wt % Ru/TiO2 exhibited a low activity in
wood gasification experiments (possibly due to low dispersion, lead-
ing to a low surface area of active sites), a stable Ru/C catalyst was
found (2 wt % Ru/C, Engelhard) that exhibited both high activity
and high stability in the hydrothermal environment. No comparable
catalyst has been presented in the literature so far.

• Despite its activity and stability, the tolerance towards sulfate of the
promising 2 wt % Ru/C (Engelhard) was rather low. By elaborate
long-term experiments it was discovered that the deactivation mecha-
nism being consistent with all experimental results was a strong sul-
fate-ruthenium-interaction. The experiments corroborated a biomass
gasification mechanism according to Mars-van-Krevelen, where the

gCH4
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active metal changes its oxidation state in a redox cycle (for Ru: IV
to II to IV). The sulfate ligand masked the active sites, locking their
oxidation state and thus deactivating the catalyst. The deactivation
illustrated the importance of salt separation prior to reaction. A pos-
sible reactivation method by H2O2 was found.

• Non-catalytic wood liquefaction experiments carried out in the batch
reactor yielded good process conditions for the hydrolysis of wood to
smaller, intermediate molecules at 30 MPa: a heat-up time of 5 min.
to 330 — 350°C, with 0 — 2 min. holding time at these temperatures.

• A process demonstration unit was built with mass flow rates of
around 1 kg/hr, where both salt separation and gasification can be
demonstrated. For feed concentrations of 40 wt %, around 400 L/hr
of gas were produced (corresponding to 200 L/hr methane or a ther-
mal power of around 1 kW). Due to various problems with the feed
system, no slurries could be conveyed at the scale of the PDU. Initial
gasification tests with ethanol, and salt separation tests with sodium
sulfate were successful. Next steps will be the gasification of palm oil
pyrolysis condensate, which was identified as a suitable feedstock for
the process demonstration as a substitute for wood or manure slur-
ries.

9.2 Recommendations for Further Research

• Batch experiments with real biomass should be carried out in a
stirred high-pressure vessel to ensure good mixing of the content.
Catalysts in granular form could be introduced in a basket.

• The high initial cost of a supported noble metal catalyst such as 2
wt % Ru/C could limit the lowest economical size of a plant. Process
simulation calculations, together with a cost assessment should be
carried out to estimate the final price of the SNG for various plant
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sizes. The price should always be compared to the ecological benefit
of the associated waste destruction.

• Salt separation is crucial. The current design of the separator should
be improved to decrease the salt concentration leaving the vessel with
the biomass stream in order to prolong catalyst life-time.

• Further catalyst analyses (e.g. oxygen chemisorption at various pres-
sures, and/or cooled to —78 °C, and temperature programmed reduc-
tion with hydrogen, methane and higher hydrocarbons) should be
carried out to find additional hints for the reasons of different per-
formance of the various catalysts.

• The deactivation mechanism of Ru/C by sulfate should be verified by
an in-situ EXAFS campaign.

• For process demonstration units of larger size (50 — 100 kg/hr), com-
mercial pumps are available to convey slurries with high solids frac-
tions. The liquefaction step should be carried out in a heat exchanger
with mixing elements, protected against corrosion. The heat should
be exchanged with the hot fluid stream leaving the catalytic reactor.

• The separation of the product phases should be carried out under
pressure to take advantage of the high carbon dioxide solubility in
water, which would then leave the process for the most part with the
aqueous stream.
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Appendix A: Ru/C Catalyst 
Preparation and 
Analysis

A.1 Impregnation of the Support with Ruthenate

Three different Ru/C catalysts (three types of supports, and active metal
loadings of 7 or 2 wt %, respectively) were prepared by the dissolution-
precipitation method, as described by Hoffer and co-workers [119]. This
method is reported to usually result in a good dispersion of the active
metal on the support.

The individual amounts and reagents used for the synthesis are tabulated
in Table A.1. The experimental procedure was as follows: The support
was submitted to a 250 mL round-bottom flask. Potassiumpentachlororu-
thenate (K2RuCl5·xH2O, Alfa Aesar, wRu ≥ 25.4 %) was dissolved in
50 mL HCl (conc. 0.01 M) in a volumetric flask. The solution was then
transferred to the round-bottom flask, and a Dimroth condenser was

Table A.1: Reagents and amounts used for the synthesis of Ru/C catalysts.

catalyst
codea

a. as used in the catalyst screening experiments described in section 6.3.2.

Ru loading
wt %

support type m(K2RuCl5·xH2O)
g

m(support, dry)
g

RG 7.06 graphiteb

b. received from Timcal. BET = 500 m2/g.

0.600 2.001

R18 7.08 act. carbon powderc

c. activated carbon from coconut shell; received from Engelhard. BET = 850 — 1000 m2/g.

0.604 2.007

R19 1.96 act. carbon granulesc 0.315 4.008
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attached on top of it. The mixture was stirred and heated in a silicone oil
bath at 250 °C under reflux for 18 hours. Then, the assembly was allowed
to cool to room temperature. The content of the round-bottom flask was
filtrated (0.45 μm regenerated cellulose filter, Schleicher & Schuell). The
filtrate was collected for later visual determination of the amount of
ruthenium on the support. To wash off any residual KCl, the filter cake
was washed with water (approx. 40 times with 50 mL each, until the pH
of the filtrate was 5.0), leaving Ru(III)Cl3 on the support. The filter cake
was then heated to 80 °C at 200 hPa of air for 12 hours.

To estimate the degree of ruthenium precipitation on the support, fresh
K2RuCl5·xH2O was dissolved in an amount of HCl equal to the amount of
filtrate received after the impregnation, until the color of the two solu-
tions was identical; ruthenate solutions have a very distinct yellow color
even at very dilute concentrations. Based on this visual comparison,
99.7 % of the ruthenate submitted to the flask must have been impreg-
nated onto the support.

A.2 Reduction of Ru(III) to Ru(0) with Hydrogen

The dried filter cake was filled into ceramic boats and put into a glass
tube (i.d. = 30 mm, L = 300 mm), which was put into a tubular oven
(Eurotherm). To reduce the Ru(III)Cl3 to Ru(0), hydrogen was made to
flow through the tube at 80 mL/min. The tube was heated at a rate of
1 °C/min. to 160 °C, and held for three hours (Hoffer et al. report a
reduction temperature of 140 °C [119]; however, at a later stage of the
project, the catalyst manufacturer recommended reduction temperatures
of 150 — 200 °C for the surface and bulk reduction1 of Ru(III) [179]).

1. The surface reduction of Ru with H2 occurs around 120 — 140 °C, while the bulk reduction takes

place at around 180 °C [179].
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The hydrogen was switched off, and the sample was allowed to cool to
room temperature under flowing nitrogen. For the catalysts RG and R18,
slow passivation with 1 vol % O2 in N2 (60 mL/min., 2 hrs) was con-
ducted at room temperature; R19 was tapped with water and stored
moist.

A.3 Catalyst Analysis

The catalysts were analyzed with respect to their BET surface area, and
R18 and R19 were additionally visualized by HAADF-STEM, depicted in
Figure A.1 and Figure A.2.

Figure A.1: HAADF-STEM images of catalyst R18 (7 wt % Ru/Cpwd., synthe-
sized in-house. Wide particle size distribution, ranging from small
crystallites of 1 — 2 nm to very few chunks of up to 350 nm. 1 and 2
on the right image refer to the measurement area of the EDXS
analysis presented in Figure A.3.

Unlike on the commercially available 2 wt % Ru/C (Engelhard), the par-
ticle size distribution was not monodisperse. The majority of the crystal-
lites were rather small, 1.5 — 2 nm, but a few chunks of up to 350 nm
were detected. EDXS analysis confirmed that they consisted of ruthe-
nium, see Figure A.3.

5 nm 350 nm20 nm

1

2
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Figure A.2: HAADF-STEM images of catalyst R19 (2 wt % Ru/Cgran., synthe-
sized in-house). Typical crystallite size is 1.5 — 2 nm, with a few
larger crystallites from 10 to 30 nm.

Figure A.3: EDXS analysis of the areas 1 and 2 of Figure A.1. The Cu signal
originated from the sample holder (copper grid).

The dispersion was measured by the oxygen chemisorption method pro-
posed in section 4.8; results are displayed in Table A.2. Typical sample
masses were around 120 mg for the granular catalyst R19, and about 30
mg for the catalysts in powder form, as they could not be put into a
mesh, but had to be filled into an alumina crucible, where the oxygen
flow is slightly impaired. The ruthenium loading was calculated based on
the average loading of the synthesis batch; inhomogeneity could have
been checked with ICP analysis, but this was not considered necessary for
these analyses. As can be seen, the dispersion of R18 was measured to

10 nm 20 nm5 nm
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unity, which seems to be unlikely when crystallites up to 350 nm are
present. On the one hand, the particles analyzed by HAADF-STEM
might not have necessarily been representative; on the other hand, the
catalyst performed fairly in wood gasification experiments, and thus the
chemisorption method for catalysts in powder form might be carried out
with a very fine Pt mesh instead of using an alumina crucible. In con-
trast, the dispersion obtained for R19 corresponds nicely to values
reported by Hoffer et al., who synthesized their catalysts with the same
anionic deposition method. They obtained a dispersion of 0.27 for their
5.6 wt % Ru/C catalyst [119].

In addition to the three catalysts synthesized in-house, two commercially
available catalysts were also measured as a reference. All five catalysts
were evaluated in wood gasification experiments, presented in section
6.3.2.

Table A.2: Oxygen-chemisorption dispersion measurement and BET surface area
of various Ru/C catalysts.

catalyst As
m2

Ru/gcat.

D l
nm

SBET
m2/gcat.

RG (in-house, 7 wt % Ru) N/A N/A N/A 474

R18 (in-house, 7 wt % Ru) 37.8 1.00 0.9 1020

R19 (in-house, 2 wt % Ru) 2.9±1.2a

a. based on three measurements; 1 standard deviation. For l = 5.2 nm of one of the meas-
urements, Rus—O stoichiometry was applied.

0.28±0.11a 3.6±1.5a 890

3 % Ru/C (AlfaAesar) 3.3 0.20b

b. based on Rus—O2 stoichiometry (valid for l up to 4±1 nm); border case.

4.5 N/D

5 % Ru/C (Aldrich) N/D
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